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1. Introduction

Fischer–Tropsch synthesis (FTS) is an option to produce fuels
like diesel or jet fuel beyond crude oil. Currently, syngas for
FTS (CO, H2) is mainly produced from coal or natural gas,
e.g., in South Africa or Qatar. In the future, nonfossil resources
may give momentum to FTS: H2 can be produced by water elec-
trolysis using solar and wind energy. CO2 can be separated from
different sources, whereby flue gases of power plants are today
the largest potential source. A promising approach is oxyfuel
combustion of natural gas leading to a clean CO2-rich flue
gas, ideally only consisting CO2 and H2O, which makes separa-
tion of CO2 just by cooling an easy task. Other CO2 sources
are off-gases of production of steel and cement, or of chemicals
such as NH3. In the future, separation from air could be an
option, but is more energy-intensive than capturing CO2 from

off-gases with a much higher CO2. In
any case, concentrated CO2 can serve as
carbon source for FT syngas via conversion
to CO by reverse water–gas shift (RWGS)
(CO2þH2!COþH2O), or in future
potentially by coelectrolysis of CO2 and
H2O.

In three recent publications,[1–3] we pre-
sented a model of a multitubular FT reactor
with a cobalt-based catalyst without/with
gas recycle.[1,2] The intrinsic rates of forma-
tion of methane and of C2þ-hydrocarbons
(HCs) as well as internal diffusion limita-
tions induced by the low rate of diffusion
of dissolved H2 and CO in the liquid-filled
pores of the catalyst are considered by an
effectiveness factor. Both aspects were
experimentally determined in preceding
works.[1,4–8]

The reactor model used here to simulate a cooled single tube is
a pseudo-homogenous 2D model. Hence, radial temperature
gradients in the bed are considered, as they are needed for an
accurate calculation of the performance (axial/radial temperature
profiles, CO conversion) of a FT reactor. This 2D approach is
in general recommended in the literature, above all for a better
prediction of hotspots (thermal runaway) compared to 1D
models.[9–11]

The decrease of the reaction rate of FTS for cobalt-based
catalysts by the formation of steam was recently also
implemented in the model.[3] Finally, the influence of the
changing molar flow rate by the FT reaction and of the pressure
drop (momentum balance) on the reactor performance was
also inspected and considered,[3] as these aspects should be
included in FT fixed-bed reactor models but are often
disregarded.[9,11]

This advancedmodel, which is, to our best knowledge, the rare
case or even the first 2D FT-reactor model that covers all of the
aforesaid aspects including the radial and axial variation of the
catalyst effectiveness (intraparticle mass transfer resistance),
was now used to determine favorable design parameters of a
technical FT reactor, presented in this article. The overall CO
conversion was fixed to 95%, realized by a gas recycle, and uncon-
verted H2 and CO and the by-product CH4 are purged. The gas
velocity in the tubes and the tube diameter were varied.
Economic aspects of the FT reactor and the gas recycle are also
discussed, and a favorable combination of tube size and gas
velocity is identified by a technoeconomic analysis. Finally, we
have compared our results of reactor modeling with data of com-
mercial FT reactors, which is a novel approach rarely or not done
in the literature.
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A multitubular Fischer–Tropsch (FT) reactor with gas recycle and a cobalt-based
catalyst is simulated by a 2D fixed-bed model that considers the complex
kinetics, all relevant mass and heat transfer aspects, and also the influence
of the changing molar flow rate by the FT reaction, of pressure drop, and of
formation of steam, which decreases the reaction rate of FT synthesis. Optimal
values of gas velocity and single-tube diameter and length are determined by
a technoeconomic analysis. The comparison of the data of the FT reactor
modeled in this work with data of commercial reactors indicates that the
used model reflects reality well and is reliable. A superficial gas velocity of
0.5 m s�1, a tube diameter of 3 cm, and a length in a range of 12–20 m are
appropriate for a high production rate of C2þ-hydrocarbons with minimal
operating costs of the FT unit, even for a large range of the electricity price from
0.06 to 0.3 € kWh�1.
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2. Methodology: Kinetics of FTS and Structure of
Multitubular FT Reactor Model

2.1. Intrinsic and Effective Reaction Kinetics of FTS

The main reaction of FTS mainly leading to paraffinic C2þ-HCs
is given by

CO þ 2H2 ! –CH2–ð Þ þH2O ! ΔRHCH2
0
298 ¼ –152 kJmol–1

(1)

For a reliable kinetic description of FTS, methane formation
should be treated separately:

CO þ 3H2 ! CH4 þH2O ! ΔRHCH4
0
298 ¼ –206 kJmol–1 (2)

The equations of the intrinsic rates of CO to CH4 and to C2þ-
HCs for a Co-based catalyst follow Langmuir–Hinshelwood
approaches and the already reported kinetic parameters.[1,4–8]

The rate of CO is the sum of formation of CH4 and C2þ-HCs,
as CO2 is not formed on a Co catalyst:

rm;CO ¼ � dṅCO
dmcat

¼ Ca rm;CO;CH4
þ rm;CO;C2þ

� �
(3)

The intrinsic rates rm,CO,CH4
and rm,CO,C2þ were experimentally

evaluated for a Pt promoted (0.03 wt% Pt to facilitate Co reduc-
tion) 10 wt% Co/γ-Al2O3 catalyst.

[1,4–8] The activity coefficient Ca

in Equation (3) considers the Co content and thus the intrinsic
activity. Ca is set to one for 10% Co, and a rise of Ca can be real-
ized by a higher Co content.[1,2] FT catalysts typically contain up
to 30 wt% Co (Ca ≈ 3), and this value is assumed throughout this
study.

The inhibition by steam is here also considered, as a high par-
tial pressure (pH2O) may be reached at least in the rear part of the
tubes. The evaluation of our experiments[4,8] yielded:[3]

rm;CO;H2O ¼ rm;CO 1� cH2O

472molm�3

� �
(4)

For example, a value of pH2O of 5 bar (120mol m�3 at 230 °C
and 30 bar) decreases the intrinsic rate by 25%; for the conditions
of this work, this value is reached for a CO conversion per pass
above 60% (see supporting information SI 1).

Equation (3) and (4) only reflect the intrinsic chemical rate, but
pore diffusion limitations reduce the effective rate compared to
the intrinsic for a particle size of millimeters relevant for fixed
beds to avoid an excessive pressure drop (here almost propor-
tional to 1/dp, see SI 2).

The pores are initially filled with liquid HCs until steady-state
is reached, and diffusion of CO and H2 in liquid HCs is then
slow. The effective rate of CO based on the pore effectiveness
factor ηpore and the related Thiele modulus ϕ is

rm;CO;eff ¼ ηporerm;CO;H2O ¼ tanhϕ
ϕ

rm;CO;H2O (5)

ϕ ¼ dp
6

ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
ρcat

Deff ;CO;liq
RgasT
HCO

s
8
<

:

9
=

;

ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
rm;CO;H2O

cCO

r

¼ Cϕ

ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi

Ca
rm;CO;CH4

þ rm;CO;C2þ

� �

cCO
1� cH2O

472molm�3

� �s (6)

Hence, ηpore depends on the (intrinsic) reaction rates and thus
strongly on temperature and to a certain extent also on the con-
centrations of CO, H2, and H2O. This has to be considered in a
fixed-bed model with strong axial (and for T also radial) gradients
of these parameters.

For the particle diameter dp of 3mm, as assumed here, Cϕ is
300 kg0.5 s0.5 m�1.5.[1,2] ηpore is then less than one above 180 °C,
and reaches a value around 0.2 for 240 °C.[1–3] This leads to a
higher molar H2-to-CO ratio in the particles compared to the bulk
phase with a ratio of typically two, and increases unwanted CH4

formation relative to C2þ-HCs, as the diffusion coefficient of H2

in liquid HCs is 2 times higher as of CO. This effect is strong
above 240 °C, and the CH4 selectivity SCH4

then may exceed 20%
compared to 10% without diffusion limitations.[1,5,8] Here, we
limited Tmax to 240 °C, and assumed that SCH4

is constant at
20%. The corresponding stoichiometric H2-to-CO ratio is then
2.2 (see Equation (1) and (2)). This value is here not only valid
for the fresh syngas, but also for the recycle and purge gas, as
the H2 conversion equals the one of CO. External mass transfer
limitations are not relevant for FTS (see SI 3).

2.2. Model of Cooled Multitubular Fixed-Bed FT Reactor

The simulation of a tube of the FT reactor was done by a pseudo-
homogenous 2Dmodel.[1–3] Equation (7) and (8) represent themass
and heat balance for a differential tube section (dz) with R1 indicat-
ing reaction of CO to CH4 and R2 to C2þ-HCs (details in SI 2).

d ciusð Þ
dz

¼ νi;R1rm;CO;R1;ef f þ νi;R2rm;CO;R2;eff
� �

ρbed (7)

cpcg
d Tusð Þ
dz

¼ λrad
1
r
dT
dr

þ λrad
d2T
dr2

þ
�
rm;CO;R1; eff �ΔRHR1ð Þ

þ rm;CO;R2;eff �ΔRHR2ð Þ
�
ρbed

(8)

Radial temperature gradients in the fixed bed are considered,
and the heat released by FTS is dissipated through the pseudo-
homogenous phase (catalyst and gas) within the bed to the tube
wall (radial dispersion of heat), through the wall, and finally to
the cooling fluid (boiling water). The adiabatic temperature rise
by the FT reaction (for XCO= 100%) is about 1000 K, whereas the
allowable rise to avoid thermal runaway is less than 50 K. Hence,
efficient cooling is mandatory, realized by small tubes with a high
ratio of cooling surface to reaction volume.

The radial heat flux in the bed up to the internal tube wall is
governed by the radial effective thermal conductivity λrad. At the
internal tube wall, the heat transfer coefficient αw,int comes into
play, formally considering the thermal resistance very near the
wall resulting from the high porosity of the bed at the wall.
Heat conduction through the wall, typically a negligible contrib-
utor to the overall thermal resistance, and heat transfer from the
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external tube surface to boiling water are incorporated. All heat
transfer parameters are calculated by literature correlations.[12–19]

Furthermore, the following aspects (details in SI 2) are also
considered: 1) The pressure drop Δpt, calculated by the Ergun
equation,[20] influences the superficial gas velocity (thus resi-
dence time), as described in more detail in SI 4; 2) The decline
of the total molar flow by the FT reaction, e.g., by 30% for a CO
conversion of 50% (pure syngas, 31% CO and 69% H2), is con-
sidered, and leads to a reduced gas velocity us and thus a higher
residence time compared to disregarding this effect; 3) The heat
conductivity λrad and heat transfer coefficient αw,int are both
enhanced by a rise of the gas velocity. Hence, an axially changing
us by Δpt (rising us) or by the drop of the total molar flow by the
FT reaction (decreasing us) changes λrad and αw,in in axial direc-
tion; 4) The external heat transfer coefficient αw,ex (tube wall to
boiling water) depends on and is enhanced by the radial heat flux
(W/m2 surface of tube) (see Table S2 (SI 2)). The heat flux varies
in axial direction and passes a maximum at the position of
Tmax,axial; 5) Axial dispersion of mass and heat and also radial
dispersion of mass were not incorporated, as they are only rele-
vant for much steeper gradients of concentration or temperature
over a length of a few particles (see SI 5).

Values of constant main parameter used to model the FT reac-
tor are listed in Table 1; additional data can be found in Table S3,
Supporting Information. It was presumed that the recycle
gas and purge gas only contain unconverted CO/H2 and the
by-product CH4. The by-product H2O and all C2þ-HCs are
(simplifying) considered to be completely separated by cooling
as liquids downstream the reactor. This is a certain simplification,
as other light HCs such as ethane or ethene, etc. may be not
completely separated and are thus also present in the recycle gas.

Details on FT kinetics with Co catalysts, modeling of FT fixed-
bed reactors, and on FTS, in general, are outlined in previous
publications[1–3] and the literature cited therein.

For a first evaluation of each simulation, the conversion per
pass (XCO,per pass) and the production of C2þ-HCs per tube are
used. The tube number, the diameter of the FT reactor, and opti-
mal conditions (Tcool, us, dt) for an annual production of 100 000
tons of carbon as C2þ-HCs were also determined. The tube size dt
(2.5 to 5.5 cm) and gas velocity us (0.2–1.6 m s�1) were varied,
and appropriate values of Tcool and of the recycle ratio R, defined
as ratio of recycle to fresh syngas, were calculated. The inlet syn-
gas composition (CO, H2, CH4) depends on XCO,per pass and on R,
but the total CO conversion (XCO, total= 95%) reached in the FT
unit was fixed.

The target of Tmax (center of tube at maximum of axial tem-
perature) was set to 240 °C to limit excessive CH4 formation, but
this value can only be achieved, if Tcool, needed to avoid a thermal
runaway, is not too low. To ensure safe operation, the maximum
value of Tcool was set to 5 K below the ignition temperature Tig to
keep a sufficient “safety distance”. This is meaningful, as, for
instance, fluctuations of conditions such as the gas velocity us
at the reactor inlet or, even more likely, differences between indi-
vidual tubes of a reactor with thousands of tubes are probably
hard to avoid. For the investigated conditions, a difference of
us of 0.1 m s�1, such as 0.4m s�1 instead of 0.5 m s�1, already
leads to a 5 K lower value of Tig (see Figure S1, Supporting
Information (SI 6).

For the numerical analysis, the differential equations (DEs) of
the mass and heat balance were solved by the program Presto, a
reliable solver of DEs (CiT GmbH, Rastede, Germany).

3. Results of Simulation of a Cooled Multitubular
FT Reactor with Gas Recycle

3.1. Influence of Tube Diameter and Gas Velocity on Reactor
Performance

Figure 1–4 and Table 2 show the influence of gas velocity us and
tube diameter dt on CO conversion per pass (Figure 1), on the
production rate of C2þ-HCs (Figure 2), on the pressure drop

Table 1. Values of constant main parameters used to model the FT reactor
with gas recycle; additional parameters and data of chemical media and
heat transfer in Table S3, Supporting Information.

Parameter Value

Ultimate CO (and H2) conversion XCO, total 95%

Tube length Lt (except Section 4.3) 12 m

Wall thickness swall 0.3 cm

Molar H2-to-CO ratio (fresh syngas, feed gas
of reactor, recycle gas, purge gas)

2.2

Content of CO in fresh syngas yCO, fresh, SG (rest H2) 31.25%

CH4 content in recycle and purge gasa)

(rest 14.3% CO and 31.4% H2)
54.3%

Ratio of purge gas to fresh syngasb) 0.109

Total pressure ptotal 30 bar

Diameter of spherical catalyst particles dp 3 mm

Activity coefficient Ca of catalyst (corresponding to 30 wt% Co) 3

a)The CH4 content in the recycle/purge gas depends solely on XCO,total, whereas the
content in the feed gas of the reactor (mixture of fresh syngas þ recycle gas) also
depends on XCO,per pass;

[2] b)The ratio of the purge gas stream to the stream of fresh
syngas CH4 only depends on XCO,total (here 95%) and SCH4

(here 20%).[2]

Figure 1. Influence of gas velocity on CO conversion per pass for different
tube diameters (conditions in Table 1). CH4 inlet content depends on
XCO,per pass and recycle ratio R (values in Table 2). The dotted–dashed line
indicates high pressure drop of 7.5 bar.
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(Figure 3), and on the axial temperature profiles (Figure 4). As
already mentioned, the target of a maximum temperature of
240 °C cannot always be realized. For example, dt should not
be higher than 3 cm for us= 0.5m s�1 (and 5 cm for 1.1 m s�1)
to keep a safe distance to a thermal reactor runaway and thus a
reliable operation (Figure 4).

For each tube diameter, a minimum gas velocity us,min is
needed to reach the target value of Tmax (240 °C), e.g., 0.58m s�1

for dt= 4 cm (Figure 5). A rise of us,min substantially enhances
the overall thermal transmittance Ubed, representing heat con-
duction in the bed (λrad) as well as heat transfer from bed to inter-
nal tube wall (αw,int) (see Figure 6 (right) and Equation (S15)).
Ubed mainly depends on us, but also to a certain extent on the
ratio dp/dt.

For a high gas velocity of 1.1m s�1 (to limit Δpt), the target of
Tmax of 240 °C can be even reached for a large tube size of 5 cm
(Figure 6, left). For a low us of 0.4 m s�1, thus less heat dissipa-
tion per surface area of tube, dt is limited to 2.8 cm to reach

240 °C (Figure 6, left). All values of us,min and other parameters
to reach Tmax are listed in Table 3 (see Figure S2–S9 in SI 7).

A pressure drop above 7.5 bar, already 25% of the initial pres-
sure, is probably too high, and us should not exceed 1.1m s�1

(Figure 3), particularly, as formation of C2þ-HCs per tube for

Figure 2. Influence of superficial gas velocity us,z= 0 on production of
C2þ-HCs per tube (other conditions as Table 1). The dotted–dashed line
indicates a limiting pressure drop 7.5 bar.

Figure 3. Impact of gas velocity us,z= 0 on pressure drop of reactor (conditions in Figure 1).

Figure 4. Axial temperature profiles in the center of a single tube of a
FT reactor for a constant gas velocity us,z= 0 of 0.5 and 1.1m s�1; other
conditions as in Table 1.
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a given tube size is then not or only to a small extent (dt= 5.5 cm)
further enhanced (Figure 2).

Figure 7 shows the influence of dt on XCO,per pass and produc-
tion of C2þ-HCs per tube for the target of Tmax of 240 °C and us of
0.5 or 1.1m s�1. An increase of us (better heat removal) enhances
the production of C2þ-HCs (Figure 7, right), but this effect weak-
ens for a high dt as Tmax (240 °C) is not any more reached to avoid
a runaway. The limits are 3.4 cm for 0.5 m s�1 and 5.2 cm for
1.1m s�1 (Figure 7, left). Hence, XCO,per pass drops by a rise of
dt (lower T ) and us (lower residence time), which increases
the recycle ratio R. A high gas velocity yields a high pressure
drop, and Δpt and R boost the capacity and energy need of
the recycle compressor.

3.2. Dimensions of a FT Reactor for an Annual Production of
100 000 Tons of Liquid Fuels

The dimensions of multitubular FT reactors for the annual
production of 100 000 tons of C2þ-HCs (related to carbon;
8000 h a�1) are listed in Table 4 for different tube diameters for
us= 0.5 m s�1 and Lt= 12m. The dimensions, e.g., case 2 in
Table 4, are impressive. The reactor has 10 090 tubes, a heat
exchange area of almost 14 000m2, and the combined tube
length is 121 km. The weight of the empty reactor (steel tubes)
is 300 tons and 400 tons with catalyst charge. The energy released
by the reaction is 59MW (power of six large wind turbines; not
directly comparable, but illustrative). On average, 4.2 kW of heat
per m2 tube surface area is transferred to the cooling water,
and 2700 tons of water are evaporated per day of operation

(20 bar, 213 °C) compared to only 450 tons of water formed as
by-product of FTS. Only a negligible share of 2% of the reaction
heat is dissipated as sensible heat by the small difference
of 13 K between out- and inlet gas temperature (=226–213 °C,
Figure 4 (top) for dt= 3 cm).

4. Technoeconomic Analysis of a FT Reactor with
Gas Recycle and Cobalt as Catalyst

4.1. Influence of Tube Diameter and Gas Velocity on Capex of
FT Reactor

The results presented so far are difficult to evaluate economically,
although Figure 7 (right) shows that a high gas velocity combined
with a large tube diameter is favorable for a high production rate
of C2þ-HCs per tube. But is this really the best choice for a multi-
tubular FT reactor? A first attempt to answer this question is
given in Table 5, where not only production data per tube for
different tube diameters and a low and high value of us are listed,
but also the external heat transfer area per tube At,single, ext. The
capital costs of a single tube and thus of a multitubular reactor,
respectively, depend on At, single, ext with a scaling factor of 0.68,
i.e., capex ≈ At, single, ext

0.68 (SI 8). The production of C2þ-HCs per
tube relative to At, single, ext

0.68 is therefore a measure of the
production rate relative to (only) capital expenditures of the
FT reactor (last column in Table 5). It is then obvious that for
us= 0.5 m s�1, a tube diameter of 4 cm is the best choice, and
for us= 1.1 m s�1 dt should be 5 cm (Table 5). The latter case out-
performs the first with regard to production per capex of reactor

Table 2. Characteristic data of FT reactor (single tube) for different values of dt and us (us≤ 1.1 m s�1 to keep Δpt< 7.5 bar; other conditions in Table 1).

dt [cm] us,z= 0 (us, z= 12) [m s�1] Tcool [°C] Tmax [°C] XCO,per pass [%] yCH4, reactor, in [%] R Production of C2þ-HCsc)

per tube [kgC h
�1] per [kg] cat. [kgC h

�1]

2.5 0.4 (0.27) 214.6 240 71.1 22.6 0.71 0.844 0.149

2.5 0.8 (0.72) 223.8 240 53.4 34.2 1.71 1.065 0.188

2.5 1.1 (1.23) 227.0 240 42.6 39.6 2.69 1.078 0.191

3 0.4 (0.29) 209.2 238.1a) 66.3 26.4 0.95 1.069 0.131

3 0.75 (0.66) 219.4 240 53.1 34.4 1.73 1.430 0.176

3 1.1 (1.24) 224.2 240 41.2 40.2 2.86 1.482b) 0.182

4 0.5 (0.40) 204.0 234.4a) 53.0 34.4 1.73 1.688 0.117

4 0.88 (0.86) 215.1 240 44.5 38.7 2.48 2.336 0.161

4 1.1 (1.25) 218.6 240 38.4 41.4 3.22 2.409 0.166

5 0.5 (0.43) 195.0 219.5a) 39.0 41.2 3.14 1.750 0.077

5 0.8 (0.77) 206.0 234.3a) 39.2 41.1 3.11 2.809 0.124

5 1.1 (1.27) 213.2 240 35.5 42.7 3.67 3.403 0.150

5.5 0.6 (0.54) 195.7 221.8a) 34.3 43.1 3.87 2.155 0.079

5.5 0.8 (0.78) 201.8 228.4a) 33.7 43.4 3.98 2.808 0.103

5.5 1.1 (1.28) 209.5 236.2a) 31.8 44.1 4.35 3.598 0.131

a)Target of Tmax= 240 °C cannot be reached regarding thermal runaway (see also Figure S2 and S3 in SI 7); b)Example of C balance: For us= 1.1 m s�1 and dt= 3 cm, the total
molar feed rate (fresh syngasþ recycle gas) per tube is 2006 mol h�1, i.e., 375 mol CO/h (18.7%). For XCO,per pass of 41.2% and 80% selectivity to C2þ-HCs, the production rate
of C2þ-HCs (carbon) per tube is then 1.48 kg h�1 (=375mol h�1� 0.012 kg mol�1� 0.412� 0.8); c)Production rate of C2þ-HCs related to carbon, i.e., the rate of HCs is by
factor 1.17 higher (=MCH2

/MC).
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by 76%, but the recycle ratio is more than doubled (3.67 com-
pared to 1.73) and Δpt drops by a factor 6 (Table 5; Figure 3).
The capital related and variable costs (electricity) of the recycle

compressor are strongly related to R and Δpt, but were not yet
counted; this is done in Section 4.2 to get a better picture.

4.2. Influence of Tube Diameter and Gas Velocity on opex of
FT Reactor with Gas Recycle

To identify an appropriate combination of tube size and gas
velocity, a technoeconomic analysis of the core of the FT unit
was done based on the literature data and the following assump-
tions: 1) As investment-related items, only the reactor and the
recycle compressor are here counted. The total invest for this
core unit was calculated based on these two items, including
costs for erection, piping, engineering, and so on (see SI 8).
The capital-related fixed operating costs include the provision
for investment recovery, maintenance, overhead, and insurance.
A rule of thumb is that the annual fixed costs are 25% of total
capex;[12] 2) The variable opex are mainly (here only) related to
the electricity need of the recycle compressor, and depend on
the recycle ratio, pressure drop, and price of electricity; 3) The
annual production rate of C2þ-HCs is 100 000 tons (carbon
related, 8000 h operation). The production rate of C2þ-HCs,
mainly paraffins, is then 117 000 tons a�1 (MCH2

/MC= 1.17);
4) The opex related to the FT catalyst were neglected, although
the mass of catalyst (see below) rises for a given production rate of
liquid fuels with increasing tube diameter. The reason is the lack
of reliable data, and an estimation also indicates that the catalyst-
related operating costs are around 6% of the total to run the FT
reactor and gas recycle (see SI 8); 5) Other items of the power-to-
liquid (PTL) plant such as costly compressors for CO2 andH2, heat
exchangers, RWGS reactor, and upgrading of FT products by
cracking and distillation are not counted, as they do not depend
on design or size of FT reactor and gas recycle, as long as the feed
rate of fresh syngas and production rate of HCs are constant.

The power of the recycle compressor, Erecycle, is calculated
assuming isothermal compression and 90% efficiency (ηcomp)
with gas constant Rgas, recycle ratio R, and pressure at inlet pin:

Figure 5. Impact of us on XCO,per pass and production of C2þ-HCs per tube
relative to maximum (top) and on Tcool and Tmax (bottom) for dt= 4 cm
(Tmax≤ 240 °C; other conditions in Table 1). The target of 240 °C is not
reached for us< 0.6 m s�1 regarding runaway.

Figure 6. Left: Impact of dt on us,min and XCO,per pass to reach Tmax of 240 °C. Right: Influence of us,min on thermal transmittance Ubed; note that dt varies.
For comparison, Ubed is shown for dt= 3 cm (dashed line), indicating the influence of us on Ubed and also the positive effect of a smaller tube size dt on
the heat removal (here Ubed≈ 1/dt

0.4).

www.advancedsciencenews.com www.entechnol.de

Energy Technol. 2024, 12, 2301534 2301534 (6 of 13) © 2024 The Authors. Energy Technology published by Wiley-VCH GmbH

 21944296, 2024, 6, D
ow

nloaded from
 https://onlinelibrary.w

iley.com
/doi/10.1002/ente.202301534 by U

niversitaet B
ayreuth, W

iley O
nline L

ibrary on [02/10/2024]. See the T
erm

s and C
onditions (https://onlinelibrary.w

iley.com
/term

s-and-conditions) on W
iley O

nline L
ibrary for rules of use; O

A
 articles are governed by the applicable C

reative C
om

m
ons L

icense

http://www.advancedsciencenews.com
http://www.entechnol.de


Erecycle ¼
ṅrecycleRgas T in

ηcomp
ln

pin
pin � Δpt

� �

¼ Rn
:
syngas; freshRgasT in

ηcomp
ln

pin
pin � Δpt

� � (9)

Adiabatic compression even for a pressure drop of 7.5 bar
(pin= 30 bar) only leads to a temperature rise from 20 to

46 °C and an only 4% higher energy demand compared to
isothermal operation. So compression can be here almost
regarded as isothermal, and the electricity consumption relative
to the case of dt= 3 cm, Erecycle,rel, for a given rate of fresh syngas
n
:
syngas; fresh and thus a constant production rate of C2þ-HCs by a

certain number of tubes is

Erecycle;rel¼
Ri

Rdt¼ 3 cm

ln 1� Δpt;i
pin

� �

ln 1� Δpt;dt¼ 3 cm

pin

� � (10)

For a certain gas velocity, Δpt only slightly depends on dt
(Figure 3, 8). The small rise with increasing dt is related to
the drop of conversion from 67% for 2.5 cm to 34% for
5.5 cm. This leads to a smaller decline of the total molar flow
by the FT reaction, thus to a slightly higher us along the tubes
and a higher Δpt. The compressor’s electricity demand is domi-
nated by the ratio Ri/Rdt= 3 cm, Equation (10), and rises with dt
(Figure 8, left; details in Figure S10, Supporting Information).

Figure 9 depicts the impact of dt on mass of catalyst and capex
of reactor and recycle compressor relative to the case of dt= 3 cm
and us= 0.5 m s�1. The capex of the compressor depend on the
electricity need by a scaling factor of 0.82 (see SI 8). All costs—
except capex for dt< 4 cm—increase with dt (Figure 9). The rela-
tive capital expenditures of the reactor were calculated by the heat

Table 3. Minimum superficial gas velocity to reach the target of a maximum axial temperature (center of tubes) of 240 °C in a multitubular FT reactor for a
tube diameter in a range of 2.5–5.5 cm (other conditions in Table 1; details in Figure S2–S9 in SI 7).

dt [cm] us, z= 0 (us, z= 12) [m s�1] Tcool [°C] Tmax [°C] XCO,per pass [%] yCH4, reactor, in [%] R C2þ-HCs per tube [kgC h
�1] Δpt [bar]

2.5 0.40 215 240 71.7 22.6 0.71 0.84 0.68

3 0.45 211 65.3 27.1 1.00 1.17 0.93

4 0.58 208 53.2 34.3 1.72 1.97 1.67

4.5 0.74 209 45.2 38.4 2.41 2.54 2.93

5 0.98 211 37.7 41.7 3.33 3.27 5.55

5.5 1.40 215 27.8 45.7 5.29 3.89 13.6

Figure 7. Left: Influence of dt on XCO,per pass for Tmax of 240 °C (if possible) for us,z= 0 of 0.5 and 1.1m s�1. Right: Production of C2þ-HCs/tube
(conditions: Table 1). Gray symbols indicate where Tmax is not reached. Horizontal dashed–dotted lines: border cases of isothermal operation (dt! 0)
at 240 °C for us= 0.5 (lower line) or 1.1 m s�1.

Table 4. Dimensions of FT reactors for production of 100 000 tons of
C2þ-HCs/a (only related to carbon; 8000 h year�1 of operation) for
us= 0.5m s�1 and Lt= 12m.

Nos. dt [cm] Number of tubes nt dreactor
a) [m] mcat [tons] At,reactor,ext [m

2]

1 2.5 13 256 4.7 75.0 15 491

2 3 10 090 4.8 82.2 13 694

3 4 7405 5.2 107.2 12 842

4 4.5 7114 5.7 130.3 13 679

5 5 7167 6.3 162.1 15 132

6 5.5 6921 6.7 189.4 15 917

a)Assuming an (external) cross-sectional area of all tubes of 57% of cross-sectional
area of reactor (see Table 7).
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exchange area of all tubes At,reactor,ext with a scaling factor
of 0.68 (SI 8).

Figure 10 shows absolute values of opex per ton C2þ-HCs for
dt of 3 cm. Four electricity prices were inspected: 0.16 € kWh�1

(average industrial electricity in Germany between 2014 and
2021[18]), a high price of 0.3 € kWh�1 (Germany 2020[21]), a
low value of 0.06 € kWh�1 (advised price for German companies
until 2030 financed by state subsidies), and electricity without
charge.

The optimal gas velocity is in a narrow range of 0.4–0.5 m s�1,
favoring a slightly lower value for a high price of electricity
(Figure 10, dotted line). For us of 0.5 m s�1 and a low price of
0.06 € kWh�1, 55% of the operational expenditures are capital
related (49% reactor, 6% compressor) but already 45% are related
to electricity costs (Figure S11, Supporting Information).

Side note: For a higher electricity price of, e.g., 0.16 € kWh�1,
the numbers are different. The total operating costs rise from
60 € ton�1 C2þ-HCs (only carbon counted) for 0.06 € kWh�1 to
110 € ton�1 (Figure 10), and 72% and not “only” 45% are then
related to the electricity costs.

Returning again to the case of electricity costs of
0.06 € kWh�1. For a higher gas velocity than 0.5ms�1, e.g., 1.1ms�1,
the CO conversion drops and the recycle ratio increases (Table 4).
This leads to much higher costs for the gas recycle of 112 € ton�1

liquid fuel (as carbon) compared to only 33 € for 0.5 m s�1 by a
more expensive compressor and above all higher electricity costs
(Figure S11, Supporting Information). On the other hand, the
number of tubes decreases with rising gas velocity, about
8400 tubes for 1.1 m s�1 compared to around 10 100 tubes for
1.1 m s�1 (Figure S12, Supporting Information). Hence, the

Table 5. Production rate of C2þ-HCs for different tube diameters and gas velocities of 0.5 and 1.1 m s�1.

dt [cm] us, z = 0 [m s�1] XCO,per pass [%] R At, single, ext
a) [m2] (At, single ext)

0.68 [m1.36] Production of C2þ-HCs

per tube [kgC h
�1] per (At, single, ext)

0.68 [kgC h
�1 m�1.36]

2.5 0.5 67.0 0.91 1.17 1.11 0.94 0.85

3.0 63.2 1.10 1.36 1.23 1.24 1.01

4.0b) 53.0 1.73 1.73 1.45 1.69 1.16

5.0 39.0 3.14 2.11 1.66 1.75 1.05

5.5 34.5 3.84 2.30 1.76 1.81 1.03

2.5 1.1 42.6 2.69 1.17 1.11 1.08 0.97

3.0 41.2 2.86 1.36 1.23 1.48 1.20

4.0 38.4 3.23 1.73 1.45 2.41 1.66

5.0 35.5 3.67 2.11 1.66 3.40 2.05

5.5 31.8 4.35 2.30 1.76 3.60 2.04

a)Assuming a constant wall thickness of 3 mm regardless of internal single-tube diameter; b)Values in last column are a measure of production rate relative to capex of reactor
(best values in bold), as explained in the text (conditions in Table 1 and 2).

Figure 8. Influence of dt on energy demand of recycle compressor relative to case of dt= 3 cm (left), and on recycle ratio R and pressure drop
(right).Conditions: constant production of HCs by respective number of tubes; Tmax= 240 °C, us,z= 0= 0.5 m s�1; other conditions in Figure 1.
Erecycle is 151 kW for dt= 3 cm, and 10 090 tubes are then needed to produce 100 000 t C2þ-HCs (as carbon) per year (8000 h).
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capex of the FT reactor (and thus the operating costs) are 11%
lower (= 1 – (8434/10 090)0.68), but this positive effect is far from
equalizing the much higher costs related to the gas recycle
(Figure 4, 10). In total, the overall operating costs are more than
doubled, 136 € ton�1 of liquid fuel (as carbon) for a gas velocity of
1.1 m s�1 compared to 60 € for 0.5 m s�1.

For other tube sizes, the trends shown in Figure 10 are similar
(Figure S13–S18, Supporting Information), but the level of the
overall opex rises with dt, e.g., to 83 € ton�1 C2þ-HCs for dt= 4
cm (electricity price 0.06 € kWh�1) for the then optimal us of
0.58m s�1 compared to 60 €/t for dt= 3 cm and us= 0.5 m s�1

(see also Figure S16 and S17, Supporting Information).
Consequently, the lowest opex are reached for the smallest
tube considered here with dt of 2.5 mm. The costs are then 51

€/t C2þ-HCs (electricity still at 0.06 € kWh�1), 15% lower
compared to 3 cm (see Figure S13 and S14, Supporting
Information). Nevertheless, a tube size of 3 cm is still the better
choice, as the tube-to-particle size ratio for dt= 2.5 cm of 8 is then
less than 10, which is regarded as limit[12] to avoid undesirable
wall effects (bypass, slippage), and the reactor model used here is
then probably also not anymore very reliable.

To take stock: For the “optimum” case of tube with 3 cm diam-
eter and a gas velocity us of 0.5 m s�1, the annual production
costs are 6 million € for 0.06 € kWh�1 electricity and an annual
production of 100 000 tons of carbon as C2þ-HCs, hence
60 € ton�1. The costs rise strongly, if the electricity price is
higher, 110 € ton�1 for 0.16 € kWh�1 and even 179 € for
0.3 € kWh�1.

As already mentioned, these operating costs are only related to
the FT reactor and recycle compressor, including electricity con-
sumption. Total production costs of a PTL plant are obviously
higher, as discussed in some more detail in SI 8. For example,
a minimum viable selling price is 1000 € ton�1 of liquid fuel
using a FT process based on steel mill gas.[22]

For syngas based on renewable H2 and CO2 (separated from
off-gases of the chemical industry, etc., and converted to CO by
RWGS), much higher production costs are expected. According
to Tremel et al., the costs for syncrude (year 2014) are
2000 € ton�1 with electricity costs of syncrude (year 2014) for
electricity costs of 0.09 € kWh�1.[23] 64% of the costs are related
only to H2 production by electrolysis, 8% to CO2, and only 28%
(560 €/t) to the whole FT plant, including items neglected here
such as syngas compression, RWGS, and product upgrading.[23]

If we consider syncrude as diesel or jet-fuel (0.85 kg L�1), the
production costs are 1.7 € L�1. Similar costs are given by
Machhammer and Janisch for power-to-synthetic diesel produc-
tion by FTS based on electricity from onshore wind power located
in Germany and Chile.[24] The estimated leveled costs of electric-
ity and diesel oil are 0.06 € kWh�1 and 2.7 € L�1 for Germany and
only 0.03 € kWh�1 and 1.6 € L�1 for Chile.

Figure 9. Left-right: Impact of tube size on mass of catalyst, capex of reactor, and recycle compressor for a gas velocity of 0.5 m s�1 (base case: dt= 3 cm;
conditions in Figure 8).

Figure 10. Annual operating costs of core unit of FT plant (reactor with
gas recycle) for a constant tube diameter of 3 cm (100 000 tons of C as
C2þ-HCs/a; 8000 h a�1 operation). Dotted line indicates optimum of oper-
ating costs (details in text and Figure SI 11, Supporting Information, for
0.06 € kWh�1).
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4.3. Influence of Single-Tube Length on Operating Costs of a
FT Reactor with Gas Recycle

The influence of the tube length Lt was until now not considered,
i.e., we have assumed a typical value for FT reactors of 12m, and
a detailed analysis of the impact of Lt would go far beyond the
scope of this work. Thus, Table 6 only shows some selected data

for Lt in a range of 12–30m for dt= 3 cm and us= 0.5 m s�1;
details such as the number of tubes and diameter of the FT reac-
tor for other values of Lt are given in SI 9.

A strong increase of Lt is needed to reach a conversion per
pass, which is substantially higher than 63% reached for the
“standard” case of Lt= 12m: for example, for 20m, XCO,per pass

rises to 78%; this length was already technically realized

Table 6. Influence of Lt on performance data and opex for an electricity price of 0.06 € or 0.12 € kWh�1 (100 000 tons of C2þ-HCs/a (as carbon); dt= 3 cm;
us,z= 0= 0.5 m s�1; 95% ultimate conversion of CO and H2).

Lt [m] XCO,per pass [%] yCH4
at inlet [%] R Δpt [bar] Partial and total production costs in € ton�1 carbon as C2þ-HCs for two different prices of electricity

FT reactor Recycle comp. Electricity Total (rounded)

0.06 € kWh�1 0.12 € kWh�1 0.06 € kWh�1 0.12 € kWh�1

12 63.2 46.7 1.10 1.20 27.1 3.4 29.8 59.6 60 90

15 69.9 39.8 0.79 1.35 28.3 2.9 24.1 48.2 55 79

18 75.0 28.4 0.58 1.51 29.5 2.4 20.1 40.2 52 72

20 77.8 23.9 0.49 1.61 30.3 2.1 17.8 35.6 50 68

30.2 85.0 20.0 0.26 2.11 35.9 1.6 12.4 24.8 50 62

Table 7. Performance characteristics of modeled multitubular FT reactor (this work), two commercial FT reactors (Sasol;[25,26] Shell[25]), and reactor
design of Bechtel.[26,27]

Reactor characteristic Shell[25] Sasol[25,26] Bechtel[26,27] This work

Catalyst Cobalt Iron Cobalta) Cobalt

Pressure (inlet reactor) [bar] 40 27,[25] 25.4[26] 28.3 30

Reaction temperature [°C] 237b) 236 200b) (in), 225 (out) 200 (in) 225 (out) Tmax= 240, Tcool= 213 213 (in),
226 (out)

Reactor diameterc) [m] 6.2 3 4.8 4.8

Length of tubes 20 12 13.6 12

Number of tubes 8000 2050 9602 10 090

Internal tube diameter [cm] 5d) 4.6 3.4 3

Volume reactor (catalyst) [m3] 600 (310) 85 (48) 246 (110) 216 (86)

Catalyst charge [tons] 310 38,[25] 31[26] 94 82

Catalyst particle size [mm] 2 2.5,[25] 3.7[26] 3.7 3

Molar H2–CO ratio (inlet) – – 1.9 2.2

Content of H2/CO (inlet) – – 75%e) 72%e)

Total CO conversion – �(63%) 96% 95%

CO conversion per pass – �(26%) 37% 63%

Reactor productivityf ) [tons] C2þ-HCs (carbon) per year 250 000 55 000,[25] 17 000[26] g) 84 200 100 000

Volumetric productivityf ), tons C2þ-HCs per a and m3 cat. 806 1145,[25] 345[26] h) 765 1163

Superficial gas velocity [m s�1] 0.18 0.36,[25] 0.34[26] 0.44 0.5

Pressure drop, bar – 4,[25] h) 1.03[26] h) 1.25 1.20

Recycle ratio – 1.9,[25] 2.3[26] 2.34 1.10

Electricity need for gas recycle relative to this work – 8.33,[25] 2.16[26] 1.62 Set to 1

a)Co catalyst is not specified,[26,27] and CO selectivities to CO2 and CH4 of 8% and 3% are assumed “as a compromise between Co and Fe catalysts”; b)Temperature is not
specified,[25] but probably refers to maximum; c)Ratio of cross-sectional area of tubes to area of reactor is 0.54 (Shell), 0.57 (Sasol), and 0.61 (Bechtel); d)The tubes are smaller for
Co compared to Fe,[28] which is in contradiction to 5 cm;[25] e)Besides H2 and CO, syngas at reactor entrance (fresh feed þ recycle gas) contains 28% CH4 (this work) and 13%
CH4, 1% CO2, 5% N2, and 5% C2/C3-HCs in the Bechtel design with syngas from coal gasification;[25] f )Productivity data (for 8000 h a�1) only related to carbon; values in tons
C2þ-HC are by factor 1.17 (17%) higher; g)Productivity data given in ref.[25] are much higher compared to ref. [26]. Lower values are probably more reliable, as similar values are
given in the literature (17 200 tons a�1,[28] 14 300 tons a�1[29]). h)Δpt given in ref. [25] is high compared to ref. [26] and own estimation (SI 10); ≈1 bar is more realistic.

www.advancedsciencenews.com www.entechnol.de

Energy Technol. 2024, 12, 2301534 2301534 (10 of 13) © 2024 The Authors. Energy Technology published by Wiley-VCH GmbH

 21944296, 2024, 6, D
ow

nloaded from
 https://onlinelibrary.w

iley.com
/doi/10.1002/ente.202301534 by U

niversitaet B
ayreuth, W

iley O
nline L

ibrary on [02/10/2024]. See the T
erm

s and C
onditions (https://onlinelibrary.w

iley.com
/term

s-and-conditions) on W
iley O

nline L
ibrary for rules of use; O

A
 articles are governed by the applicable C

reative C
om

m
ons L

icense

http://www.advancedsciencenews.com
http://www.entechnol.de


(see Shell’s reactor in Table 7). But a length of 30m, needed to
reach X

CO,per pass
of 85% (Table 6), is unrealistic. As shown in SI 9,

the border case of XCO,per pass= XCO,total= 95%, where a gas recy-
cle is not needed anymore, is only reached by an enormous
length of 89m (!), currently far beyond any technical realization.

The influence of Lt on the operating costs is less pronounced
compared to tube size or gas velocity, at least as long as Lt is suf-
ficient to reach a high per pass CO conversion, e.g., 63% for
Lt= 12m, and the price of electricity is not too high. For a
low price of 0.06 € kWh�1, only an increase of Lt from 12m to
not more than 20m leads to a reduction of the total operating
expenditures by 17% (reduction from 60 to 50 € ton�1 carbon
as C2þ-HCs), which might be worth to be considered
(Table 6, second to last column). For a doubling of the price
to 0.12 € kWh�1, the reduction of the opex is 25% for
Lt= 20m and 31% for Lt= 30m (Table 6, last column).

Hence, 12m is still an appropriate tube length of a multitub-
ular FT reactor as long as the price of electricity is not too high
(<0.1 € kWh�1), and 20m is an option if the price is even higher.

5. Comparison of Performance of Modeled
Reactor with Data of Commercial FT Reactors

Table 7 shows performance data of the FT reactor modeled
(dt= 3 cm, us= 0.5 m s�1, Lt= 12m), of two commercial FT
multitubular reactors from Sasol and Shell, and of the reactor
design of the engineering company Bechtel. The reaction tem-
perature and total pressure of all four multitubular reactors,
one with an iron catalyst (Sasol) and three with cobalt, are simi-
lar, but the total production rates differ by a factor of about 10 in a
range of 17 000–250 000 tons C2þ-HCs (only counting carbon)
per year, largely because of difference of reactor size (length, tube
number, etc.) and thus of the demand of the catalyst by mass and
volume (48–310m3). Hence, the annual productivity per volume
of catalyst varies in a much smaller range of 345–1163 tons
C2þ-HCs per m3; the highest productivity is achieved by the reac-
tor modeled in this work, but the numbers of Shell, Bechtel, and
Sasol are not much less (Table 7).

The good agreement between the data of our modeled
“optimal” reactor design and the reactor designed by Bechtel
is remarkable (Table 7). All dimensions such as tube diameter
and length, number of tubes, catalyst particle size, and reactor
diameter are very similar. The same is true for the temperature,
pressure, molar H2-to-CO ratio, gas velocity, total CO conversion,
and pressure drop. The total annual reactor productivity of
C2þ-HCs is also only 16% lower in Bechtel’s design as in this
work, 86 000 tons as compared to 100 000 tons.

To prove, whether the value of the reactor productivity given
Bechtel is consistent with our model and the design data of
Table 7, we successfully re-evaluated Bechtel’s reactor design
by our reactor model (details in SI 10). The main difference is
the conversion per pass, only 37% (Bechtel) compared to 63%
(this work). The recycle ratio R is therefore higher, 2.3 compared
to 1.1, and also the associated electricity demand of the gas recy-
cle, which is according to Equation (9) and the data of Table 7 by
62% higher. The activity (Co content) of the catalyst presumed in
Bechtel’s design, unfortunately not specified,[25,26] is obviously
lower than that of the catalyst in this work with 30 wt% Co.

The estimation by our model indicates an intrinsic activity, which
is by 60% lower (Ca= 1.3 for Bechtel and 3 this work), which
reduces the effective rate (≈Ca

0.5) by 34% (see Equation (6)).
This explains casually the lower per pass conversion and the
34% lower volumetric productivity, 765 tons C2þ-HCs per year
and m3 catalyst compared to 1163 in this work, and indicates that
our model reflects reality well.

6. Conclusions

A cooled multitubular FT fixed-bed reactor with gas recycle and
purge gas stream was simulated based on a complex and reliable
reactor model. The technical design data presented in combina-
tion with a technoeconomic assessment indicate that a single-
tube diameter of 3 cm and a superficial gas velocity (at reaction
conditions) of about 0.5 m s�1 are optimal design parameters,
even if the price of the electricity to run the recycle compressor
varies in a large range of 0.06–0.30 € kWh�1. For an annual pro-
duction of 100 000 tons of C2þ-HCs (only related to carbon), a
reactor with about 10 000 single tubes is needed.

Depending on the price of electricity, an increase in the
length of the tubes from 12m (standard case) to about 20m
is also an option with regard to the opex of the FT reactor with
gas recycle.

The comparison of the performance data of the FT reactor
modeled in this work with data of commercial multitubular reac-
tors run by Sasol and Shell or designed by Bechtel indicates that
our reactor model reflects reality well and is thus reliable.

List of symbols and abbreviations

At heat transfer area of tube (s) [m2]

ci concentration of i (i= CO, H2, H2O…) [mol m�3]

Ca coefficient of catalytic activity (= 1 for 10 wt% Co) [�]

ci concentration of i (gas phase; i= CO, CH4, H2) [mol m�3]

cg total concentration (molar density) of gas phase [mol m�3]

cp heat capacity of gas [J mol�1 K�1]

Cϕ factor in Equation (6), valid for dp= 3mm [kg0.5 s0.5 m�1.5]

dp particle diameter [m]

dreactor diameter of FT reactor [m]

dt, dt,int (internal) tube diameter [m]

Deff,CO,liq effective diffusion coefficient of CO in liquid-filled pore
system [m2 s�1]

Erecycle energy demand (electricity) per time (power) for gas
recycle [J s�1]

Erecycle, rel relative energy demand (electricity) per time [�]

HCO Henry coefficient for CO in liquid HCs [J mol�1]

Lt length of tube (fixed bed) [m]

mcat mass of catalyst [kg]

M molar mass [kg mol�1]

nt total number of single tubes of multitubular FT reactor [�]

n
:
i molar flux of component i (i= CO, CH4, H2, total gas) [mol s�1]

p pressure [Pa]

r radial distance from center of tube [m]
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rm,CO total intrinsic reaction rate of CO, see Equation (3)
[molCO kgcat

�1 s�1]

rm,CO,H2O total intrinsic rate of CO, if inhibition by steam is considered
[molCO kgcat

�1 s�1]

rm,CO,CH4
intrinsic reaction rate of CO to of methane [molCO kgcat

�1 s�1]

rm,CO,C2þ intrinsic reaction rate of CO to C2þ-hydrocarbons
[molCO kgcat

�1 s�1]

rm,CO,H2O intrinsic rate of CO, if steam inhibition is considered
[molCO kgcat

�1 s�1]

rt internal radius of tube [m]

Rgas gas constant (8.314), J mol�1 K�1 (in Equation (6) and (9))
[J mol�1 K�1]

R recycle ratio (ratio of recycle gas to fresh syngas) [�]

swall thickness of tube wall [m]

SCH4
selectivity of CO to CH4 (mol of CH4 per mol CO converted) [�]

T temperature [°C, K]

Ubed thermal transmittance of fixed bed (see Figure 6, right)
[Wm�2 K�1]

us, z= o superficial gas velocity; initial value at 30 bar and 230 °C [m s�1]

us, z= 12m superficial gas velocity; final value at actual mean T and ptotal
[m s�1]

XCO conversion of CO [�]

yi molar content of i (i= CO, CH4, H2) [�]

z axial coordinate in fixed bed [m]

Greek letters

αw heat transfer coefficient [Wm�2 K�1]

ΔRHi enthalpy of reaction, I= reaction of CO to methane or C2þ-HCs
[J molCO

�1]

Δpt, Δpbed pressure drop of fixed bed (tube) [Pa]

ϕ Thiele modulus, Equation (6) [�]

ηcomp efficiency of recycle compressor (here 90%) [�]

ηpore pore effectiveness factor, Equation (5) [�]

λ thermal conductivity [W m�1 K�1]

Vi,Rn stoichiometric coefficient of i in reaction n (n= 1 for methane
formation and 2 for formation of C2þ-HCs) [�]

ρbed bulk density of fixed bed [kg m�3]

Subscripts

C carbon

cool cooling

eff effective (rate)

ex external

g gas mixture

ig ignition (temperature)

in inlet of reactor/tubes

int internal

max maximum (temperature)

w,int related to the internal side of the tube wall

rad radial

R1 related to reaction of CO to methane

R2 related to reaction of CO to C2þ-HCs

single single tube

t tube

Abbreviations

C2þ hydrocarbons with two and more carbon atoms
(all HCs without CH4)

C2þ hydrocarbons with two and more carbon atoms
(all HCs without CH4)

capex capital expenditures

(–CH2–) methylene group of a normal paraffin (in Equation (1))

FT(S) Fischer–Tropsch (synthesis)

HCs hydrocarbons

in reactor inlet

opex operational expenditures

PTL power-to-liquid

RWGS reverse water–gas shift (CO2þH2! COþH2O)

SG synthesis gas

SI supporting information
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