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Introduction

1. Introduction

Carbon dioxide is the most important greenhousehgisg emitted into the atmosphere
from fossil fuel combustion and other anthropogeastivities. According to the National
Oceanic and Atmospheric Administration (NOAA), th@O, concentration in the
atmosphere was 392 ppm in February 2011 [1] wisckery high compared to 379 ppm in
2005 and far from the natural range of the last, 3D years [2]. The annual emissions of
CO, have grown between 1970 and 2004 by about 80% #brio 39 gigatonnes [2]. The
growing concentration of carbon dioxide in the aspiwere increased the impact on the
environment such as global warming and forcingimatie change. The main greenhouse
gases are water vapourB), carbon dioxide (Cg&), methane (CkJ, nitrous oxide (NO),
hydrofluorocarbons (HFCs), perfluorocarbons (PF@sy sulphur hexafluoride (§F but
CO, contributes about 77% to the world’'s greenhousge @aissions (excluding water
vapour) into the atmosphere in 2004 [2].

Alternative energy sources are not only importaith wegard to global warming but also to
maintain the rising cost of crude oil. Both aspdwse motivated researchers to look for
solutions to reduce the greenhouse gas emissioforaitsl utilization. The mitigation of
greenhouse gas emissions is also an interestintgma in exploring new concepts and
new opportunities for catalysis and industrial cieg. Recently various carbon capture
and storage technologies (CCS) are developed $agraficant reduction of C@emissions
into the atmosphere [3]. These technologies aralynauitable to capture CGGrom large
industrial sources such as fossil fuel fired poplants. But only with these efforts it is not
possible to reduce and control €@missions [4], and the availability of sufficiestorage
capacity to capture carbon dioxide is also still @yen question. However, very little
attention has been paid by industry and academudilimation of CQ because of its high
thermodynamic stability. For the reduction of giesmse gas emission various strategies
have been suggested that includes promoting er@rdgyuse efficiency, supporting the use

of renewable energy resources as well as sustaitrablsportation and waste management [5].

One effective approach to avoid g@ccumulation into the atmosphere is the recovéry o

carbon dioxide from flue gases and its recycle dayverting to useful chemicals [6, 7]. The
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conversion of C@ to CO by catalytic hydrogenation has been recaghias a very
promising process. In industry, synthesis gas aoimg H, and CO can be used to produce
methanol as well as long chain hydrocarbons viaFiseher-Tropsch synthesis. Therefore,
the reverse water gas shift (RWGS) reaction {GCH, CO + HO) is an important
option for CO production.

The transformation of COand H into CO and HO depends upon several factors such as
catalyst selection, ratio of G(,, and reaction temperature and pressure. Theretfoee,
main focus of this study was to select a suitablialgst and reaction conditions for €0
hydrogenation in a fixed bed reactor. The experisi@rere designed such that the RWGS
reaction could be examined in the forward and velirection, i.e. the “normal” water gas
shift reaction (CO + kD CO, + Hy) was also studied. The consecutive CO
hydrogenation, i.e. methanation reaction (CO +, 3H CH; + H,O) also had to be

considered.

In heterogeneous catalysis, transport processdsri@@k boundary layer diffusion, pore
diffusion) may have an influence on the effectigaation rate, and were also studied in this

work in detail.
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2. Basic theory and background of the work

In the following, some basic aspects of heterogesematalysis and phenomena of mass
transfer in heterogeneous catalysis (gas-solicuditin in a fixed bed reactor), deactivation
phenomena of catalysts are briefly outlined. Son@ Qtilization processes including

reverse water gas shift, and the thermodynami€&®fconversion are also discussed.

2.1 Heterogeneous catalysis

The study of heterogeneous catalysis dates batfletearly 1800s wherearadaywas one
of the first scientists who performed the abilifypdatinum to facilitate oxidation reactions
[8]. After that, the field of heterogeneous catalybas been grown continuously and
attracted several Nobel prizes (for example, in72@erhard Ertl a German physical
chemist was awarded the Nobel Prize in chemistrif® contribution in the area of surface
science). The production of low cost and high dyataw materials, production of
transportation fuels, and pollution control are tim@jor areas in which heterogeneous

catalysis has shown a remarkable impact.

It is well known that the catalyst efficiency igelitly proportional to its surface area. Many
of the heterogeneous catalysts used in today’ssingleonsist of one or more catalytically
active components deposited on the surface of postimaterial having a high surface area,
high porosity, and a suitable thermal and mecharstangth. Heterogeneous reactions
occur in a system in which two or more phases sregnt (e.g. the solid catalyst and liquids

or gases as reactants) and the reactions ocdue atterface between these phases.

2.1.1Diffusion processes in heterogeneous catalysis

The chemical reactions of heterogeneous catalysisrdetween the adsorbed reactants and
the surface of the solid catalyst particle. Thdudibn of reactants to the catalyst surface
(mostly to the inner surface of pores) and theuditin of products from this surface are
purely physical phenomena. In case of catalyticsydisl reactions, the rate of reaction
within a porous catalyst strongly depends uponateessibility of reactants to the active
sites dispersed throughout the porous structutieeotatalyst (Fig. 2-1).
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/
/ Catalyst material

Film diffusion layer

Active center

»
»

Fig. 2-1: Sequential steps involved in heterogeneous catags phase reaction.

Consider a simple gaseous reaction®A B) occurring inside a reactor containing porous

catalyst particles. In order to convert the reactamto product B, the following physical

and chemical processes are important:

1.

Diffusion of reactant A from the bulk gas phaseotlyh the boundary layer or stagnant

gas film surrounding the catalyst particle to themal surface of the catalyst (film
diffusion).
Diffusion of reactant A into the porous structuretloe catalyst particle to the point

where adsorption/reaction takes place (pore oapairticle diffusion).

Adsorption of reactants on the inner surface ofctiitalyst.

Surface reaction of adsorbed reactant A to adsqrbsalict B at the catalyst surface.
Desorption of product B from the inner surfacelsd tatalyst into the pores.

Diffusion of formed products through the porouswwek structure to the external

surface of the catalyst (intraparticle diffusion).
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7. Diffusion of product B from the external surfacetbé catalyst through the boundary

layer into the bulk gas phase.

As a result of these steps, a concentration profdg exist in the catalyst pellet and outside
in the film layer. The steps 3, 4, and 5 are chaimpcocesses, which strongly depend on
temperature typically with effective activation egies of 20 to 200 kJ/mol. The steps 1, 2,

6, and 7 are diffusional processes or mass tramsferelative low temperature dependence
compared to the chemical processes. If these srepgery fast, then there is no resistance
for mass transfer from the bulk phase to the eatesarface area of the particles and to the
active sites inside the pore. So the concentradtae internal catalyst surface is the same
as that of the bulk phase, and the mass transéey dot affect the reaction rate. But in case
that mass transfer is slow relative to the chenveattions, there may be an influence or
control of the overall reaction rate by the maasdfer. The net kinetics obtained from all

reaction steps (1 to 7) is thus called effectiveskics or macro-kinetics.

2.1.2Influence of internal and external mass transport o heterogeneously catalysed

reactions

In heterogeneous catalytic reactions, the condideraf internal and external mass transfer
limitations is very important when experiments pegformed to determine intrinsic kinetic
parameters. According to Arrhenius law, the inigrchemical rate is nearly an exponential
function of temperature and the mass transfer matéess strongly influenced by the
temperature, e.g. for gas diffusion the rate igprtional to about ¥°. Fig. 2-2 shows an
Arrhenius plot of the temperature dependence ofefifective rate constant of a catalytic

reaction for the three reaction rate controllingimees.
Regime of intrinsic kinetic:

At low temperatures, the rate of the chemical ieacts slow compared to mass transport
processes. Therefore only a negligible concentragmadient will be established in the
exterior and interior of the catalyst particle. Tleaction temperature also remains constant
over the entire cross-section of the catalyst pelitel also in the boundary layer. This is
called as an intrinsic region where the true isigrkinetics of reactions is measured. For

this region, the slope of the curve Ip &s 1/T is proportional to the chemical activation
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energy Ea). The reaction rate of gas-solid reactions isrofiescribed with accuracy by a

power law equation:

S (2.1)

The reaction rate usually depends upon the ratstaonk.,) related to the mass of catalyst
(mear), concentration of reactant J, and the intrinsic order of reaction)( The temperature

dependence of the reaction rate constant is giygheArrhenius equation:

2.2)

In the Arrhenius equatiorkyois the frequency factor anBa is the intrinsic activation

energy of the chemical reaction.
Regime of pore diffusion:

At intermediate temperatures, the chemical reactmte is faster than the inner mass
transport (pore diffusion). Between this regime &hé regime of intrinsic kinetic, a

transition regime is located where the slope ofdteve changes with temperature. In the
pore diffusion region, the concentration of reatstaat the pore mouth is much higher than
that inside the pore and drops distinctly. Hereehtre catalytic surface is not accessible to
the same concentration. Therefore the effectiveti@marate will be less as compared to the

rate without mass transfer limitations.

For this region, the effective activation energyrasighly one half of the true activation
energy Ea/2). In general, there is not only the change feaive activation energy but the
effective order of the reaction also changes whenttansition from kinetic to diffusion
control occurs. For an"horder reaction, the effective reaction order apphes the value of

(n + 1)/2 in case of strong limitation by pore dgfon.
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Fig. 2-2: Typical Arrhenius plot of temperature dependenictne effective rate constant of
catalytic reaction; three regimes of reaction @ietrol for low, intermediate and
high reaction temperature.

For a first order reaction the effective rate oémtical reaction is given as

A g (2.3)

where , ' the concentration at the catalyst surface amlthe effectiveness factor which
is a function of the Thiele modulus. The effectiess factor is defined as the ratio of the
observed rate of reaction to the rate in the alesehany diffusional resistance, i.e.

O _0- 0 #$5
S R A N G O

There are several factors which influences thecgffeness factor, such as pore shape and

(2.4)

pore structure (micro-macro), particle size disttibn, and change in volume upon reaction
[9]. The magnitude of the effectiveness factor enfgetween 0 and 1 which indicate the
relative importance of diffusion and reaction liations [10]. The internal effectiveness
factor varies for different catalyst geometriese(§€g. 2-3) and for different reaction orders
(see Fig. 2-4).
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Fig. 2-3: Relationship of the effectiveness factor versusegalized Thiele modulus
(Eq. (2.7)) for different shapes of catalyst.
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Fig. 2-4: Relationship of the effectiveness factor versusegalized Thiele modulus
(Eq. (2.8)) for simple-order reactions [11].

The effectiveness factor as a function of the Ehiglodulus for a flat plate and an

isothermal, irreversible first-order reaction isej as:
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o (2.5)

For the spherical particle, an effectiveness faistgiven as:

, 0, 0 0.
7 TN B 4°B 4

(2.6)

The relation between Thiele modulus and effectigerfactor for a flat plate in Eq. (2.5)
gives the approximation thatequalsl/ for large values of the Thiele modulus ( 2).
The equation of an effectiveness factor for afflate can be used in a good approximation

for any particle geometry with characteristic ldn@t,), which is given by Eq. (2.9).

The dimensionless Thiele modulus)(plays a key role in determining pore diffusion
limitations. For general shape, first order an@wversible reaction, the Thiele modulus is

given as [9]:

.8

759 - (2.7)
' #$$
For a irreversible reaction and order @, the Thiele modulus is given as:
. ?C
< .
769 1 _Oe 8 > (2.8)
= 1O#S$

where ,is the density of particld; ¢ is the effective diffusivity of specigsandL, is the
characteristic length for various shapes whichvsmas:

A+ - . (B

" O F (( 1.6

(2.9)

The characteristic length for cylinderslis= dy/4, for spheres, = d,/6 and for flat platd,

(whered, is the particle diameter a2l is the plate thickness).

The point at which a pellet of optimal dimensiorowi the transition from chemical to

diffusion control region is practically importarBmall particles have a low characteristic
length, which decreases the value of the Thieleulusd(see Eq. (2.7) and Eq. (2.8)) and
thus increase the effectiveness factor, and loterpore diffusion resistance. On the other

hand, a small particle size creates a high presbopein a fixed bed reactor. Therefore from
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industrial point of view, it is very important toave particles with appropriate size that
balance between the pressure drop across the stabalg and the effects of the diffusional

resistance within the catalyst particles.

The pore structure of porous media may be extrecatyplex and is often not well defined.
So it is common to describe the diffusion of a gaspores in terms of an effective
diffusivity. The general, inside the catalyst pelgffusion may occur by means of three
different modes, surface diffusion, molecular dsfitn and Knudsen diffusion [12]. For
most industrial catalysts and conditions used, onblecular and Knudsen diffusion are
considered. In the regime, where the ratio of theepadius to the mean free path of the
diffusing molecule is greater than about 10, mdecdiffusion dominates the overall mass
transport. In the regime, where the ratio of theep@dius to the mean free path of the
diffusing molecule is less than 1, Knudsen diffasmore and more dominates the transport

phenomenon called (Knudsen regime). The effectiffaesivity is given as
Eg
D uss _sD 8FG# (2.10)

whereH; is the porosity andg is the tortuosity of the porous structure. Poyostdefined

as the ratio of pore volume to the total volumetlad catalytic particle. In general, the
porosity is typically in a range 0.25 to 0.7. Tleetwosity factor is a structural factor and
usually determined experimentally. It is definedths ratio of the actual length of the
diffusion path to the straight-line distance betwélge ends of the flow path. So, tortuosity
is always greater than 1 and independent of th@deature and nature of diffusing species.

Some catalyst materials with their porosity anduosity are shown in Table 2-1.

If the mean free path is much smaller than the gameension, the collision arises within
other gas molecules more often than the collisidth ywore wall. In this case the effective
diffusivity is independent of the pore diameter amtly the ordinary molecular diffusivity is
described in the absence of experimental data byguke well knownStefan-Maxwell

equation of diffusion [12].

10
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Table 2-1: Porosity and tortuosity of various catalysts.

Material Porosity Tortuosity Reference
Pt-LSM oxide 0.3 6 [13]
Ni-YSZ oxide 0.3 3 [14]

10 % Pt on carbon 0.4 1.1 [15]

1 % Pd on alumina 0.5 7.5 [16]
1.5 % Ni, 4 % Mo on alumina 0.6 1.3 [17]

7 % Cp0Og3, F&O4 0.6 11.1 [18]

2.9 % AbOs, 1.44 % KO, FeO, 0.52 12.5 [18]

If the pore diameter is very small compared to thean free path of the diffusing gas
molecules and the density of gas molecules is ltw, gas molecules collide more
frequently with the pore wall than with each othier.this Knudsen region, the Knudsen
diffusivity D | ; of a gas species in a pore is given by

8FG¢.9K L
3 VN

D, (2.11)

where gegy IS the pore diametef, is the temperature in KelviR is the gas constant and
M; is the molecular weight of gas speciesAccording to Eq. (2.11), the Knudsen

diffusivity D |5 is proportional td.@fandis independent of pressure.

If both molecular diffusion and Knudsen diffusioontribute to the pore mass transport, the

combined diffusivity (transition diffusivity) caretapproximated by tH@osanqueequation [19]:

0 0 - 0
Dgrat D rg Dy

(2.12)

Regime of external mass transport:

At very high temperatures, external mass trans@im diffusion) may become the rate
controlling step. The concentration within the &zt pellet is then almost zero and the

reactants react immediately on the outer surfaceat#lyst. In this region, the slope of the
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curve of effective reaction rate gets small (sep Ei2), and the effective activation energy

is in a range of only 5 to 20 kJ/mol.

The effective reaction rate due to external massster can be expressed in terms of particle

mass (mol kg s?) as:
#ss RS x U vS W (2.13)

(m/s) is the mass transfer coefficieBtyr (m’kg) is the external surface area of
catalyst, andCiy and Cis (mol/m®) are the concentrations in the bulk phase anchat t
external particle surface, respectively. WBen X R S 41 the external mass transport is
rapid compared to the consumption by the chemieaktron in the particle, and the
concentration at the external surface is almosakiguthe concentration in the bulk phase of
the fluid.

For a spherical particle, the external mass transfea is given by (withg as particle
density):

Y

8.8

(2.14)

The mass transfer coefficient)( depends upon the particle size, particle geometry
molecular diffusion coefficient{ o 4, and the hydrodynamic conditions such as velocity
and viscosity of the fluid. Depending upon the dagienless Sherwood numbesH|, the
value of can be calculated as:

D
R —X° (2.15)
8

The Sherwood number represents the ratio of coiveetd the diffusive mass transfer.
Several empirical correlations have been proposéted to the Sherwood number. One
correlation for the Sherwood number for a singldigia (Sh,) using Reynolds numbeR§
and Schmidt numbeBg proposed bydayhurst andParmar[20] is given as

s =<zZM] | (2.16)
The Sherwood number for the mass transfer in afbex €h is

0< O] 205 hdb (2.17)
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whereH, is the bed porosity, which is defined as the ratigoid volume to the total volume
of bed.

The Reynolds number is defined as

*
8

c

(2.18)

Its value depends upon the interstitial velocity, (kinematic viscosity of gas ), and the
particle diameterd). The interstitial velocity (velocity within theed) is higher than the
superficial velocity, and can be calculated by g of the superficial velocity to the bed

porosity ¢ * gOH).

The Schmidt number is defined as

C

2.19
5 o (2.19)

The correlations for mass transfer are similar hosé for in heat transfer where the
Sherwood number is replaced by the Nusselt nunibgr §nd the Schmidt number by the

Prandtl numberRr). For gases, botScandPr are about 0.7.

The effective reaction rate for a first order re@cby considering internal and external mass

transfer resistances is given as:

@
0 0
‘ e < h 2.20
C uss o f Rg Vv (2.20)

2.1.3Catalyst deactivation phenomena

The deactivation of catalysts is a phenomenon iiclwvtine structure and state of the catalyst
change leading to loss of active sites causingcaedse in activity and/or selectivity over
time. There are many causes of catalyst deactivatiich are divided into four main
categories [21, 22] (Fig. 2-5).
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Fresh pore Aged pore
Sintering
Alloying
Poisoning
Fouling
©  Support material @) Poison Particle
® \Metal particle ¢ Carbonaceous deposit

Fig. 2-5: Deactivation phenomena’s of catalyst by the meisma of sintering, alloying,

poisoning, fouling and coking (modified after [23])
Sintering:

The deactivation may be the result of the losshefdatalyst surface area due to crystallite
growth of the catalytic phase or the loss of suppoga. Generally, sintering is irreversible
and occurs at high temperature where metal atorgsatei and grow to metal crystallites
thereby changing the particle size distributione Tate of sintering increases exponentially

with temperature. Sintering rate is also dependijmgn some other factors such as [21]:
(a) Type of metal (e.qg. rate of sintering for NYB4 is less than Pt/ADs).

(b) Presence of promoters or impurities (e.g. @) 32eQ, BaO reduce the rate of sintering
by decreasing the atom mobility, and S, Cl, Pbedruce the rate of sintering by increasing

the atom mobility).
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(c) Atmosphere (e.g. for metals, sintering is mostpid in oxygen atmosphere while

relatively slow in hydrogen).

(d) Metal dispersion (e.g. for Ni/SgOmetal dispersion is strongly affected on the wfte
sintering for T > 650 °C).

(e) Support surface area and porosity (e.g. theedsmg order of stability of Pt on different
supports in vacuum is Pt/AD; > Pt/SiQ > Pt/C).

Poisoning:

Poisoning is defined as the loss of catalytic agtidue to the chemisorption of impurities

on active sites. However there is no clear diffeeebetween temporary and permanent
poisoning. A strong poison at low temperatures rbayless harmful at high temperature
[24]. Poisoning may decrease the activity but may affect the selectivity or sometimes

even may enhance the selectivity.

Sulphur plays an important role as a poison in maayalytic processes such as
hydrogenation, methanation, steam reforming, Fis@hepsch synthesis, and fuel cells
[21]. For example, in refineries the catalytic mafiing Pt catalyst strongly adsorbs sulphur
that poisons the catalyst [24]. The deactivatiorPdD-ALO; catalyst in lean-burn natural
gas engine exhaust is due to the contaminationdayaBd HO [25].

Fouling and coking:

Fouling is the physical deposition of species frima bulk fluid phase onto the catalyst
surface resulting in loss of activity due to blog&eof active sites and/or pores [21]. The
terms carbon and coke are somewhat arbitrary amdedated to their origin. Carbon is
generally the product obtained by CO disproportimma while coke is obtained by
decomposition or condensation of hydrocarbons bl polymerised heavy
hydrocarbons) on the catalyst surface [21]. Thectiletion of catalysts by coking is very
common in industrial processes [26]. Zeolites anewkn to have a high catalytic activity
towards coke formation over the temperature rarfg800 to 600 °C, which effects the
diffusional properties of zeolites [22]. In the peat study, the coke formation was observed

in CO hydrogenation and water gas shift reactioiétemperature range of 450 to 650 °C.
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Alloying:

In alloying, a combination of two or more metalkds place at high temperature
(particularly under reduction conditions). Alloyimgay change the activity and stability of
catalyst. The Cu-Zn alloy formation during the retion of the catalyst in the temperature
range of 230 to 500 °C with a mixture of Bhd N deactivates the catalyst and reduces its
activity for the water gas shift [27]. Other exampke formation of RhAD, in Pt-Rh/AbO;
catalysts in catalytic converters for reductiorcaf engine emissions, formation obLAli,O4
during steam reforming over Ni/&D3;, and formation of KAIQin FTS.

2.2 Utilization of COfor production of chemicals and fuels

The energy related GGemissions have increased with an average annosltiymrate of
1.9% from 1990 to 2007 and the emissions are eggdedotrise with an annual rate of 1.3%
until 2035 [8]. The global C&emissions from fossil fuels combustion increasenfnear by
zero in 1870 to 29.7 billion metric tons in 200are projected to increase up to 42 billion
metric tons in 2035 [8]. The analysis of world agyerelated carbon dioxide emissions by
the consumption of fossil fuels (Fig. 2-6) showattboal is the largest source of carbon
dioxide (12.5 billion metric tons), followed by bgl fuels (11.3 billion metric tons), and

natural gas (5.9 billion metric tons).

50

History 2007

Projections

40
Total

30

20

10

CO, emission [billion metric tons]

__.._—————l"—"""'—’f Natural gas

0
1990 1995 2000 2005 2010 2015 2020 2025 2030 2035
Year

Fig. 2-6: The world energy-related carbon dioxide emissionfuel type [8].
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To avoid CQ emissions, various measures such as recoveryyvegnand storage disposal
have been proposed. Carbon capture and storage tege amounts of energy for its
capture, transportation, and sequestration. Thexetioe utilization of C® in chemical
conversion processes may become an important ogtonsustainable development,
mitigation of carbon emissions, and to avoid glolafming. The various direct and indirect
uses of CQ@ are shown in Fig. 2-7. The potential of £ the direct use is very low
compared to indirect use. The indirect utilizateinCO, has advantages such as production
of value added chemicals, environment friendly pssing, and non-hazards process
utilization of CQ.

Salicyclic Acid Urea

Inorganic carbonates Isocyanates

Methanol (Aditive) Esters

Fire extinguishers

refrigeration system Lactones

Calcium carbonate precipitation Polycarbonates

Blowing agent

Waste watertreatment Solvent

Supercritical fluid

Carbonated beverages
and food packing

PH control Syntheticfuel
Enhancenced oil recovery Welding system  (viaFischer-Tropsch)

Horticulture
Under
Research

Dimethyl ether
Synthesisgas  (Methanol dehydration)
(Dry reforming)

Methanol
(CO,+H,)

Styrene

(Ethylbenzene dehydrogenation) Acitic acid

(CO,+CH,)

Dimethyl carbonate
(CH;0H+CO,)

Fig. 2-7: Various direct and indirect pathways of £@ilization (modified after [5]).

Until today, CQ is not used in its fullest potential even in thdiiect way of utilization
because of its high thermodynamic and kinetic Btgbirhe use of efficient catalysts and
selective reaction pathways are needed to pronfwereaction rate. Undoubtedly, the
chemical industry can only make little direct cadmition towards the reduction of overall
CO, emission. According to current estimates, the c¢baimndustry could contribute to
convert around 1% of global G@missions into chemical products [3]. Table 2-@vehthe

utilization of CQ in various chemical conversion processes in 2006.
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The fixation of CQ into these organic compounds refers to reactionat uke the entire
molecule. The detail description for the synthedithese organic compounds using ©
given in appendix A. All these processes use @Oproduce value added products in an
environmentally friendly way where utilization pat&l assisted in terms of less energy use

and lower waste production.

Table 2-2: Industrial process utilization of GGs a raw material for synthesis of organic

compounds [28].

Industrial processes that World capacity per year Amount of fixed CO,
utilize CO, as raw material [million tonnes] [million tonnes]

Chemical synthesis:

Salicylic acid 0.07 0.025
Urea 143 105

Cyclic carbonates 0.080 0.04
Poly (propylene carbonate) 0.070 0.03

Fuel synthesis:
Methanol 20 2
Synthetic natural gas - -

Other fuels - -

Table 2-2 clearly indicates that the amount of,Gflized today for the production of
organic chemicals and fuels (methanol) is very saabund 100 million tonnes) compared

to today’s global C@emissions of around 30 billion tonnes.

It should also be noted that only around 10% ofglobal crude oil consumption is used
today in the chemical industry. The majorly is usediquid fuels such as gasoline, diesel
and heavy oil. Hence, an effective use of,(@xh regard to a noticeable reduction of the
global net emissions of G@an only be reached, if the @(.g. separated from flue gases
or in the very far future from air) is utilized fduels, e.g. by reverse water gas shift and

subsequent Fischer Tropsch synthesis.
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The reverse water gas shift reaction technologg Emple and effective way to utilize
carbon dioxide in many industries [29, 30]. Thiaaton occurs at high temperatures where

CQO; is converted with BHinto CO and water.
i p<jp k i < jp ' J Ipmo  PO[= qC-+ (2.21)
Several mostly unwanted parallel and side reactomg also take place:
The Sabatier reaction:
ibp<pipk Jr < F5 1] lpmio  50Y qC-+ (2.22)
The Bosch reaction:
i p < Fp Kk < = p 1J lpmio 5\Z[F qC-+ (2.23)
Boudouard reaction:
=s Kk < ip 1l Tpmio 50t=[y qC-+ (2.24)
Methanation reaction:
s < 3pk Jr < jop j lpmo  5=2ZY qC-+ (2.25)

The reverse water gas shift reaction has been krnowhemistry since the mid 1800's but
no experimental work was done to reveal its viapi[B1]. Since the last two decades,
studies have been focused on catalytic conversibrC©, to industrially important
chemicals such as light olefins and liquid hydrbocas. Depending on the reaction route
and catalyst used, it is divided into two groupsieQs the hydrogenation of GQo
hydrocarbons via methanol synthesis [32, 33] witieimbines two reaction steps: methanol
synthesis from C@ and subsequent conversion of methanol to gasdijnghe MTG

process:
bp < 3pk juj < jel ) lpmo  SP\[ qC-+ (2.26)
=i Ji k jJodiu< e v (-0,. w[ (2.27)
Alternatively, methanol can also be used directhgaid fuel, but the infrastructure is not

yet established. The second route to convert @@ liquid hydrocarbons is Fischer

Tropsch synthesis [34-36], which also combines $taps: hydrogenation of carbon dioxide
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by reverse water gas shift reaction (Eq. (2.21)), dhen, further hydrogenation of CO to

hydrocarbons:
I <5 pVv Bj pd54< J lpmo  50= qC-+ (2.28)

The term (-CH-) represents a methylene group of a paraffin. Tduge is discussed in some

details in the subsequent chapter.

2.3 Concept of production of liquid fuels from CO, via reverse
water gas shift (RWGS) and Fischer Tropsch synthesi(FTS)

The concept for production of liquid fuels from €@a RWGS and FTS was recently
described and discussed [37], where some moresletal be found. Here only some main
aspects should be outlined.

Electricity produced by solar energy (or other kealeles) can be used to produce liquid

fuels like diesel oil with no or little net G@roduction by the following steps [38-42]:

a) Separation of Cofrom flue gases (or in the long run even fromdbmosphere).

b) H, production by high temperature water (steam) mgis and non-fossil electricity:
3jps V 3p < O0[ip ]jlpmo 3= qC-+ (2.29)

c) CO production by reverse water gas shift (Eq. (9.21
d) Fischer Tropsch synthesis of hydrocarbons (prefei@idiesel oil) (Eg. (2.28)).

In summary we get:
I p<jps vV Bjpd4< O[ip jlpmo tpt qC-+ (2.30)

If we compare Eg. (2.30) with natural photosynthesi
: : o . :
l'p < ]pS V y ¥ el «x < Ip (2.31)

we may regard this process as a technical photoessist (TPS, Fig. 2-8). This route is also
called carbon capture and conversion (CCC) [42]mQared to the products of natural
photosynthesis (e.g. wood), those of the techiphatosynthesis have a much higher energy

density related to mass (factor 3) and even mdateakto volume (factor 6).
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Air/
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CO/H, ' ﬁ

Energy mmp RWGS |:> FT-Synthesis

i)
Energy mmp Electrolysis |:> . ﬂ

ﬁ Energy mmsp Hydrocracker

Fig. 2-8: The simplified flowsheet of a plant for productiof liquid fuels from CQ by

Fischer Tropsch synthesis and solar energy.

The technical photosynthesis may also be helpfukfergy storage and transport. Liquid
fuels have excellent storage, loading and transpepabilities, and appropriate large-scale

storage technologies will be needed in future lierdfficient use of renewable energies:

(1) Many renewable energy sources (most notably saidrveind) are subject to natural
fluctuations. These have to be compensated fortdoyng excess supply peaks, which
increases the efficiency and economic value of waldée energy, and keeps
instantaneous electrical generation and consumptiarbetter balance.

(2) The economically most practical method of develgpatternative energy sources is to
make use of the earth's sunbelt and high-wind zdn#isthese regions are mostly far
away from consumers. Hence, there is a need faitab$e carrier of energy in order to

transport the energy from the source to suitablkets.

One could also think of using the hydrogen gendrbieelectrolysis directly for storage and
transport of solar-electrical energy. But the egealgnsity of liquid hydrogen is only 0.2
toe/nt (and even only 0.1 toeffor compressed Hat 700 bar and 25 °C) compared to

diesel oil with 0.8 toe/m(toe: tonnes of oil equivalent, 1 toe = 42 GJ)e Tiuefaction and

21



Basic theory and background of the work

transport of H is not easy: High safety requirements and a ndérastructure are needed,
e.g. 20% to 30% of the energy content is consunoediduefaction [43] and 8% for

transport as compressed gas via pipelines (per R®)(44].

For a preliminary basic layout of a TPS plant fog production of liquid fuels from C(y

solar energy and Fischer Tropsch synthesis (FT&Sjalfowing assumptions were made:
Hydrogen production

H, is generated by high temperature solid oxide elfatis (HTE) at 830 °C. According to
Stootset al. 124 MJ electrical energy are consumed pgerk(= 13.8 MJ per kg converted
H,0) [45]. If we use the energy released by the estmtiic Fischer Tropsch synthesis for the
production of saturated steam (22 bar, 215 °C) (etew), the energy needed to overheat
the steam (215 830 °C) is 1.4 MJ/kg. Hence in total, 137 MJ eieal energy is needed
per kg B (= 15.2 MJ per kg converted,@).

Desalination of seawater

If freshwater is not available, seawater has todésalinated to produce the feed of the
electrolysis. 7 kJ electrical energy is sufficiper kg water, if reverse osmosis is used [46].
This requirement is only 0.04 % of the energy oé thubsequent electrolysis. For
comparison: 170 kJ/kg is needed, if multi-stagsffldistillation is used [44], which is still

only 0.9% compared to what the electrolysis consume
CO; production

CO; has to be separated from flue gases (or on thgerlam even from air). The inescapable
energy requirement (in J/mol Gof concentrating COfrom a gas mixture is given by the
laws of thermodynamics, as we have at least tocovnee the difference of the entropy of the

mixture and of the pure compounds (see Fig. 2-9):

5{,,. L+U;; W6 W5{;; WL+UW5{, W
{1

y Lz (2.32)
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cnergy requirement
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Fig. 2-9: Inescapable energy requirement of concentrating, @©Om flue gases
(11 vol.-% CQ) and air (300 ppmv Cfat 25 °C (Eg. (2.32)).

For separation of COfrom flue gases with typically 11 vol-% GOQthe minimum energy
requirement is 7.8 kd/mol (177 kJ/kg) and for &r42kJ/mol CQ (509 kJ/kg). In the ideal
case, each mol of COs finally converted by FTS into one mol of ggroups (hydrocar-
bons) with a heating value of 595 kJ/mol = 4250{kdeJHence, the energy requirement for
CO, separation is 3.8% (air) and 1.3% (flue gaseshefenergy content of the liquid fuels
produced by FTS. Of course in reality, much morergy is consumed at the current status
of technology. Here we use a value of 1.2 MJ/kg @®given byGoéttlicher andPruschek
[47] for CO, separation from flue gases by chemical absorpfibis value is 7 times higher
than the inescapable energy requirement. For €&paration from air, a value of 3.6 MJ/kg
CO;, (= 7 Enin) may be taken as a first estimation. In the ideale of a technical photosyn-
thesis, 3 mol water are converted by electrolysismol of CQ (Eg. (2.21) and (2.29)), i.e.
1.23 kg HO/kg CQ. Hence, for the conversion of 1 kg of £€@4.5 MJ are needed for
electrolysis of water compared to 1.2 MJ for C&@paration from flue gases and 3.6 MJ

from air.
Reverse water gas shift

H, and CQ are converted to #0 and CO by RWGS at a temperature of about 800AtC.
the reactor outlet, the thermodynamic equilibriusnreached as proven by respective

experiments with a Ni-catalyst (see section 5.1 Teactor is heated (e.g. electrically). If
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heat losses are neglected, the required energ¥ ksJ4nol CQ (Eq. (2.21)) or 932 kJ/kg
CO..

Fischer Tropsch synthesis

Production of synthetic fuels via FTS has the piaémno produce fuels like gasoline and
diesel oil as well as petrochemicals from fossill @a@newable sources. In recent years, the
availability of cheap natural gas, coal, and biosnaas given momentum to FT technology.
The worldwide FT plant capacities will increasduture, today with natural gas favoured as
feedstock. In 2015, the worldwide annual productibhiquid fuels via FT will be around 30

million tonnes, mainly produced in countries likeush Africa, Malaysia, and Qatar.

Beside of the main reaction of the FT synthesis. (28)), methanation (Eq. (2.25)) is
often considered as a separate reaction. The ib@ction that plays an important role (at

least if iron based catalysts are used) producesnted CQ by the WGS reaction:
i< jp k i p<ijp  tjlpmoe SpO=qC-+ (2.33)

Two reactor types are currently favoured for F e, multi-tubular fixed bed and the slurry

bubble column. FT reactors are usually cooled birigowater. Saturated steam is produced
and may be used after further heating as feech®HITE. A typical FT cooling temperature

is 215 °C [48]. The required thermal energy is tBen MJ per kg saturated steam = 48.6
kJ/mol. Hence, 3.1 mol of steam can be generatedhpeCO converted by FTSI( pmno

= - 152 kJ/mol CO), which is the amount needeckfectrolysis.

Typical selectivities (in C-%) of the FTS with Fatalysts (30% CO conversion per pass,
i.e. recycle of unconverted syngas has to be ledjahre: 18% C¢ 5% methane, 11%,C
to C;, 10% gasoline, 17% diesel and 39% waxes [48-50¢ Waxes are further converted
(mainly) to diesel oil by mild hydrocracking at B&r and 350 °C [51].

All light hydrocarbons (methane tosCand also the COformed by the water gas shift
reaction in the FTS (Eq. (2.33)) may be recycleth® RWGS unit to be finally converted
by steam reforming (reverse of Eq. (2.25)) or by RWGS (Eq. (2.21)) to CO and,H
respectively. In summary we get the following mbaknce: For each mol of fresh g@e
have to recycle approximately 0.18 mol £&nd 0.18 mol carbon (as; @ ) into the
RWGS reactor. Hence, about 2 times more energyeexed to run the RWGS reactor

24



Basic theory and background of the work

(1.18 x 41 kJ/mol C®and 0.16 x 206 kJ/mol C ag @ C, compared to 41 kJ/mol without

recycle).

Based on the above listed assumptions and factsstamation of the energy requirements
for the production of liquid fuels from Gy FTS and solar energy is possible (Table 2-3).
The energy required for the conversion of .0 CO is calculated by including the
conversion of recycled Cand G to G, hydrocarbons (counted as @Hooth unwanted by-
products of FTS, and RWGS and steam reforming (sevef Eq. (2.25)), respectively.

Table 2-3: Estimation of energy requirements for the produciof liquid fuels from CQ
by FTS and solar energy (conversion of 1 kg @0.32 kg liquid fuels).

Process/energy output Energy [kJ] Comment/assumptio

Separation of 1 kg CO
from flue gas (air)

Value from [47],which is 7 times the

1200 (3600) thermodynamic minimum (Fig. 2-9)

Conversion of C@to CO

(RWGS) 2144 Only counting enthalpy of reaction

Desalination of 1.23 kg

9 Reverse osmosis plant
seawater

13.8 MJ/kg HO electrical energy for
HT-electrolysis of 1.23 kg 18700 electrolysis [45] and 1.4 MJ/kg to
water overheat saturated steam generated in
the FTS (215 830 °C)

Heat of reaction is used to generate

FT synthesis i saturated steam (215 °C, 22 bar)

Total required energy 21773 (24173)

Production of 0.32 kg liquid

13600 Heating value of fuel = 42500 kJ/kg
fuels

62%

(= 13600/21773) C©2 from flue gases

Process efficiency

56% |
(= 13600/24173) SOz from ar
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The process efficiencies are 62% and 56%, respgdgtiif the CQ is separated from flue
gases or air. These values are comparable to tlepseted for the production of (non-
renewable) liquid hydrocarbons based on coal (3&A6) tar sands (57%) [52]. Table 2-3
shows the overall efficiency for the productionrehewable liquid fuels depends critically
on the method and energy requirement for the ellgsis of water and on the method used
for CO, capture. The most important aspect is the restnodf electricity production by

solar energy or other renewable sources. The dveeas balance is shown in Fig. 2-10.

CO; capture from flue gases in the short and medium {@nd hopefully in the long term

from air) and subsequent conversion to liquid fuslsan attractive alternative to GO

sequestration, as the latter option is problemdtie collective leak rate of the geologic
reservoirs must be significantly lower than 1% owecentury-to-millennium time scale.

Otherwise, after 50 to 100 years of sequestrati@yearly emissions will be comparable to
the emission levels that were supposed to be neftiigan the first place [53]. Secondly, a
significant fraction of the existing fossil-derivggbwer plants are too remote from the
location of suitable geologic reservoirs. And thirdhe available space is too small. For
example, the US Department of Energy is doing wamksequestration with the goal of
15 Gt CQ storage by 2050, which is still small compareth®oCQ emissions of 6 Gt/a [53].

Fig. 2-10: Mass and energy balance of process for productidiguid fuels from CQ by
FTS and solar energy (or other renewables). Vabfesfficiency () and
energy input represent case of £&&paration from flue gases and in brackets

case of CQseparation from air.
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In a joint cooperation of the Chair of Chemical Ewgring of the University Bayreuth and
the SunFireGmbH (Bremen), the process steps of the reverserwas shift and of the FT
synthesis under the specific conditions of the @ssdo turn carbon dioxide to liquid fuels
are studied.

SunFireGmbH is aiming to commercialize a FT process ifpuit fuels from CQ and HO,
and is developing this technology together witlestfic and industrial partners. The main
focus lies on the development of industrial stedeateolysers (together witbtaxeraGmbH
(Dresden) an&IFER (Karlsruhe)). The long term goal for the energetieciency including

CO, from ambient air (in cooperation wi@limeworksGmbH, Zirich) is > 65%.

In this work, the C@ hydrogenation (and not FTS) is studied at highpematures and

atmospheric pressure, where reverse water gas ishiftvoured thermodynamically and
produces CO as the most valuable product. A Nilgsttananufactured by Stid-Chemie was
used in this work. Thermodynamic aspects and theecuknowledge of the kinetics of the

CO, conversion and methanation are subsequently disdus

2.4 Thermodynamics of CG, conversion (reverse water gas shift

and methanation)

CO, is a highly stable molecule and therefore its dbamtransformation requires
significant amount of input energy (high temperajureffective reaction conditions, and
very active catalysts [54]. Chemical reactionsdonversion of C@involve positive change
in enthalpy, and thus they are endothermic. Formge, CQ reforming of methane
requires about 20% more energy input compared g¢anstreforming of methane [54].
Chemical reactions are driven by the differenc&ibbs free energy between the products

and reactants as given by the equation below.

Z, J 5 (2.34)

Wherez, Is the change in Gibbs free energy (at 1 bpar), is the change in enthalpy,
is the absolute temperature in K, and is the change in entropy. The Gibbs free energy of
formation for CQ and related compounds are shown in Fig. 2-11. Rimgnanalysis of
thermodynamic data, it is clearly understood thaténergy requirement for only ¢@s a

single reactant is more than the £@ed as a co-reactant with other compounds. leroth
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words, thermodynamically it becomes more feasibl€®, (Gibbs free energy of -394
kJ/mol) is used as a co-reactant with other reéstamich has higher Gibbs free energy
(less negative), such as € 0 qO -+4 , carbonZ qO -+4,and H (Z qO -+4.

Fig. 2-11:Gibbs free energy of formation for G@nd related compounds [54].

As mentioned before, the reverse water gas shaftti@n is an endothermic reaction which
is thermodynamically favourable at high temperagur€he equilibrium constari, is
defined in terms of the equilibrium partial pregsupr concentrations of the reactants and

products is given as:

1 1 ~ -~ Z.
€8 QM” .MH CB% I_Lh (235)
e s - - 4

The equilibrium conversion of GOnay be calculated from the equilibrium constiénts a
function of temperature. For the case where eqami@ed of CQ@ and H are fed to the

reactor (i.e. ¥o2 = Yu2 and y.0= Yu20= 0), the equilibrium conversion is given as:

28



Basic theory and background of the work

%Eg
0< %Eg

T|} — (2.36)
The Gibbs free energy of GAydrogenation reaction as a function of tempeeaisiigiven
as [55]:

Ottp |t

z, 3=l0\t 5 Z|Z30ZpL2€A< ——,

C-+ (2.37)

The Gibbs free energy and equilibrium constant bancalculated by using computer
program. The expression for equilibrium constégtas a function of temperature for

RWGS reaction is given by Twigg [56] as

0
1
e 1CBEZR33 &< ZV3ZK S < pOtK S< ZI3OVKH (2.38)
Eede S 1 OZZZG 50
‘ L2€4

The Gibbs free energy and equilibrium constant ©f Bydrogenation reaction as a function

of temperature is shown in Fig. 2-12 and Fig. 2f&3pectively.

Fig. 2-12: Thermodynamic equilibrium of C{hydrogenation described by the Gibbs free

energy change as a function of temperaturg (¥ Y2, Yco= Yrzo0= 0).
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Fig. 2-13: Thermodynamic equilibrium described by the equilliim constant of reaction as

a function of temperature 2 = Y2, Yco= Yn20= 0).

Fig. 2-12 shows that the, changes from positive to negative above 800 °G. Fl13

shows the equilibrium constant of the reaction Whitcreases with increase in temperature.

In the RWGS reaction, it is impossible to get coetgl conversion even at a high
temperature of about 1000 °C equilibrium (Fig. 2ab#l Fig. 2-15). So, the equilibrium can
be shifted to the right either by using an exces$ipor by using a gas recycle. The
equilibrium conversion has been calculated for RWWGS reaction without methanation
(Fig. 2-14) and with methanation reaction (Fig.3-I'he RWGS reaction with methanation
behaves differently than without methanation areetuilibrium CQ conversion decreases
with increasing temperature in the low temperattaege where methane formation is
favoured thermodynamically. At high temperature, thmeation reaction is totally

suppressed thermodynamically and the normal RW@&iom proceeds.
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P
i
y /el

XCOZ,equi [C'%]

Temperature [C]

Fig. 2-14: Thermodynamic equilibrium calculation for G@onversion in RWGS reaction
without methanation (p = 1 atm, R = HCO; ratio).

\\/—//’
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W
/co2 +H, CO,CH, H,0

XCOZ,equi [C'%]

Temperature [C]

Fig. 2-15: Thermodynamic equilibrium calculation for G@onversion in RWGS reaction
with methanation (p = 1 atm, R = HCO; ratio).

As described in section 2.3, liquid fuels can bedpced from CQ At a high temperature,
CO; hydrogenation can only produce CO arngDHas a product. The outlet gas composition
after removal of HO from syngas containing small amounts of,@@n be further used for
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the production of fuels via Fischer Tropsch synthe&xemplarily, the equilibrium
composition of syngas is shown in Fig. 2-16. Fongerature above 750 °C, atmospheric
pressure, and #CO; inlet ratio of 2, the C®hydrogenation can give the required ratio of
syngas for the production of fuel. For exampleB8@®d °C and atmospheric pressure, the
equilibrium composition at the reactor outlet is%%TO, 28% H, and 15 vol.-% C@
Hence, the CO/Hratio is about 2.

Fig. 2-16: Equilibrium composition of syngas after removalvediter over temperature in
CO, hydrogenation reaction with methanation (p = 1 &teiCO, = 2).

2.5Kinetics of reverse water gas shift reaction and ntkanation

Two general mechanisms have been proposed for matba of CQ over Ni containing

catalyst433, 57-59]. In the first mechanism of methane fation, initially CQ undergoes

rapid dissociate adsorption with the formation @@ @nd atomic oxygen on the catalyst
surface and, then, further steps coincide with G@rdgenation steps, where further
dissociation of CO occurs into intermediate carlbon oxygen. The intermediate carbon
species is then hydrogenated in a chain mecharosfortn methane. In this case, €0
hydrogenation principle would have to become simaa that of CO hydrogenation. The

mechanism proposed for both €é&hd CO methanation [58] are shown in Table 2-4.
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Table 2-4: Mechanism for methane formation from £&hd CO [58].

"
spk sZ<s? #$
ep k =2 #$
s?k s #$
sZk Z<s? #$

Zcellg o2 #$
e <ok o} #$
e d<olik ol #$
clcaly 2 #$
e 2k o, #$
i Z<jZkij ? #$
ij Z<j 2Kk jpi? #$
i pi 2K j pi #$

The second mechanism involves the pathway that doesequire initial transformation of
CO, to CO. Instead, the hydrogenation of £© methane occurs directly through the
formation of intermediates (Table 2-5). This explthon was given on the basis of the
difference in specific activity and selectivity Wwitespect to methane formation in CO and
CO; hydrogenation reaction [59]. According to [59]etsteps 13 and 14 are fast and step 15
is slow, and the subsequent steps 16 to 23 arardstreversible.
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Table 2-5: Mechanism for methane formation without CO formatj59].

"
spk si 203
ep k =o? 20p-
si<e?k sso ? 204
sse Z<eZk g Z< ge Z 20Y:
Se Z<ell o Zcge? 20t4
e 2ol o 4 20K«
e E<olk o2 20\4
-5<-2k -rz 2=2:
e 2k o, 2=0
ij Z<j?kjpi? 2==
i pi 2K j pi 2=3¢

The direct hydrogenation of GQo hydrocarbons (Eq. (2.39)) using laser generatau
carbide catalysts has been recently investigated=ibyo et al. [60]. This reaction is
proposed to proceed via dissociative adsorptiortasbon dioxide into CO and oxygen
followed by further hydrogenation of the adsorbpdcses on the catalyst surface via chain

reaction mechanism.
[ p < 3] pVv 5] p54< :j pi ] IPmIO SOOZ[K qC-+ (2.39)

The transformation of COand B depends upon many factors. Several attempts hese b
made by several investigators to overcome thediinmns of RWGS reaction. Several noble
metals (e.g. Pt, Ru, Pd) and transition metals. €wy Ni, Fe, Co) supported on different
metal oxides (e.g.-Al,03;, CeQ, SiO;) have been explored to carry out RWGS reaction
[30]. The various catalysts investigated as:
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Copper catalyst:

A catalyst with 12 wt.-% Cu loaded on alumina hheven a good activity and excellent
selectivity to CO in C@hydrogenation [61], where 28% conversion of,Gixh 100% CO
selectivity at 350 °C and atmospheric pressureeastablished. The reaction was carried out
with H,/CO, feed ratio of 4 and at a space velocity of 100ggdin. The exclusive
selectivity to CO was obtained on Cu compare teotatalyst such as Ni, Ru, Rh and Pt on
alumina. These catalysts produce only,@¥#hile Pd catalysts give both Glnd CO under

the same reaction condition.

A catalyst with 5 wt.-% Cu supported on alumina/(0O, feed ratio of 3, space velocity of
100 ml/gaf/min, 220 °C, 3 MPa) produces CO and4OHi with the selectivity of about 87%
and 7.5%, respectively [62]. Sometimes, the catadypport may alter the selectivity of
product. With the same amount of Cu on Sife selectivities are about 87% and 13% for
CO and CHOH, respectively while on Ti©the values are 92.5% and 4.3% for CO and
CH3OH, respectively and 2.9% for GHSimilarly, when 5 wt.-% Cu/Si{catalyst operated
at 350 °C (pressure of 0.2 bar, gas recycle lommbaa H/CO; ratio of 4), the selectivity of
CO was about 97% with small amount of £41.5%), GH4 (<0.5%) and @Hg (<0.4% )
[63]. The addition of a small amount of Ni to a Catalyst enhances the catalytic activity
but also starts CHformation. When the 5 wt.-% Cu/Siperated at 280 °C (6 MPa,
H./CO, ratio of 3, space velocity of 50 miigmin), the selectivity of CO decreases and the
methanol selectivity increases to 76% and 24% ectsgely [64].

Iron catalyst:

The CQ hydrogenation on Fe catalysts has been studidgeéyand coworkerg35, 65-70]
and Cubeiro et al.[71]. At 400 °C (2 MPa, space velocity of 31.67/ganl/min), the
Fe/AlL,O; catalyst giveabout49% conversion of COand 12.4% and 87.6% of selectivity
towards CO and hydrocarbons, respectively [35]. Hukelition of potassium to Fe
remarkably increases the catalyst activity andcti®iey towards G.—hydrocarbons. Under
the same reaction condition with K/Fe molar ratfoOb, CQ hydrogenation activity
increased to about 70% while selectivity changesaltout 4% and 96% for CO and
hydrocarbons, respectively. Further increase inamatio of K/Fe to 1 showed a small
decrease in activity and hydrocarbon selectivityileviihe selectivity to CO slightly

increased. The addition of alumina itself acts apr@amoter when the Fe-Cu-K/AD;
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catalyst was prepared by the co-precipitation nettleé®]. The long term stability test on
Fe-K/Al,O3; catalyst showed a significant decrease in, €@nversion and selectivity to
hydrocarbons [66], where the deactivation waskatted mainly due to the carbonaceous
deposition on the catalyst surface. A similar bétiaavwas obtained with a Fe-Cu-K/A;
catalyst, where the catalyst deactivation was ahisethe growth of crystallites and the
resulting decrease in dispersion of catalyst coraptm(promoters) [67].

To improve the strength of catalysts, binders ametimes added. At high temperatures,
binders are not chemically inert. The addition mwfadumina binder to a Fe-K/&D; catalyst
showed excellent activity and selectivity towardghler hydrocarbons &) while activity
and selectivity dramatically decreased with silader. The reason for this influence on
the activity and selectivity was the change in @gidf catalyst, structure and metal-support
interaction [68]. The strong metal-support intei@ctbetween Fe-KLAI,O3 makes the
catalyst more active and selective towards longnchgdrocarbons and light olefins [69]. A
study on Fe/AlO; catalyst preparation methods such as impregnagigegipitation, and
physical mixing and catalyst characterization wasfggmed byCubeiro et al [71]. The

effect of K promoter in both C{and CO hydrogenation was also investigated.
Gold catalyst:

Gold catalysts supported on various metal oxideh s ZnO, F£;, CeQ, TiO,, ZrO,
La(OH) NiO, and CgO,4 were used byakurai et al[72] for CO, hydrogenation. All the
catalysts tested for Ghydrogenation were treated at 150 to 400 °C (8 MHACO;, ratio

of 3, space velocity of 50 migmin). Among all the catalysts, Au supported on JiO
Fe0s, and ZnO were the most active catalysts for thersevevater gas shift reaction, where
the equilibrium conversion of GQvas obtained at 400 °C. But even at lower tempegat
between 150 and 200 °C, Au/TiQuives equilibrium yield of CO. However, in the
temperature range of 150 to 200 °C, Aug£ and Au/ZnO catalysts produce much
methanol. The activity of the catalyst and the ctelgy greatly differ depending upon the
reaction pressure and nature of oxide support [i78],when the pressure was decreased
from 5 to 0.1 MPa, the CO selectivity increasednr86% to 99% on Au/Ti@ catalyst
(250 °C).
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Cobalt catalyst:

The CQ hydrogenation was also studied over Co Fischepdalo catalyst [74, 75]. The
Co/SiQ catalyst at 210 °C (2.4 MPa/gO; ratio of 4, space velocity of 83.3 migmin)
showed deactivation over time and also producesniman 70% of methane [74]. The
comparative C@hydrogenation on Fe, Co, and Ni catalyst usingpAbs structural support
showed highest activity over Col; catalyst. The selectivity order for CO was Fe(l

> Co/AlLO3 > Ni/Al,O3 [76].

Nickel catalyst:

Currently, Ni is one of the most studied catalystsCO, hydrogenation reaction because of
its high activity and comparatively low cost. Amldemperatures, the Gydrogenation
over Ni catalyst principally produces ¢ls a main product [58, 77-80]. A kinetic study of
CO, hydrogenation over Ni/Sicatalyst showed that the activation energy shifis 89 to

39 kJ/mol as temperature is increased from 2272 °€ [58]. The preparation method is
also important. The specific activity of Ni/A); coprecipitated catalyst decreases as the
metal loading increases whereas the activity irsgeavith metal loading for an impregnated
catalyst [77]. The specific activity (related to Binly) increases with metal loading up to
30% and then it decreases for Ni/Zr€atalyst prepared by an ultrasound assisted method
[78]. During the reaction, transformation of ziraem to zirconium dioxide and the
crystallization of metallic Ni particles occurs [8@t a high Ni content, nickel exists as a
bulk NiO and correspondingly produces more metH&¢ The Ni catalyst prepared by
coprecipitation method with a loading from 0 to 20% CeQ showed that the 2 wt.-% Ni-
Ce(Q exhibits excellent catalytic activity, selectivitgnd stability for the reverse water gas
shift reaction [81]. At 600 °C and atmospheric ptas with H/CO; ratio of 1 and a quite
high space velocity of 2 l{g/min, CQ, conversion obtained over 2 wt.-% Ni/Ce€atalyst
was about 35% with 100% CO selectivity. The oth&®/&S reaction catalyst (10 wt.-%
NiO/ZnO) showed an even higher activity (€€bnversion of 38%, which is very near to

equilibrium conversion of 40%) and a selectiviiyards CO of about 98% [82].
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3. Objective and scope of the work

As mentioned in the previous chapter, the conswnpif fossil fuels and the release of £O
into the atmosphere is continuously growing. Evgear billion tons of anthropogenic
carbon dioxide are released into the atmosphere abllity to separate GArom flue gases
and to store a several billion tons of £@mitted per year is questionable as are the
environmental consequences. Therefore the conveo$i€G; to useful chemicals and fuels

Is an attractive option for COnitigation.

A possible avenue for sustainable developmentdascialytic conversion of GQo liquid
fuels by Fischer Tropsch synthesis and solar odvenergy. The reverse water gas shift
reaction (RWGS) is the first step, and the produc@dfurther converted to liquid fuels by
Fischer Tropsch synthesis. The transformation of @@ H depends upon several factors
such as catalyst selection, ratio of i), and reaction temperature and pressure. Therefore,
the main focus of this work was to use a suitalaglgst and to determine the optimal

reaction conditions for C£hydrogenation in a fixed bed reactor.

The experiments were designed such that the RW&Sioa could be examined in both the
forward and reverse direction. In addition to thegperiments, the consecutive reaction of
CO to methane was also considered. The studieslfttree reactions were performed using

a commercial Ni catalyst in a lab scale fixed beactor.

Since transport processes (external boundary kiffeision and pore diffusion) may have

strong influence, this aspect was also considered.

The most available studies of catalytic hydrogematof CQ were performed at low
temperatures where methane is the main productefdre, in this work C@hydrogenation

is studied at high temperatures where the revemsterwgas shift reaction is favoured
thermodynamically and produces CO angHs main products. For the basic investigation
of catalytic activity, pure alumina and some alumgupported Cr, Zn-Cu, and Ni catalysts
were used. After comparing the activity of all thesatalysts, the commercial Ni catalyst
supplied by Sud-Chemie (spherical pellgt=tb to 7 mm) was chosen for a detailed kinetic

study.
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The parameters that influence the reaction ratb ascdemperature, reactant concentration,
residence time, and particle size of the catalystevstudied in a lab scale fixed bed quartz
reactor. To determine the kinetic, the experimedse conducted at conditions sufficiently
far away from equilibrium. Not only the RWGS reactj but also CO hydrogenation
(methanation) (CO + 3H CH, + H,O) and WGS reaction (CO +,.8 CO, + H,) were
studied in detail.

Finally, a one dimensional adiabatic and isotherimald bed reactor model was developed
at technical conditions (high temperature) ovelANYO,9 as well as AlO; catalyst system
to simulate the performance of hydrogenation of,@@CO for the production of liquid
fuels via Fischer Tropsch synthesis. The axialif@®fof reactor performance (temperature

and conversion) were simulated along the catafited bed.
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4. Experimental method and data analysis

In the following, the experimental setup and thecedure used in Chydrogenation, CO
hydrogenation to methane as well as water gas skdiction, and its corresponding
calculation methods are introduced.

4.1 Experimental setup

The experimental set-up with reactor apparatustaaried for this study is shown in Fig. 4-1.
It mainly consists of a quartz reactor, mass floontmllers, a heating furnace and a

temperature control system, a water saturatorphngpsystem, and an online gas analyser.

Fig. 4-1: Experimental set-up used for €@ydrogenation, CO hydrogenation and water gas

shift reaction.

A photograph and a schematic diagram of the beoaledixed bed reactor (2 cm inner

diameter and 45 cm length) used for the experinhestt@ies is shown in Fig. 4-2. In the
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main system, a reactor bypass was introduced tavalhe sampling of inlet feed gas
conditions without catalyst interference. The dagvflines (stainless steel tubing) from the
reactor outlet to the cooled condenser were wragipgidwith a conventional heating wire
and then with insulating tape to prevent heat degn and maintain the better line
temperatures. K type thermocouples were instalted particular distance throughout the
lines by weaving the probe between the heatingsaarel insulating tape to measure the line
temperatures. A tube furnace with electric heatengd temperature control system
(Carbonite-210; upper temperature limit 1100 °Cswaed to establish and maintain the
catalyst bed temperature in the reactor. The a&maperature profile along the catalyst bed
was measured with a moveable thermocouple insartedhe radial center of the catalyst

bed through the top of the reactor (Fig. 4-2).

Fig. 4-2: Photograph and schematic representation of tufiukzd bed quartz reactor.

The required gases (hydrogen, carbon dioxide/carbmmoxide, and nitrogen) were
delivered from commercial cylinders and the desflew rates were adjusted by using mass
flow controllers (MFC, Brooks Co.). For the colliect of water produced in the reaction, a

gas/liquid separator and a conventional condengeownded by an ice bed were used. The
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analyses of the products were done using onlineagal/ser (Rosemount analytical Inc.).
H, was analysed by a FID detector and the other J&®@sCQ, CH,) by IR detectors. The

data acquisition system was implemented to collextlata obtained from the gas analyser.

For the water gas shift reaction experiments, a&msdturator was implemented in the same
experimental setup used for gé@nd CO hydrogenation (see Fig. 4-1). The steaminexd)
was produced in the saturator and flows to thetoedwy passing the carrier gas (nitrogen)
through the saturator. The temperature of the wsdrrator was controlled by using an oil
thermostat. The line temperature between satusstdmreactor inlet was adjusted to 130 °C

to avoid steam condensation in the line and wag@lted by using a temperature controller.

4.2 Experimental procedure

Before starting the reaction, all mass flow comérsl were calibrated in the range of flow
necessary for the desired feed conditions. Actl@l frates were measured with gas
bubblers and compared to the MFC’s readout valmesdch gas. Their respective values
were adjusted to match the actual flow rate. Thinengas analyser calibrations were
performed using a constant flow rate of 30 I/h. Thébration was done with inert gas,jN
and then with a known gas mixture of all necessamyppounds (CO, C CH,, and H).
This calibration was then compared with individgak phase species comprised of different

concentrations balanced with inert nitrogen.

The experiments for the catalytic hydrogenation G, and CO were performed at
atmospheric pressure in a continuous flow apparatuspped with a tubular down-flow
fixed bed quartz reactor. The reactor tube wadillvith 1.2 g NiO/A|,O9 catalyst
(spherical particles with 5 to 7 mm diameter) whigliixed at the centre of the reactor using
a quartz frit where the maximum temperature wassomed (Fig. 4-3). Then the catalyst
was reduced by increasing the temperature (10 ¥Q/omder a continuous flow of 10 I/h
gas (50 % H diluted with N). After reduction, the reactor was adjusted to desired
reaction temperature under the same gas flow. @recégemperature became stabilized, the
reacting gas flow rates were adjusted using masg fontrollers and send through the
reactor bypass system with reactor system closkednof sampled for inlet conditions. The
bypass was then closed forcing the gas flow in® réaction system. The feed stream
passed to the fixed bed reactor through the diffasetion (2.7 cm inner diameter and 7 cm
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length) which ensure proper mixing of the feed gageeaction temperature was controlled
using an electric heater and a temperature cosyrstem. The temperatures at the heater
surface as well as in the reactor bulk (along thtlgst bed) were measured by K-type
thermocouples. Due to the small bed height, no &atpre gradient exists along the length
of the catalyst bed used. The transfer line temperabetween reactor outlet and cooling

trap was maintained at 150 °C to avoid water cosaton in the line.

Fig. 4-3: Axial temperature profiles in the tubular emptyaga reactor.

All the exit compounds (unconverted reactant anddpcts) were passed through the
gas/liquid separator and the conventional condesisgounded by an ice bath where water
formed was collected in the condenser prior tohirrtcomposition analysis. The dry gas
was then sent to the online gas analyser througlalosic filter where fine particles of the

catalyst (although never detected) would be remoBgdising the gas pump, only 30 I/h of
gas is passed to the analyser and the remainingrgn®delivered to the exhaust using a
bypass. In the online gas analyserswds analysed by a FID detector and other gaséR by
detectors. Data obtained from the gas analyserg wellected by the data acquisition
system on a computer for every 5 seconds. The csioveof respected compounds (£0

CO) and the yield of products were calculated usiregdata collected on computer. This

data were then used to validate the kinetic models.
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The experiments of the water gas shift reactionewadso performed in the same tubular
continuous down-flow fixed bed quartz reactor anh@dpheric pressure. As mentioned
above, the required gas flow rates were contrdedsing MFC’s while the steam flowrate
was calculated and adjusted manually. For a gianrator temperaturd, a constant

pressureP and a flow rate of nitrogen passing through thears#or . _, the volume rate of
steam at the outlet of the saturator { ) is calculated as

f-} IBF— 5 £ 06 (4.1)

f-}
whereB; y and, ¢ o is the vapour pressure of water and the totalspresof gas flowing

through the saturator, respectively.

The vapour pressure of water at the outlet of a&uiin mm Hg, 760 mm Hg = 1.1013 bar)

can be calculated by using the Antoine equation:

+"@B S5

T (4.2)

A, B and C are constants (A = 8.07131, B = 1730®%3; 233.426) and T is the saturator

temperature in °C.

4.3 Catalyst characterisation

The Ni catalyst used in this work was purchasethf&iid-Chemie (Germany). The catalyst
of spherical size has particle diameters of 5 tmm and a shell thickness of the active
material (Ni) on the outer surface of about 0.5 (Ring. 4-4). The physical properties of the
fresh Ni catalyst are given in Table 4-1. The prope of all other catalysts used in this

work are given in appendix B.3.
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Fig. 4-4: Geometrical shape and shell balance of Ni catalyst

Table 4-1: Characteristic data of the fresh commercial Nalyest.

Catalyst name G.90-B (commercial catalyst)
Manufacturer Sud-Chemie Catalysts
Composition NiO(11% Ni)/AlO19

CaO, NaO, K,0, SiQ (traces)

Geometry (sphere) 5 —7 mm (diameter)
Catalyst density 1910 kg/nd

Catalyst bulk density 1200 kgm
BET-surface area ¢t 3 m3/g

Pore volume 0.17 cm3/g

Porosity of particle () 0.33

Average pore diameter 230 nm

Temperature Programmed Reduction (TPR):A TPR experiment was performed by using
CHEMBET-3000to determine the number of reducible species pteasethe catalyst and

reveals the temperature at which the reductionatdlgst occurs. TPR analysis begins by
flowing the analysis gas (10% hydrogen in argorgrahie sample at ambient temperature.

While the gas is flowing, the temperature of thegie increased at the rate of 10 °C/min.
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Catalyst surface area: The specific surface area of catalyst was meashyeditrogen

adsorption using the Brunauer Emmett Teller (BE€}hnd.

X-ray diffraction (XRD): For theidentification of crystalline phases and determorabf
average crystallite size, the powder X-ray difffactwere collected at room temperature on
Phillips X-pert diffractometer fromDepartment of Materials Processing, University
Bayreuth (Prof. M. Willert-Poradausing Ni filter and Cu-K radiation with wavelength
=1.5418 A°. The intensity of the signal was meadupy step scanning over 2 15 — 65°.

4.4 Evaluation of the experimental data

4.4.1CO; hydrogenation reaction

The CQ hydrogenation reaction studied in the temperatange of 300 to 900 °C shows
some undesired product formations which may be wueonsecutive reactions and/or
undesired back reactions. Depending upon the catailyed and the reaction conditions
applied in this study, the reaction scheme proptsedO, hydrogenation is shown in Fig. 4-5.

Fig. 4-5: Reaction scheme proposed for {@drogenation on Ni catalysts.

4.4.1.1Conversion of CQand yield of CO and CH,

The small amount of the catalyst in the reactoultesn a small fixed bed height. Therefore,
no temperature gradient exists along the lengtixetl bed. The conversion of G@nd the
yields of CO and Cllat isothermal conditions are calculated dependipgn the outlet

carbon percentage values obtained by the gas #@alks the carbon monoxide and
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methane are the only detectable products of B@rogenation reaction, G@onversion is

calculated as:

- 2i 4ey < 2] 4y
i p-A .- 2ty & : : . " 022 (4.3)
i } 2i 4y < 2] 4ry <21 ph

Similarly, the yield of CO and Cttan be calculated (no CO and QH the feed) as:

i {+ 2o 4 2l % " 022 (4.4)

AT T <7y 4 <2 A '
5

jooLr 2 | % " 022 (4.5)

21 4y <2] Ay <21 ph

4.4.1.2Determination of the intrinsic kinetic parameters

The intrinsic kinetic experiments were carried oua quartz glass fixed bed reactor with an
inner diameter of 2 cm, filled with 1.2 g catalggt5 to 7 mm diameter. The isothermal
experiments were carried out at atmospheric pressihie inlet feed passed through the
reactor (H/CO, = 6) was diluted with 23 vol.-% of nitrogen. Theperiments were

performed until constant conversion of £fas obtained.

For the bimolecular COhydrogenation reaction (GG H,  CO + HO), the intrinsic

reaction rate over solid catalyst is calculated as:
|}~ 13- B~ f- (4.6)
For the reaction order n1, the reaction rate constant, _ is given as:

205 —m 47?50
- Zso04 |, €

(4.7)

This calculated |, _in Eq. (4.7) may not be the intrinsic rate constavitich can be

confirmed by calculating the effectiveness factor.
The modified residence time as a function of mass of catalyst and volume ftate at
reaction temperature and total pressure of gasén @s:

ce
) ——————————
TR— (4.8)
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The activation energi¥a and frequency factok,ocan be calculated from the Arrhenius

equation:

" . (4.9)

4.4.1.3Internal mass transport calculations

As mentioned in chapter 2, the pore diffusion latidns may occur, and the measured
kinetics may not be the intrinsic but the effectoree. The effective rate of chemical reaction

is calculated with the help of the effectivenesdda is given as:
A (4.10)
The effectiveness factorfor i order irreversible reaction is given by:

#ss )

9 (4.11)

The Thiele modulus for the catalyst with homogemedistribution and for ' order,

irreversible, bi-molecular C£hydrogenation reaction is given as

. €
7591 %S b- I-

= ) - #$$

(4.12)

where the characteristic lengtly is the ratio of the volume of the particle to theeenal

surface of the particle (for spherical partitle= gO3. For a shell catalyst the modified

Thiele modulus (*4is given as [83]

o @
7891<05 N (4.13)

= v}~ H#SS

whereas the characteristic length)(for a shell catalyst is given as

u
7¢ 705 €05 )—8hY§8 (4.14)
8

where g is the radius of particle ang is the shell thickness of active material. Theeiie

diffusivity of CO, in a porous catalyst is given as:
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c
E 0 0
8 8
Dy _#ss  —Dy _srct —5 h (4.15)
8 g Dj

<
_ro Dy _1s

In the present study, mass transport in the poepertls both on molecular diffusion and
Knudsen diffusion. The molecular diffusion coeféists of CQ in the gas mixture were
calculated by a computer database program whiled&e diffusion coefficients were

calculated by using Eq. (4.16) as

srct . K L
D 4.16
I} _13 3 9|\/N|} - (4.16)

where grgy is the pore diameteR is the gas constani, is the temperature, ani, _the
molecular weight of C@ The tortuosity factor depends upon nature ofrgaenecting paths
which is influenced by the connectivity, shapes] apecific limiting constrictions. In this
work, a typical value for g of 1.6 was assumed for Ni catalyst. The calculabérthe

modified Thiele modulus for the shell catalyst reethe modified reaction rate
constanUU *~ W which is given for a spherical catalyst partidé radius g and shell

thicknesgg as:
L 2 (4.17)
8 8
The factorVy/Vs is the ratio of volume of the particle to the volk of the shell:

T
2 w505%2hy (4.18)
& 8

For the Ni catalyst used in this wov/Vs is about 2.4.

By Eqg. (4.17) and Eq. (4.13), can be calculated as

u €

05 €05 26h ¥ (4.19)

8

Insertion of the characteristic lengtfg} from Eq. (4.14) and of the modified rate constant

( ° 4from Eq. (4.19) into Eqg. (4.13), yields the modifi€hiele modulus for a shell catalyst

having active material only in the shell:
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u i . €
. <0 :
05e05%hy o1 "% 8- 1

8 5 (4.20)
8 3 = L) - #$$

For the case Of, g, EQ. (4.19) leads to the same equation that id teethe calculation

of the Thiele modulus for a catalyst with a homagmrs distribution of the active

component (Eq. (4.12)).

4.4.1.4Calculation of external mass transport limitations

The effective reaction rate due to external maassfer is calculated as
| }-#$$ RS #TU|}_5 I ~<gW (4.21)

The external mass transfer coefficiengm/s) depends upon the particle size and geometry,
molecular diffusion coefficient of ga®f _ rqo 4 and the hydrodynamic conditions such as
velocity and viscosity of the fluid. as a function of the dimensionless Sherwood number

(¢d&for the mass transfer can be calculated as

D
R __h-F (4.22)
8

The external surface aréa, .(m?%/kg) for spherical particle is

Y

8-8

S 4t (4.23)

whered, and , are the particle diameter and density of partikspectively. When gas

flows through a catalyst fixed bed, the Sherwoochber is given as

0<0[ 2054 g (4.24)

where  is the bed porosity. The particle Sherwood numlgegj(for gas flow around the
particle and for laminar flow, correlated to theh8ddt number ¢9 and theReynolds

number R§ is given as [20]:
s =<zZM] | (4.25)

The Reynolds number¥¢) depends upon the interstitial velocity(m/s), the kinematic

viscosity of gag (m?/s), and the particle diametgy (m):
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*

8 (4.26)

c

Similarly, Schmidt number#g depending upon the kinematic viscositfm®s) and the

molecular diffusion coefficient of gd3; _ rq (m?/s) as:

c

(4.27)
Dy _ ro

Now the effective reaction rate due to the combimfldence of internal and external mass

transfer resistances is given in approximation goalmost irreversible reaction) by

€
0 0 h (4.28)

C 4 e <
¥ %9t ,_ ;. RQ u m

4.4.2CO hydrogenation (methanation) reaction

4.4.2.1Conversion of COand yield of CO, and CH,

Similar to CQ hydrogenation, the conversion of CO and the yxl@O, and CH at given
reaction condition is calculated depending uponothiitet carbon percentage values obtained
over the analyser. As the methane and carbon diomi@ the main products of CO
hydrogenation reactions, the CO conversion is tailed as:

2i < 2]
i AL 2 4 P < 2] " 022 (4.29)

2i 4ry <2) 4y <20 P

and the yield of C@and CH in CO hydrogenation is calculated as:

i p{ + 20y & 21 p " 0Z2Z (4.30)
i bt 20 4y <2) Ay <20 oy
o
oo+ 2o & | % " 0Z2 (4.31)

2i 4y <2) 4y <20 phy

4.4.2.2Kinetic analysis and mass transport calculations

The calculations with regard to the intrinsic kingtand internal and external mass transfer
limitations for CO hydrogenation were performed using the equations applied for €0

hydrogenation (see section 4.4.1).
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4.4.3Water gas shift (WGS) reaction

4.4.3.1Conversion of COand yield of CO, and CH,4

The conversion of CO and the yield of £€@nd CH in water gas shift reaction were

calculated by using the same equations as for @é&yirogenation (Eq. (4.29) to (4.31)).

4.4.3.2Kinetic analysis and mass transport calculations

The kinetic analysis of the WGS reaction was alsaedby using the equations of €0
hydrogenation reaction (see section 4.4.1).
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5. Results and discussion

As already mentioned in Chapter 4, this work isddid into four parts. In the first part
(Chapter 5.1), experimental results are discussedClO, hydrogenation studied by using a
fixed bed reactor. This part mainly includes thaateon parameter study, the intrinsic
kinetics of CQ hydrogenation, and the influence of pore diffusaoml film diffusion on the
effective reaction rate of GChydrogenation. The second part (Chapter 5.2) giasf a
similar parametric study for CO hydrogenation (neethtion reaction). Similar to the first
and second part, the third part (Chapter 5.3) imtga the parameter study of water gas shift
reaction (as the reverse reaction of £lydrogenation), again the intrinsic kinetics adlwe
as the influence of pore diffusion and film diftusi The fourth and last part (Chapter 5.4
includes the fixed bed reactor modelling for 4@®@drogenation at technical conditions.

5.1 CO,; hydrogenation (RWGS)

The studies on C{hydrogenation (C®+ H, CO + H,O) were carried out in a fixed bed
guartz reactor over a wide temperature range (30800 °C) and at atmospheric pressure.
The commercial Ni catalyst was used. For comparisoil,O; was also tested to

investigate the catalytic activity of the suppantyo
5.1.1Effect of reduction temperature on CQ hydrogenation (RWGS)

The commercial NiO/AbLO;9 (G-90.B) catalyst was reduced at two different gematures
(500 and 800 °C) to examine the effect of the rédoctemperature on the catalyst
performance and the yield of products. Fig. 5-Iwshthe conversion of C{and the yield

of CO and CH obtained over the catalyst reduced at 500 and®’80@ strong dependence
of activity and product yield on the reduction teergiure was observed. On the Ni catalyst
reduced at a low temperature of 500 °C for 15 htharee was formed almost exclusively
along with CO in the low reaction temperature rafilggdow 600 °C), while on the catalyst
samples reduced at high temperature of about 8000fC3 h, the methane formation
strongly decreased in the same range of reactmopdgmture. The overall conversion of £O
obtained at any reaction temperature is high ferdatalyst reduced at 500 °C compared to
800 °C. This could be due to the deactivation @f #dative species (particularly methane

forming species) at high reduction temperatures.
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Fig. 5-1: CO, conversion and CO and Ghfield versus temperature; open symbol: catalyst
reduced at 800 °C for 3 h; closed symbol: catalgduuced at 500 °C for 15 h
(p =1 atm, my = 1.2 g, catalyst = Ni/AbO1g, dy = 6 mm, y;, = 66 vol.-%,
Ycoz = 11 vol.-%, rest M gas flow rate = 138 I/h (NTP)).

Over the reduced catalyst both at 500 °C and 8QOnf€hanation reaction occurs (most
favoured thermodynamically at low temperature) glavith the reverse water gas shift
(RWGS) reaction. The yield of CO increases contiuslypwith increase in temperature but
not the conversion of COThis is a clear indication of direct methane fation via CQ
hydrogenation (Sabatier reaction) without interragaliCO formation. The overall GH
formation observed could be due to both,@&@d CO hydrogenation but it is quite difficult

to quantify because both reactions occur simultaskyo

Fig. 5-2 shows the XRD pattern of the Ni{ADiq catalyst (11 wt.-% Ni). The diffractogram
(A) for the fresh Ni catalyst shows strong NiO Bnat 2 values of 37.3, 43.3, and 62.9
confirming the presence of free nickel oxide [§4dr both the reduced and used catalyst no
free nickel oxide lines were observed. On the ddfogram (B) for the reduced catalyst, the
lines were observed for nickel crystallites at 446l 51.8 while for the used catalyst (C) a
line was observed at 44.5. From the diffractogrdh i is clear that the catalysts get
completely reduced even at low temperature of 3D00n the diffractogram (C) for the
used catalyst, the free NiO lines were not obsewbith means that no oxidation of Ni
happens by the water formed during the reacti@oat°C.
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Fig. 5-2: XRD patterns for fresh NiO/A}O19 (A), reduced catalyst at 500 °C (B), and used
catalyst at 500 °C (C).

To determine the exact temperature needed for @daction of the Ni catalyst and the
number of reducible species present in the catalySiPR experiment was performed by

using CHEMBET-300Q TPR analysis begins by passing the analysis 12 (hydrogen in
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argon) over the sample at ambient temperature.aNthd gas is flowing, the temperature of
the sample was increased to 900 °C at a rate ofCIthin. The reduction profile of
NiO/Al 12049 catalyst is shown in Fig. 5-3. There was only peak obtained at 490 °C for
bulk NiO and no other peak was obtained even dt tegiperatures. So, a temperature of

500 °C can be regarded as sufficient for the cotapkrluction of the NiO/A}O; ¢ catalyst.

Fig. 5-3: TPR profile for NiO (11wt.-% Ni)/Al,O19 catalyst.

5.1.2Reproducibility of CO, hydrogenation

The Ni catalyst used in the first cycle over theaperature range of 300 to 800 °C in £O
hydrogenation was reused for testing the reprodlitgilof the result. After the use of the
catalyst at 800 °C in a first cycle, the catalyaswooled to 300 °C with a small flow rate of
N, and then a second cycle was performed by incrgabkim temperature. Under the same
reaction condition as used in the first cycle, @swobserved that the yield of both methane
and CO dropped down (especially £Hh the low temperature range (Fig. 5-4). So it is
reconfirmed that the methane formation speciestikades at high temperature. But at high
temperatures of about 800 °C practically no diffieee in the catalyst performance was
obtained. This could be due to the high temperasiebility of the catalyst for CO

formation.
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The same procedure was repeated in a third anthfoucle, but no more deactivation of the
Ni catalyst was observed and nearly the same yiefd€O and methane (within the

experimental error) were obtained (Fig. 5-4).

Fig. 5-4: CO, conversion and CO and GHhlield versus temperature for four repeated cycles
(p=1atm, = 1.2 g, d =6 mm, ¥y = 66 vol.-%, Yoo = 11 vol.-%, rest ) gas
flow rate = 138 I/h (NTP)).
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5.1.3Effect of residence time at varying temperature (RVGS and consecutive

methanation)

To determine the effect of the residence time om c¢htalyst performance in terms of

conversion and yield of products over the tempeeatihe previously long time on stream

studied catalyst was used. The study was carrieding two different gas flow rates of 48

I/h and 138 I/h at NTP, which is equivalent to desice times (empty tube, 600 °C) of 25.6 ms
and 8.9 ms, respectively (Fig. 5-5).

Fig. 5-5: CO, conversion and CO and GHield at different residence times versus
temperature in Cohydrogenation (p = 1 atm,sg= 1.2 g, catalyst = Ni/AbOx.,
dp = 6 mm, y;, = 66 vol.-%, y.0o = 11 vol.-%, rest B.
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The conversion of carbon dioxide increases withreksing the total gas flow rate
(increasing residence time). The production of @€reases continuously with increasing
temperature by the reverse water gas shift reactiba high temperature and low gas flow
rate of 48 I/h, the COconversion nearly reaches the equilibrium valoghk section below
(section 5.1.4) the effect of residence time oncihreversion of C@and the yield of CO and
CH, at constant temperature is given in detail.

At temperatures above about 600 °C, not only Ni &lgb -Al,O3 as the support may
contribute to the RWGS reaction [85, 86]. Therefargest was done with 10 g cylindrical
-Al,03 pellets (1 to 3 mm).

Equilibrium Conversion of CO,to CO

XCOZ [C'%]

Temperature [ C]

Fig. 5-6: CO;, conversion versus temperature in g@drogenation (p = 1 atm,g= 10 g,
catalyst = AJO3, d, = 1 — 3 mm, y = 66 vol.-%, Yoo = 11 vol.-%, rest B.

Fig. 5-6 shows that the conversion of £t CO over AJO; increases with increasing
temperature and no GHormation was observed in the studied range optature. At a
high temperature of 900 °C, the gQonversion reaches the equilibrium. In the low
temperature range (300 to 700 °C), reaction isrotiat kinetically while above 700 °C it is
controlled thermodynamically.
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5.1.4Effect of residence time at constant temperature (R'GS and consecutive

methanation)

The conversion of Coincreases from 13 to 29% by an increase of theifraddesidence
time from 13 to 36 kg s tat 405 °C and atmospheric pressure (Fig. 5-7}hénstudied
range of the residence time a strong increase ef yield of CH was observed,
corresponding to a direct conversion of L@t 405 °C, the yield of CO as a function of
modified residence time demonstrates the typicAbb®ur of an intermediate product in
consecutive reactions. Hence CO is formed butsis firther converted to methane.

Fig. 5-7: Effect of modified residence time on g@onversion and yield of CO and ¢hh
CO; hydrogenation (T = 405 and 800 °C, p = 1 atmgaem 1.2 g, @ = 6 mm,
catalyst = Ni/A!_zO]_g, YH2 = 66 vol.-%, Yo2 = 11 vol.-%, rest |})
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At a high reaction temperature of about 800 °C, rénction system differs significantly
from the one at 405 °C. The conversion of ,Gmost reaches equilibrium at the highest
residence time of 23 kg s {21 ms). Since methane formation is negligithe, yield of
CO equals the conversion of @@y comparing low and high temperature data, itléar
that the formation of CO as a desired product of G8B\fteaction is only possible at high

reaction temperatures where methanation is supgtéeermodynamically.

Fig. 5-8 shows the selectivity to methane and CfBugethe C@conversion at 405 °C. The
extrapolation towards zero G@onversion resulted in 50% CO and 50%,GElectivity,
which indicates that CHis (also) a primary product directly formed fronOLvia the
Sabatier reaction (COr 4H, CHy + 2H,0).

Sco: Scha [C-%]

xC02 [C'%]

Fig. 5-8: CO, conversion versus selectivity of CO and £h CO, hydrogenation
(T =405°C, p=1atm,, =126 —365kgsthd, =6 mm, =12 g,
catalyst = Ni/A!_zO]_g, YH2 = 66 vol.-%, Yo2 = 11 vol.-%, rest |})

For the -Al,O3 as a catalyst, no GHormation was obtained and only the conversion of
CO, to CO formation was observed over the studiedeafghe residence time (Fig. 5-9).
As the residence time increases, the conversiddfto CO rises and nearly reaches the
equilibrium conversion. Note that the residencectimeeded for a certain conversion of,CO
is higher for pure AlO; compared to the Ni catalyst. For example, at 70020% CQ

conversion is reached for A); at a residence time of 42 kg §’1fFig. 5-9), whereas for the
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Ni catalyst 40% C@conversion is reached at about 9 kg% (ffig. 5-5). Hence, the activity
of the Ni catalyst is about 10 times higher.

SCO
3 S .
3 Equilibrium conversion of CO,
N J
I
O
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o)
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O
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S
/ XCOZ CH4
! A A
Ay Ly 1 T T 2N

Modified residence time [kg s m 9]

Fig. 5-9: Effect of modified residence time on g@onversion and selectivity of CO and
CH, (T =700 °C, p = 1 atm, gq¢ = 10 g, catalyst = AD3, d, = 1 — 3 mm,
Yh2 = 66 vol.-%, y02= 11 vol.-%, rest .

According to the data obtained in this study, me¢htormation during C@hydrogenation
may be due to the direct methanation ¢GO4H,  CH; + 2H,0) or to the consecutive
reaction of CO hydrogenation (CO + 3H CH; + H,O). The consecutive reaction
mechanism in C@hydrogenation implies the difficulty that the aptim reaction conditions
for each of the reactions are different (high terapge for RWGS and low temperature for
CO hydrogenation).

5.1.5Effect of catalyst particle size (RWGS and consecwe methanation)

To determine the effect of particle size on thelyat performance, particles of Ni catalyst
with less than 0.5 mm diameter (crushed catalysf) @ mm diameter were used. Fig. 5-10
shows the conversion of G@nd the yield of CO and Gkt different temperatures.

The catalyst particles with diameter of less thamrim show a higher conversion than the
6 mm particles with the active material only at ghell side which may due to two reasons.
One is the fresh catalyst which is not treatedigi hemperature for long time has higher
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activity than the used one (see Fig. 5-4). On thredhthe influence of diffusion resistances

may be smaller for small particles. This will beabysed in more detail in section 5.1.7.

Fig. 5-10: CO, conversion and CO and GHjeld at different particle size in GO
hydrogenation (p = 1 atm,ga= 1.2 g, catalyst = Ni/AbO,9, gas flow rate =
138 I/h (NTP), yi2 = 66 vol.-%, .02 = 11 vol.-%, rest H).

5.1.6Stability of the Ni catalyst for the RWGS reactionat high temperature

The time on stream stability of Ni/A0;9 catalyst was tested at 900 °C and atmospheric
pressure with the total gas flow rate of 138 I/lha fixed bed reactor. The test was carried

out for four days with intermediate cooling cyclég.the beginning of the experiment, the
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catalyst bed temperature was increased from amtaemerature to 900 °C at the rate of 10
°C/min with a small flow rate of Nand then held constant for 30 min to get a stable
temperature. Then the required gas composition@N,) in the reaction mixture was
adjusted and fed to the reactor system.

Fig. 5-11 shows the conversion of £@btained over time on stream of the reaction méetu
At such a high temperature of 900 °C, the,@Opractically only converted by the reverse
water gas shift reaction and CO is the main pradDatthe first day of time on stream, the
catalyst showed some deactivation where, Cahversion decreased from 68% to 66% in 8
h. After that the catalyst was cooled to 300 °C keplt constant overnight. No deactivation
was observed on further time on stream, but a siosdl in catalyst activity during heating

and cooling cycle was observed which may be dseittace modifications.

Fig. 5-11: Conversion of C@versus time on stream at 900 °C in L£Rydrogenation
(p = 1 atm, my = 1.2 g, catalyst = Ni/AbO19, dy = 6 mm, Yoo = 11 vol.-%,
Yu2 = 66 vol.-%, rest N gas flow rate = 138 I/h (NTP)).

5.1.7Kinetic analysis of the RWGS on the Ni catalyst

Intrinsic kinetics
For the kinetic analysis, the concentrations o @@l H were varied (Fig. 5-12 and Fig. 5-13).
The temperature was kept low (340 °C) to avoid rdtuence of mass transport on the

effective reaction rate, which then equals thansic rate.
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Xco2r Ycor Yeua [C-%]

Ccop [mol/m 3]

Fig. 5-12: Effect of CQ concentration on the G@onversion and the CO and Cileld in
CO;, hydrogenation (T = 340 °C, p = 1 atmggp¥ 1.2 g, catalyst = Ni/AbOqoq,
dy = 6 mm, yi» = 66 vol.-%, ¥o>= 11 — 22 vol.-%, N = remaining proportion,
gas flow rate = 48 I/lh (NTP)).

Xcoz Yeor Yeua [C-%]

Cy, [mol/m 3]

Fig. 5-13: Effect of H, concentration on the GQonversion and the CO and ¢kield in
CO;, hydrogenation (T = 340 °C, p = 1 atmggp¥ 1.2 g, catalyst = Ni/AbOqo,
d, = 6 mm, y;» = 44 — 66 vol.-%, ¥o> = 11 vol.-%, N = remaining proportion,
gas flow rate = 48 I/lh (NTP)).
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The reaction order with respect to each reactamtbeadetermined by using the following

equation:

€

Fig. 5-14 shows the plot of 9§, versus o, The order was calculated by the integral
method i.e. the value of the reaction order wasrdahed by the best fit to the measured

data. For the experimental conditions used, theticgaorder of CQis 0.1.

0.14

0.12 - N= 01 nCO,=0.1

n=03

0.06 1 Fixed point

Ccop [mol/m 3]

Fig. 5-14: Dependence of C{conversion upon C{concentration (T = 340 °C, p = 1 atm,
Mear = 1.2 g, catalyst = Ni/AbO1, dy = 6 mMm, Yoz = 11 — 22 vol.-%,
YH2 = 66 vol.-%, N = remaining proportion, gas flow rate = 48 I/h (N7J.

Similarly, the reaction order with respect to hygkn was determined (Fig. 5-15), which
leads to a value of 0.4. The reaction rate anddhetion rate constant of GAydrogenation

was calculated by using Eq. (4.6) and Eq. (4. Bpeetively.

The Arrhenius plot is shown in Fig. 5-16. Only th&lues of k co. for T < 410 °C are
included, because then the reaction rate is sdietigrmined by the intrinsic kinetics. Above

this temperature, the reaction rate is then alstrolbed by mass transport limitations.
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0.12
0.7
0.11 - mH, =0.4
0.10 -
o
< 0.1
0.09 - < Fixed point
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0.07 T T T T T
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Fig. 5-15: Dependence of CQOconversion upon fHconcentration (T = 340 °C, p = 1 atm,
Mear = 1.2 g, catalyst = Ni/AbOw, d = 6 mm, y» = 44 — 66 vol.-%,
Ycoz= 11 vol.-%, N = remaining proportion, gas flow rate = 48 I/h {N7.

Fig. 5-16: Arrhenius plot (1/T versus Indeoy) for CO, conversion (p = 1 atm, = 1.2 g,
catalyst = Ni/A{2O19, dy = 6 mm, y;» = 66 vol.-%, Y02 = 11 vol.-%, rest ¥
gas flow rate = 138 I/h (NTP)).

P2 kg' s* and

The frequency factor and activation energy (Fig.63-are 5.55 10* m*> mo
65 kJ/mol, respectively. The value of E65 kJ/mol)obtained in this study is within the

range found by other authors for €kydrogenation reaction over Ni catalysts (Table) 5-
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Table 5-1: Activation energies reported for GOydrogenation on nickel catalysts.

Catalyst Temperature (°C) Pressure (atm) [k (kJ/mol) References
75.3-84.6% Rany Ni 160 — 270 1 88 -91 [33]
20% Ni/Al,O3 250 - 400 1 87 [76]

3% Ni/SiO, 227 — 277 1 81 [87]

59% Ni-88 283 - 397 2-30 58 — 55 [88]
58% Ni-104 277 —-318 6—-18 61 [89]
33.6% Ni (G-65) 200 - 230 1 106 [90]

42% NiO/ALO3 210 - 315 1 80 — 92 [91]

11% Ni(G.90-B) 305 — 410 1 65 This work

Influence of internal mass transport (pore diffusian)

The pore diffusion limitations were determined fwyth the shell and non-shell catalyst
(homogeneous material). The model parameters etjuir the calculation of the effective

reaction rate are given in Table 5-2.

The effective rate of chemical reaction is given as

1}-#8s ¥ |}- (5.2)

The Thiele modulus for an irreversible, isothernmahy order reaction and for the spherical
particle of 0.5 mm and 6 mm diameter (non-sheklgat) was calculated by using Eq. (4.12)
while for the shell catalyst Eq. (4.17) was uselie Effectiveness factor as a function of the

Thiele modulus was determined by Eq. (4.11).

The Knudsen diffusion coefficierdy _,; was calculated by using Eq. (4.16) and the
combined pore diffusion coefficierd, _grg4 was calculated by using Eq. (4.15). The

diffusion coefficient of CQin the catalyst pore at 500 °C and 1 bar is shmwrig. 5-17.
For the average pore diameter of 230 nm, the ddfusf CQ; in the pores of the Ni catalyst

iIs determined by both Knudsen and molecular diffas{transition area). The Knudsen
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diffusion dominates the transport phenomenon a¢ pemeter of less than 100 nm while

molecular diffusion dominates above the pore di@met 10000 nm.

Table 5-2: Model parameters used for the calculation of éiffecreaction rate of CO
hydrogenation over Ni catalyst (p = 1 atm).

Parameters

Frequency factork{, ) 5.55 - 16 m"> mofP° kg* s*
Activation energy[t,) 65 kJ/mol

Particle density () 1910 kg/m

Porosity of particle () 0.33

Tortuosity of particle, (assumption) 1.6

Molecular diffusion coefficientcoz.mo) at 773 K 1.83 - Ibm?/s

Knudsen diffusion coefficienDcoz ) at 773 K 4.68 - 1Om?s

Pore diffusion coefficientEcoz pord at 773 K 3.72 - 1Om?s

Kinematic viscosity of C@( cop) at 773 K 1.63 - Ibm?s

Fig. 5-17: Diffusion coefficient of CQ in the pores of the Ni/A}JO.9 and ALO; catalysts
determined at 500 °C and 1 bar.
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The plot of the effectiveness factor versus tentpegais shown in Fig. 5-18. Internal mass
transfer resistance in the catalyst pores is ngtigible for T > 400 °C even for the shell

catalyst with 0.5 mm shell thickness of active mat&Ni).

\ I
for particle (d, = 0.5 mm)

)

for catalyst of 0.5 mm
shell thickness

for particle (d, = 6 mm)
homogeneous distribution

Effectiveness factor (

influence of pore diffusion

Temperature [ C]

Fig. 5-18: Effectiveness factor for catalyst particle verdesnperature (p = 1 atm,
catalyst = Ni/Al2019, Yco2 = 11 vol.-%, yi» = 66 vol.-%, rest B gas flow rate
=138 1/h (NTP)).

Influence of external mass transport (boundary layediffusion)

To determine the influence of film diffusion, théfeetive reaction rate; _ug5 as a
function of external mass transfer coefficienand external surface area per mass of the
catalystAn exthas been calculated by Eq. (4.21). All the caloorest for the external mass
transfer coefficient (), external surface area of the catalyst {), Sherwood numbeirS),
Reynolds numberRe, and Schmidt numbew§ are given in section 4.4.1.4. The effective
reaction rate due to the combined influence ofrivdk and external mass transport is

calculated as:

c € 0 < 0 - (5.3)
9t . )€ T TRG 4t U5 cmaV '

Fig. 5-19 shows a good agreement of the calculataomd the measurements for the used

shell catalyst. It also reveals that for the hyptithcase of a non-shell catalyst (particle
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diameter of 6 mm) the effective reaction rate isdothan for the shell catalyst. For a very
small particle size ¢d= 0.5 mm) the effective reaction rate is only uefhced by pore
diffusion at temperature above 700 °C while nouefice of external mass transport was
observed in the studied range of temperature mts here). Considering= 1 in Eq. (5.3)
enables to separate the kinetic limitation fronelinal mass transfer limitation. In Fig. 5-19,
the effective reaction rate without internal masssfer limitation differs significantly from
the effective reaction rate with internal massspant limitation for the shell catalyst as well
as for the non-shell catalyst of 6 mm particle ddéen Fig. 5-19 shows that the shell
catalyst operates in a mixed regime with both mdaerand external mass transfer. The
catalyst performance is more and more controlledeltiernal mass transfer above a

temperature of about 900 °C.
Note that Eqg. (5.3) is only an approximation beeanfstwo reasons:

The reverse reaction (CO +,8 CO, + Hy) is not considered in the pore diffusion
term.

For the external mass transfer, the equilibriumceaotration is assumed at the external
surface. In reality, this value is higher and ordgched, if the chemical reaction is very

fast.

Eq. (5.3) is therefore only exact if only pore ddfon or only external mass transfer plays a
role. For the regime in between these two extreries,(5.3) is only a hopefully good

approximation.

Furthermore, in Fig. 5-19, intrinsic rate of thesoiical reactionrg,) Eq. (4.6), the reaction
rate for diffusion boundary layer{ex) EQ. (4.21), and the effective reaction rate duwe t
internal and external mass transpost) Eqg. (5.3) are shown. The effective reaction rates
(rm.eff (calculated) Were calculated based on the inlet concentratidnige the measured values
(rm.eff (measuredy Were calculated based on the conversion, inleceotration, and mass of

catalyst.

Note that for temperatures between about 500 °C980d°C, the equilibrium conversion is
not 100% (see Fig. 2-13 for R = 6) and reachesranmim value of around 75% at 600 °C.

This was not considered for the calculations,gfiy and was only included to calculatgex:
( R g #T 2 "’TM_ 5 "’TM_- a« 4).
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Fig. 5-19: Influence of internal and external mass transporthe effective reaction rate of
CO; hydrogenation (p = 1 atm,gm= 1.2 g, catalyst = Ni/AbO19, dy = 6 mm,
Ycoz2 = 11 vol.-%, y, = 66 vol.-%, rest i gas flow rate = 138 I/h (NTP)).

5.1.8Kinetic analysis of the RWGS on the AIO3 catalyst

The reaction order with respect to £énd H is simplifying assumed to be first and zero
order, respectively. For the determination of thigimsic kinetics, only the values of, ko2
for a temperature of less than 600 °C are includdtie Arrhenius plot shown in Fig. 5-20.

The activation energy and frequency factor areJgnkl and 40.9 mdig™ s*, respectively.

The pore diffusion and film diffusion limitationsoif the AbOs; catalyst (homogeneous
material) were determined by using the same equaisothat of Ni catalyst for a first order
irreversible reaction (section 5.1.7). The modebapeeters required for the calculation of the
effective reaction rate over AD; catalyst are given in Table 5-3. The diffusion forent

of CO; in the catalyst pores of the &l; was determined at 500 °C and 1 bar (see Fig. 5-17)
For 6 nm average pore diameter, the diffusion of @Cthe pores of the AD; catalyst is

only determined by Knudsen diffusion.
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Fig. 5-20: Arrhenius plot (1/T versus Inkoy for CO, conversion by RWGS (p = 1 atm,
Meae = 10 g, catalyst = AD3, dy = 2 mm, y;» = 66 vol.-%, y02 = 11 vol.-%, rest
N2, gas flow rate = 48 I/h (NTP)).

Table 5-3: Model parameters used for the calculation of éffecreaction rate of CO

hydrogenation over AD; catalyst (p = 1 atm).

Parameters Values
Frequency factork{, ) 40.9 n kgt s*
Activation energy[t,) 72 kJ/mol
Particle density (,) 1450 kg/nd
Porosity of particle () 0.4

Tortuosity of particle () 2.8

Molecular diffusion coefficient@cozmo) at 773 K 1.83 - Ibm?/s
Knudsen diffusion coefficienD(cozkn) at 773 K 1.2 - 1®6mf/s
Pore diffusion coefficientdcoz pord at 773 K 1.21 - 16m?/s
Kinematic viscosity of C®( coo) at 773 K 1.63 - 16m?s
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In the calculation of the effective reaction ratethane formation is not considered. Fig. 5-21
shows a good agreement of the calculation withnteasurements of the effective reaction
rate constant of C£Ohydrogenation over the AD; catalyst. It also reveals that for the used
Al,O; catalyst, the effective reaction rate is only uefhced by pore diffusion and no
influence of external mass transport was obsemdtd studied range of temperature. For a
particle diameter of 2 mm (as used in the expertg)epore diffusion limitations start at a
temperature above 600 °C, while for a 6 mm particdeneter (shown for comparison as this
is the diameter of the Ni catalyst), pore diffuslionitations start above 400 °C.

The comparison of the effective reaction rate of, ®@drogenation on the 6 mm particle
diameter of the Ni and AD; catalyst is shown in Fig. 5-22. It reveals that #ffective
reaction rate over Ni (shell catalyst) is abouttdé®es compared to the AD; (non-shell)
catalyst.

Fig. 5-21: Influence of internal and external mass transporthe effective reaction rate of
CO; hydrogenation (p = 1 atm, s = 10 g, catalyst = AD;, dy = 2 mm,
Ycoz2 = 11 vol.-%, y, = 66 vol.-%, rest i gas flow rate = 48 I/h (NTP)).
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Fig. 5-22: Comparison of the effective reaction rate of ;d@drogenation over Ni and

Al,Oz catalyst (p = 1 atm,ck 6 mm, Y0 = 11 vol.-%, yi»= 66 vol.-%, rest BY.

5.1.9Comparison of catalysts activity and yield of CO ad CH,4 (CO, hydrogenation)

The activity of various commercial catalysts for J@drogenation was studied in the same
tubular down-flow fixed bed quartz reactor. The swaments were carried out at two
different temperatures of 500 and 700 °C and gas fates of 48 and 138 I/h (NTP) using 2 g
catalyst. Table 5-4 shows the performance of tha&ysts in terms of conversion of G@nd
the yield of products (CO and GH The characteristic data for the Ni catalyst gikeen in
Table 4-1 and for all other catalysts in Appendi8.B

Prior to the experimental study, L0s/Al,03 and ZnO/CuO/AIO; catalysts were reduced at
500 °C overnight under the gas flowrate of 10 Bhtaining 50% Hin N, while Al,O3; and
NiO/Al 120,19 were treated at 800 °C overnight. After the redunctthe reaction gas mixture
containing H/CO, ratio of 6 with 23% of N was passed through the reactor and the

products were analyzed using online gas analyzer.
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Table 5-4: Conversion of C@and yield of CGand CH over various catalysts (p = 1 atm,
Meat = 2 G, Yeo2 = 11 vol.-%, yj» = 66 vol.-%, rest B).

Catalyst Temp, °C  Gasflow,lI/h ¢, mm  Xcoz, %  Yco, % Ycha, %
CrO4/Al 03 500 138 1-3 3.9 3.9 -
700 138 1-3 13.1 13.1 -
700 48 1-3 25.7 25.7 -
ZnO/CuO/ALO; 500 138 1-3 8.1 8.1 -
700 138 1-3 32.7 32.7 -
700 48 1-3 51.7 51.7 -
-Al ;03 500 138 1-3 1.2 1.2 -
700 138 1-3 12.1 12.1 -
700 48 1-3 20 20 -
NiO/Al 15019 500 138 5—-7 44.5 14.5 30
(G.90-B) 700 138 5-7 60.5 55.2 5.3
700 48 5—7 74.6 68.4 6.2

For all catalysts, the conversion of g€i@creases with temperature while it decreases with
increasing total gas flow rate (decreasing residdimse). As compared to all other catalysts,
the activity of Ni/AL,O,g is very high but it produces GHilong with CO as a product (see
Table 5-4). The yield of CHdecreases and the CO vyield increases with temyperator
example, the yield of methane decreased from 30%03% and yield of CO increased from
14.6 to 55.2% when the temperature was increased 500 °C to 700 °C at 138 I/h. All
other catalysts produced only CO angOH In comparison, ZnO/CuO/AD; catalyst also
showed good activity but it is less stable at terajpees above 700 °C. The highest
conversion of C@and thus yield of CO obtained over ZnO/CuQcatalyst was 51.7%
at 700 °C and a gas flow rate of 48 I/h. Thal,O3 used in the experiment is not inert and
acts as a catalyst at high temperature. The caovecs CQ, obtained over -Al,O3 was
20% at 700 °C and a gas flow rate of 48 I/h.
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5.2 CO hydrogenation (methanation) reaction

The CO methanation (CO + 3H CH; + H,O) as a consecutive reaction in €0
hydrogenation was carried out in the same fixed tpedrtz reactor in a wide temperature
range (300 — 800 °C) at atmospheric pressure. ig slection the reaction kinetic as well as

influence of mass transport on the effective reactate of CO hydrogenation is described.

5.2.1Effect of reaction temperature on methanation

The same Ni catalyst applied in g@ydrogenation was continued for CO hydrogenation.
Fig. 5-23 shows the conversion of CO and the ya¢l@H, and CQ. In CO hydrogenation,
main products were CGiHand CQ and no other hydrocarbons were observed, SHbrmed

by direct CO methanation reaction (CO +,3H CH; + H,O) probably via dissociation of
CO to intermediate carbon species [33, 58]. Howe@€): can be produced either by CO
disproportionation (2CO C + CQ) and/or water gas shift reaction in presence tdlygst
(CO+HO CO,+Hy)[92,93].

Fig. 5-23 CO conversion and the yield of @@nd CH versus temperature in CO
hydrogenation (p = 1 atm, g = 1.2 g, catalyst = Ni/AbOqg, d, = 6 mm,
Yh2 = 66 vol.-%, ¥o = 11 vol.-%, rest i gas flow rate = 138 I/h (NTP)).

The CO methanation is an exothermic reaction wiscfavorable at low temperatures. In

the low temperature range, the conversion of COthadyield of CH and CQ increases
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with temperature until about 450 °C are reachedcéatalyst deactivation was observed. In
the low temperature range, the reaction is cortdkinetically and no coke formation took
place. At low temperatures (below 450 °C) a smaibant of CQ was produced by the

water gas shift reaction [93]. At a very high temgbere of about 800 °C, also no catalyst
deactivation was observed, but the coke formedhéntémperature range of 480 to 710 °C
may not completely gasified at 800 °C, and theeetbe conversion of CO was low and far
from equilibrium. The decrease in conversion dught catalyst deactivation over time on

stream is shown below (see section 5.2.2 (Fig.)»-26

The coke formation may occur via Boudouard reacf@®Ok C + CQ) which is related to
CO dissociation activity in CO hydrogenation [94hdéor direct carbon monoxide
hydrogenation (CO + Hk C + HO) over the Ni catalyst [95]. Fig. 5-24 shows the
equilibrium conversion of CO over the temperatuyebbth Boudouard reaction and direct

CO hydrogenation. At high temperatures both reastere limited thermodynamically.

2CO  C+CO,

CO+H, C+H,0

Xco, equilibrium [C-%0]

Temperature [ C]

Fig. 5-24: The equilibrium conversion of CO in the Boudouegdction (CO = 1 mole) and
direct hydrogenation reaction ##£0O = 1) as function of temperature and at
atmospheric pressure.

5.2.2Stability of the Ni catalyst in CO methanation

Fig. 5-25 shows time on stream behaviour of theddalyst for the CO conversion and the
yield of CG and CH (450 °C, atmospheric pressure). The maximum des@in of the
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catalysts occurs generally in the initial stagehaf reaction [93, 96]. In this experiment, no
deactivation was observed in 2 h time on streadb@t°C, and the steady state of reaction
was reached within some minutes. When the temperatareased further (keeping all other
conditions constant), the coke formation startsvebd80 °C, where CO conversion
decreases over time on stream in the temperatageraf 480 to 710 °C (Fig. 5-26). For
example, at 620 °C, the conversion of CO decrefises 7 to 6.3% in 100 min of reaction
time. At the temperature of 710 and 810 °C, a sinallease in conversion over time on
stream was observed which may be due to the gatstfitof coke formed in the temperature
range of 480 to 710°C.

X

Q, Xco
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Time on stream [min]

Fig. 5-25: CO conversion and the yield of @G@nd CH versus time on stream in CO
hydrogenation (T = 450 °C, p = 1 atmep¥ 1.2 g, ¢ = 6 mm, y;» = 66 vol.-%,
Yco = 11 vol.-%, rest B catalyst = Ni/Al2O19, gas flow rate = 138 I/h (NTP)).

After the completion of the experiment at 810 4 teactor temperature was decreased to
300 °C in the presence of smalj diream. Then the reactor temperature was incresgad
from 300 to 700 °C at the rate of 10 °C/min by addi0% Q in N,. The presence of CO
and CQ species in the outlet gas stream during the awidaif catalyst shows that the coke

formed was not completely gasified at 810 °C.
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Fig. 5-26: Time on stream stability of catalyst in CO hydnoggon at different temperature
(p = 1 atm, mg = 1.2 g, catalyst = Ni/AbO1g, dy = 6 mm, Yy, = 66 vol.-%,
Yco = 11 vol.-%, rest B gas flow rate = 138 I/h (NTP)).

5.2.3Effect of residence time on methanation

The effect of the residence time on the conversib@O and yield of C@and CH over
temperature (300 — 800 °C) was studied at two wiffegas flow rates of 48 I/lh and 138 I/h.
In both cases, a similar trend for CO conversiorwall as yield of CQ and CH was
obtained. In the low temperature range of 300 t0 2456, methane production increases
rapidly with temperature and the reaction is cdigdokinetically. Above 450 °C, catalyst

deactivation due to coke formation may also deer€x3 conversion and the yield of €H

At a temperature of about 800 °C and a low gas flate of 48 I/h, the conversion of CO
almost reached equilibrium. The effect of the resk time on the catalyst performance at

constant temperature is given below (section 5i8.dgtail.
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Fig. 5-27: CO conversion and COand CH vyield at different gas flow rate versus
temperature in CO hydrogenation (p = 1 atm, catadyNi/Al12019, d, = 6 mm,
Mcat= 1.2 g, Yi2 = 66 vol.-%, ¥o = 11 vol.-%, rest .

The effect of decrease in CO conversion with ingiregatemperature is not the result of the
equilibrium (at least for T < 700 °C) and also mwdta rather slow deactivation by coke
formation (sees Fig. 5-26 and Fig. 5-27). Hence,ititcrease of the temperature obviously
leads to a reversible deactivation of the catalgstthe methanation reaction. This strong
shift in selectivity with temperature (less methameas also found in case of GO

hydrogenation (Fig. 5-4).

It must be noted that the two experiments showkign 5-27 were done one after the other,

i.e. the experiment with the lower flow rate (48)IAvas done after the experiment with
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138 I/h. In between these experiments, the catalgst only oxidised (coke burn-off) and
then reduced with H(600 °C). In both experiments, the activity prefis similar. Hence, a
high temperature does not lead an irreversibletoedion and only to a strong decrease of
the CH, selectivity (for T > 400 °C). Whether and to wieadtent this selectivity shift is

induced by the temperature and/or by the formatiozoke is still an open question.

5.2.4Effect of residence time at constant temperature

The influence of modified residence time on catapesformance as well as on the yield of
CO, and CH was measured by varying the total gas flow raté0&t °C and atmospheric
pressure. As shown in Fig. 5-28, the conversiorC@f and the yield of CHand CQ

increases with an increasing modified residence.tim

<
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Modified residence time [kg s m 3]

Fig. 5-28: Influence of modified residence time on CO conwversand yield of CQ@ and
CH, in CO hydrogenation (T = 405 °C, p = 1 atmead®™ 1.2 g, @ = 6 mm,
catalyst = Ni/A}2019, Y2 = 66 vol.-%, Yo = 11 vol.-%, rest }.

Interestingly there was no influence of the modifiesidence time (and thus of the CO
conversion) on the selectivity of G@nd CH (Fig. 5-29). The extrapolation towards zero
CO conversion at zero residence time resultedrintohange in selectivity of GHand CQ.
Hence most probably, direct conversion of CO to &ZZTO + 2H  CO, + H,O) may take
place (parallel to the CO methanation i.e. CO + 3H CH; + H,O). By comparing the
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conversion data obtained for CO hydrogenation @-&8) and for C@hydrogenation (Fig. 5-7)
at 405 °C, it is clear that the catalyst has alamactivity for CO and C®hydrogenation,
but less CiHand more CO are obtained in €lydrogenation compared to the £&hd CQ
in the CO hydrogenation.
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Fig. 5-29: CO conversion versus selectivity of €@nd CH over Ni catalyst in CO
hydrogenation (T = 405 °C, p = 1 atm, = 10 — 49.7 kg s M me = 1.2 g,
d, = 6 mm, catalyst = Ni/AbO1g, Y12 = 66 vol.-%, ¥.0 = 11 vol.-%, rest B.

5.2.5Effect of catalyst particle size on methanation

The performance of the Ni catalyst for a particlenteter of less than 0.5 mm and 6 mm
over the temperature is shown in Fig. 5-30. Fohlsites of catalyst particles a similar trend
of CO conversion and yield of G@nd CH was obtained. The conversion of CO increases
up to 450 °C and then continuously decreases dtleetdecrease of the methane selectivity

by coke formation and/or increasing temperature.
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Fig. 5-30: CO conversion and Gand CH yield at different particle size of catalyst vessu
temperature in CO hydrogenation (p = 1 atrg:m 1.2 g, catalyst = Ni/AbOxq,
YH2 = 66 vol.-%, yo = 11 vol.-%, rest B gas flow rate = 138 I/h (NTP)).

The previously used catalyst particles of 6 mm @gmin CQ hydrogenation study were
applied in this experiment. As mentioned in secttoh.2, the long-time treatment of this
catalyst at high temperature reduced its methamadicivity. The 0.5 mm size catalyst
particles applied in this experiment were used teetmly in the particle size effect study in
CO, hydrogenation. Therefore the catalyst particle®.6f mm have a higher activity than
the 6 mm particles. Due to this reason, in the temperature kinetic regime a higher

conversion of CO and a higher yield of £ias obtained over 0.5 mm size catalyst. Hence,
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the direct comparison of reaction rate over pagtisize with different treatment is not

possible.

5.2.6Kinetic analysis and influence of internal and extmal mass transfer on

methanation
Intrinsic Kinetics

The influence of CO and Atoncentrations on the methanation is shown in %81 and
Fig. 5-32. To determine the reaction order withpees$ to each reactant, a similar equation
that was already applied in G@ydrogenation (Eqg. (5.1)) was used:

€
—mw 05§ > [ 2504 <08 ?® (5.4)

The conversion of CO was measured by varying theea@ive concentration of the reactants
CO and H at 340 °C and atmospheric pressure. Fitting tlag dy Eq. (5.4) shows a
negative reaction order for CO (p = -0.3) and atp@sorder for B (q = 0.7) (for detail see
Appendix B.1.1). These values are in good agreemht typical values reported in the
literature [97, 98].

XCO' YCOZ! YCH4 [C'%]

Cco [mol/m 3]

Fig. 5-31: Effect of CO concentration on the CO conversiod #re CQ and CH yield
(T=340 °C, p=1atm, m =12 9, § = 6 mm, catalyst = Ni/AbOxs,
YH2 = 66 vol.-%, o= 13.2 — 22 vol.-%, B= remaining proportion, gas flow rate
=48 1/h (NTP)).
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XCO' YCOZ! YCH4 [C'%]

Cy, [mol/m 3]

Fig. 5-32: Effect of H concentration on the CO conversion and the @d CH yield
(T=340 °C, p =1 atm, ¢ = 1.2 g, § = 6 mm, catalyst = Ni/AbOsq,
Y2 = 66 vol.-%, yo = 11 vol.-%, y, = 44 — 66 vol.-%, BN = remaining
proportion, gas flow rate = 48 I/h (NTP)).

The intrinsic rate of CO hydrogenation reactiothisrefore given as

i ) S— (5.5)

where ky, co IS the reaction rate constant for CO hydrogenateaction which can be

calculated as:

205 —u4€ - 50 B 573,

50, °¢. 0 ooz’ (5.6)

—h
'

The Arrhenius plot is shown in Fig. 5-33. Only thalues of k co for T < 420 °C are
included where the reaction rate is exclusivelyedatned by the intrinsic kinetic. The
activation energy E and frequency factor .k calculated from the Arrhenius equation
(Eq. (4.9)) are 102 kJ/mol and 2.35 > 1062 mol’® kg™ s?, respectively. The value ofaE
obtained in this study (102 kJ/mol) for CO hydrogigon (methanation) is within the range
found by other authors using Ni catalysts (see & &bb).
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Fig. 5-33: Reaction rate constant (1/T versus }clk) of CO hydrogenation (p = 1 atm,
Meat= 1.2 g, § = 6 mm, catalyst = Ni/AbO1g, yH2 = 66 vol.-%, y0 = 11 vol.-%,
rest N, gas flow rate = 138 I/h (NTP)).

Table 5-5: Activation energies reported in literature for @G@irogenation on Ni catalysts.

Catalyst Temperature (°C) Pressure (atm) [ (kJ/mol) References
Monolithic Ni 200 — 350 6.8 104 — 89 [98]

3% NI/SIO 227 =277 1.38 96 [99]
Ni/MgAl ;04 205 — 290 1.4 96.7 [100]

10% Ni/SiG 270 — 320 1 112 [101]
1.04Ni/K-Al;04 339 - 364 1 942 3 [102]

11% Ni (G.90-B) 305 - 345 1 102 This work

Influence of mass transfer limitation

The influence of internal mass transport on theatiVe reaction rate of CO hydrogenation
was determined for the shell catalyst as well as-stell catalyst (6 mm particle diameter

with homogeneous distribution). For external maasdport, external surface per mass of
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catalyst is important. Therefore, the external nteessport calculations are made based on
the catalyst particle of 6 mm diameter. All caltcidas were performed by using the
equations from section 4.4.1 where the analysis prasented for COhydrogenation. The
effective reaction rate of CO hydrogenation dugh® influence of internal and external
mass transport is calculated by

0 0 ¢

-< g (5.7)
of I} I lu f[~ Rg H#T L~w5 ~maV

C u#ss €

This equation is only a very rough approximatioe, the influence of the thermodynamics
is only considered for the external mass transfée model parameters required in the
calculation of the effective reaction rates of Cf@egenation reaction are given in Table 5-6.

For the details of pore diffusion calculation sggpandix B.2 (Fig. B-7).

Table 5-6: Model parameters used for the calculation of éffecreaction rate of CO

hydrogenation over Ni catalyst (p = 1 atm).

Parameters Values

Frequency factork(, o 2.35 - 16 m? mofP® kg’ s*
Activation energy Ex) 102 kJ/mol

Particle density () 1910 kg/nd

Porosity of particle ) 0.33

Tortuosity of particle, (assumption) 1.65

Molecular diffusion coefficient of COD(como) at 773 K 2.32 - 1bm%s

Knudsen diffusion coefficienD(co ) at 773 K 5.86 - IOm?/s
Pore diffusion coefficientfco pord at 773 K 4.68 - 1Om?/s
Kinematic viscosity of CO ¢o) at 773 K 1.95 - 16m?s

The internal mass transport effect was evaluatexh fthe effectiveness factor Fig. 5-34
shows the effectiveness factor versus temperaturshiell catalyst of 6 mm diameter with
0.5 mm shell thickness and for the non-shell catabf 0.5 mm and 6 mm diameter. The

effectiveness factor decreases strongly above peeature of 420 °C for both the shell as
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well as non-shell catalyst of 6 mm diameter. It traesnoted that was estimated here only

assuming an irreversible reaction (methanation).

‘§

for particle (d, = 0.5 mm

)

3! I 43

Effectiveness factor (

influence of pore diffusion

Temperature [ C]

Fig. 5-34: Effectiveness factor for the Ni/Al,O,9 catalyst versus temperature (p = 1 atm,

Yco = 11 vol.-%, y;» = 66 vol.-%, rest N\ gas flow rate = 138 I/h (NTP)).

Fig. 5-35 shows that the calculated values foretifective reaction rate due to the combined
influence of pore and external diffusion are mughar than the measured ones in the high
temperature range. The reason is that the chemgeation rate and the influence of pore
diffusion is influenced by the reverse reactionefthodynamic limitation), and Eq. (5.7)
does not consider this effect. Also note that thi& of the selectivity (less methane) with

increasing temperature is not considered in Fig45-
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Fig. 5-35: Influence of internal and external mass transporthe effective reaction rate of
CO hydrogenation (p = 1 atm,cgn= 1.2 g, ¢ = 6 mm, catalyst = Ni/AbOx,
Yco = 11 vol.-%, y;» = 66 vol.-%, rest B gas flow rate = 138 I/h (NTP)).
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5.3Water gas shift (WGS) reaction

The water gas shift reaction (CO +,8  CO, + H;) as the reverse reaction of GO

hydrogenation (RWGS reaction) was carried out mfiked bed quartz reactor setup over a
wide temperature range (300 — 900 °C) at atmosghpressure. The reaction kinetics as
well as the influence of mass transport on thectffe reaction rate of WGS reaction is now

described.

5.3.1Influence of temperature on the WGS reaction

For the WGS reaction, 1.2 g Ni/AD;g catalyst of 6 mm particle diameter was reduced in
the reactor for 24 h with a gas flow rate of 10dé@ntaining 50 % Kin N, at 800 °C. The
experiments were started by lowering the tempesator 300 °C and at atmospheric
pressure. The ¥0/CO ratio was maintained at 4. The experimentgwarried out with two
different conditions, i.e. with addition of 10% ldnd without addition of [ Hydrogen was
added into the reaction mixture to avoid the oxafadf Ni to NiO by HO. Fig. 5-36 shows
the conversion of CO and the yield of £&hd CQ at different temperature. In both cases,
the conversion of CO and the yield of £8howed a similar behavior. The conversion of
CO and the yield of Cfrise with increasing temperature up to 450 °C whee catalyst
showed stable activity. In the temperature rangd5df to 700 °C, deactivation of catalyst
due to coke formation was observed where the ceiorenf CO and simultaneously the
yield of CQ, decrease over time on stream (see Fig. 5-40). ®ke formation may occur
via CO disproportionation (Boudouard reaction) hé tNi catalyst. Details about the
equilibrium conversion of CO by the Boudouard neacare given in section 5.2.1 (Fig. 5-24).
The formation of formate-carbonate is the key meediate in the production of hydrogen
via water gas shift reaction where substantial ceéda to Ni metal cluster above 400 °C
favors the transformation of formate into carborsgiecies, providing the route for catalyst

deactivation by coking [103].

The CH, formation was not observed over the entire tentpegavhen no hlwas added into
reaction mixture while a small amount of £Was observed in the low temperature range
(300 — 600 °C) when the 10 vol.-%, kivere added into the reaction mixture which is
possibly due to the CO methanation reaction. Tliktiad of H, cannot prevent the catalyst

from deactivation due to coke formation, but sligheduces the CO conversion.
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Fig. 5-36: CO conversion and the yield of g@nd CH versus temperature in WGS
reaction with and without addition of ,Hn feed gas mixture (p = 1 atm,
Mt = 1.2 g, § = 6 mm, catalyst = Ni/AbO19, Y20 = 44 vol.-%,
Yco = 11 vol.-%, rest B yu2 = 0 and 10 vol.-%, gas flow rate = 48 I/h (NTP)).

5.3.2Influence of residence time at varying and constartemperature on the WGS

reaction

The conversion of CO by the water gas shift reactwer the temperature was measured
using a gas flow rate of 48 I/h and 138 I/h (NTRY @ constant catalyst amount of 1.2 g for
the evaluation of the effect of the residence tilesimilar trend for catalyst performance

was observed in both cases. The WGS reaction sxathermic reaction and favoured at
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low temperatures. But even at high temperaturesetiuilibrium conversion of CO is still
high (e.g. 80% at 800 °C). So the reaction wasaooitrolled thermodynamically in the
studied temperature range. As mentioned aboveddhetivation of catalyst occurs in the
temperature range of 450 to 700 °C and the actofityatalyst drops down in this region.
Above 700 °C, the catalyst showed again an increasetivity which may be due to the
gasification of coke at high temperatures. By conmggthe data obtained for 48 I/h and 138
I’/h (NTP), shown in Fig. 5-37, it is observed thhé conversion of CO increases with
decreasing the total gas flow rate (increasingleggie time) at any temperature, and ng CH

formation was observed.

—— e
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-
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-
-

Equilibrium CO conversion
(only to CO,)

Xco [C-%]

JA/{S I’h

Temperature [ C]

Fig. 5-37: Conversion of CO (water gas shift reaction) vertemperature at different
residence times without addition of, kh feed gas (p = 1 atm, = 1.2 g,
catalyst = Ni/Al:019, dy = 6 mm, Yio0 = 44 vol.-%, ¥0 = 11 vol.-%, rest B.

The influence of the modified residence time on@@ conversion and the yield of g@nd
CH,was measured at 405 °C, atmospheric pressu@/ GO ratio of 4, and by changing the
total gas flow rate over 1.2 g Ni catalyst. Fig3&shows the conversion of CO and the yield
methane and CQOobtained at different modified residence time.Gbrmation was not
observed in the whole range of the modified residetime studied except at a high
residence time (36 kg s where a negligible yield of CHless than 0.1%) was obtained.
So the consecutive CO methanation does not plaledor the given conditions.
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Fig. 5-38: Influence of modified residence time on CO cosia@r and the yield of C£and
CH, in water gas shift reaction (T = 405 °C, p =1 atng:= 1.2 g, ¢ = 6 mm,
catalyst = Ni/Al2019, YH20 = 44 vol.-%, Y0 = 11 vol.-%, rest }.

5.3.3Stability of the Ni catalyst in the WGS reaction

5.3.3.1Low temperature stability

In the water gas shift reaction, the Ni catalydtawes differently at different temperature.
No deactivation was observed below 450 °C, butctialyst shows deactivation due to coke
formation in the temperature range of 450 to 700S&, depending upon this behaviour the

time on stream stability of catalyst was studietath low and high temperatures.

The low temperature catalytic stability of the Ny#0,¢ catalyst in the WGS reaction was
tested for about 100 min at 340 °C and 450 °C,antbspheric pressure. Fig. 5-39 shows
the conversion of CO over the time on stream. THAINO,y catalyst showed a good
stability at these low temperatures (340 °C and 450
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450 C
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Fig. 5-39: CO conversion versus time on stream in WGS reacéb low temperature
(p =1 atm, nge = 1.2 g, catalyst = Ni/AbO19, dy = 6 mm, y.0 = 11 vol.-%,
Yu2o= 44 vol.-%, rest B gas flow rate = 48 I/h (NTP)).

5.3.3.2High temperature stability

The time on stream behaviour of the Ni catalyshim high temperature range of 500 °C to
900 °C and at atmospheric pressure for water géissaiction is shown in Fig. 5-40. It was

difficult to determine the amount of coke formea ¥ihermogravimetric analysis because a
very small amount of coke is formed and the mass hy burning of the coke and the mass

gain by catalyst oxidation takes place simultanBous
The experimental procedure was as follows:

At first, the water gas shift reaction was perfodnad a certain temperature, e.g. at 500 °C
(Fig. 5-40). Then the temperature was increase®0@ °C, where not only the WGS
reaction takes place but also the gasificationhef ¢coke formed at the low temperature
experiment (Fig. 5-41).

Fig. 5-40 indicates that at 900 °C, no coke is fami.e. the coke that may be formed is
gasified with steam at an appropriate rate. Hetloe catalysts used for WGS reaction at
lower temperatures for about 100 min regain thetivay by gasification, if the temperature
of 900 °C is adjusted afterwards. This is showRim 5-41.
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600 C 900 C

Xco [C-%]

Time on stream [min]

Fig. 5-40: CO conversion versus time on stream in WGS reaaiiohigh temperatures
(p =1 atm, nge = 1.2 g, catalyst = Ni/AbO19, dy = 6 mm, y.0 = 11 vol.-%,
Yuzo= 44 vol.-%, rest B gas flow rate = 48 I/h (NTP)).

Xco [C-%]

Time on stream [min]

Fig. 5-41: CO conversion versus time on stream in WGS reactt®00 °C after the lower
temperature experiments (p = 1 atmegm 1.2 g, d = 6 mm, y¥o = 11 vol.-%,
Yr2o= 44 vol.-%, rest i catalyst = Ni/A{,O1, gas flow rate = 48 I/h (NTP)).

In another experiment, the freshly reduced Ni gata800 °C) was applied for 6 h in the
reaction at 650 °C where the catalyst shows deatativ with time on stream (Fig. 5-42).
Then this used catalyst was oxidised in the saraetae using 5.5 vol.-% Din N, by

increasing the temperature from 300 to 700 °C @t of 10 °C/min. The presence of CO

98



Results and discussion

and CQ species in the outlet gas stream during oxidabibnatalyst (coke burning) were
analysed using a micro-gas analyser and the anubwatke formed was quantified from the
CO, produced during the catalyst oxidation. The attief the catalyst was then recovered
by oxidation/reduction. The regenerated catalyss wgain used for 3 h and the same

procedure was repeated to confirm the coke formatio

Fig. 5-42: Time on stream stability and coke formation oveshly reduced catalyst in
WGS reaction (T = 650 °C, p = 1 atmeh¥ 1.2 g, § = 6 mm, ¥0 = 11 vol.-%,
Yreo= 44 vol.-%, rest W catalyst = Ni/Al;O19, gas flow rate = 48 I/h (NTP)).

Fig. 5-42 clearly shows that the regeneration becourn-off is possible. The amount of
coke is rather small compared to the carbon (as tG&t)has passed through the reactor.
During the 6 h experiment, about 17 g of carbonG&9 have entered the reactor but only
0.45 mg of coke was formed. Nevertheless this samalbunt of coke is sufficient for a
strong deactivation of the catalyst, although thmant of coke (0.04 mmol C) is still small
compared to the amount of Ni (2 mmol), but at l&ashe same order of magnitude (and not

all of the Ni material is accessible by reactants).
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5.3.4Kinetic analysis and influence of internal and extmal mass transfer on the WGS

reaction
Intrinsic kinetics

The reaction orders of the water gas shift reactigth respect to reactant and product
components over the Ni/O,o catalyst were determined by fitting the experiraédata to
Eq. (5.8).
€
—w 05§ - £y 7 4§ €%504<0& € (5.8)

The respective experimental results are shown enFily. 5-43 to Fig. 5-46. The reaction
orders with respect to reactant CO an®Hare 0.8 and 0.4 while the products &hd CQ
shows a -0.15 and -0.1 order dependencies on tmdior rate of WGS reaction. (see

Appendix B.1.2). Both of these negative order deecies of products were not

considered in the intrinsic rate calculation.

mo

R __/____ _______________ \ m12

XCO' YCOZ! YCH4 [C'%]

Cco [mol/m 3]

Fig. 5-43: Effect of CO concentration on the CO conversiod tre CQ and CH yield in
WGS reaction (T = 340 °C, p = 1 atmea¥ 1.2 g, § = 6 mm, Yipo= 44 vol.-%,
Yco= 5.5 — 14.3 vol.-%, M= rest proportion, catalyst = Ni/&D19, gas flow rate
=48 I/h (NTP)).
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ml2

XCO' YCOZ’ YCH4 [C'%]

Cizo [mol/m 3]

Fig. 5-44: Effect of HO concentration on the catalyst activity and the @l CH vyield in
WGS reaction (T = 340 °C, p = 1 atmeg¥ 1.2 g, ¢ = 6 mm, y.0= 11 vol.-%,
Y20 = 34 — 54 vol.-%, K= rest proportion, catalyst = Ni/AD19, gas flow rate
=48 I/h (NTP)).

mo
ml -
ml2

XCO’ YCOZ' YCH4 [C'%]
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Fig. 5-45: Effect of H, addition into the feed gas of WGS reaction (T 3&, p = 1 atm,
Mear= 1.2 g, § = 6 mm, catalyst = Ni/AbO1g, Yco= 11 vol.-%, y0= 44 vol.-%,
Y2 = 0 — 18.75 vol.-%, M= rest proportion, gas flow rate = 48 I/h (NTP)).
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XCO' YCOZ! YCH4 [C'%]

Ccoy [mol/m 3]

Fig. 5-46: Effect of CQ addition into the feed gas of WGS reaction (T 8 3€, p = 1 atm,
Mear= 1.2 g, § = 6 mm, catalyst = Ni/AbO1q, Yco= 11 vol.-%, y0= 44 vol.-%,
Ycoz= 0 — 16.67 vol.-%, Pl= rest proportion, gas flow rate = 48 I/h (NTP)).

The intrinsic reaction rate of WGS reaction hasbasculated as

} pop" fh ™ (59)

wherekn cois the reaction rate constant for WGS reactiorctvisian be calculated as:

205 —m4® "5 0
b Zzks o4, M E T

(5.10)

The temperature dependencyk@fcois shown in Fig. 5-47.

To determine the intrinsic kinetic, only the valugfsk, co for T < 345 °C are included
where no mass transport or thermodynamic limitatioocur. The frequency factog k and
apparent activation energy of reaction &e 3.46 - 10m>°® mol®? kg* s* and 96 kJ/mol,
respectively. The activation energy data reponteliterature for the water gas shift reaction
over Ni containing catalyst is given in Table 5The value of k (96 kJ/mol) obtained in

this study is within the range found by other autho
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T[C]

( 1 1 1 1

( Trendline
intrinsic reaction rate constant

In Ko M3 mol-02 kgt s

E, = 96 kd/mol
(1 Ko = 3.46 610° m3¢ mol02 kg? st
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Fig. 5-47: Reaction rate constant (1/T versus lck) of the WGS reaction (p = 1 atm,
Mt = 1.2 g, ¢ = 6 mm, catalyst = Ni/AbO19, Vo0 = 44 vol.-%,
Yco = 11 vol.-%, rest B gas flow rate = 48 I/h (NTP)).

Table 5-7 Activation energies reported for water gas staétction on nickel catalysts.

Catalyst Temp (°C) Pressure (atm) [ (kJ/mol) Ref.

5% Ni/Al,03 monolith 300-1000 1 85 [104]

5% Ni/5% Ce/A}O3; monolith 300-1000 1 85 [104]

5 at.% Ni/Ce(10% La)Q 275-300 1 38 [105]
Black NiO 200—-300 1 962 p [106]

Green NiO 200—-300 1 892 p [106]

11% Ni(G.90-B) 305-345 1 96 This work

Influence of mass transport

To determine the influence of mass transport oreffective reaction rate of water gas shift

reaction, all the calculations were made by usiregequations from section 4.4.1. Similar to
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CO, and CO hydrogenation, the influence of mass teanaf WGS reaction was calculated
for both shell catalyst (thickness of 0.5 mm) arah-shell catalyst (d= 6 mm). The
effective reaction rate due to the influence ofbioternal and external mass transport was
calculated as:

0 0 ¢

C € < g 5.11
#5% of I} |}[n fy'} Rg H#T L~w5 ~maV ( )

The model parameters required in the calculatioeftdctive reaction rates of water gas
shift reaction are given in Table 5-8. The detapede diffusion calculation for Ni/A}O19

catalyst is given in appendix B.2 (Fig. B-8).

Table 5-8: Model parameters used for the calculation of éffecreaction rate of the water

gas shift reaction over Ni catalyst (p = 1 atm).

Parameters Values

Frequency factorkf, o) 3.46 - 16 m** mol®?kg* st
Activation energy[Ea) 96 kJ/mol

Particle density (,) 1910 kg/nd

Porosity of particle () 0.33

Tortuosity of particle, (assumption) 1.65

Molecular diffusion coefficient of COD(como) at 773 K 1.07 - Ibm?/s

Knudsen diffusion coefficienD(co kn) at 773 K 5.86 - 1Om?/s
Pore diffusion coefficientRco pord at 773 K 3.78 - 1Om?/s
Kinematic viscosity of CO ¢o) at 773 K 8.17 - IBm?/s

In the water gas shift reaction, the influenceoffe diffusion on the effective reaction rate

was evaluated from effectiveness factorFig. 5-48 shows the effectiveness factor versus
temperature for the shell as well as for a hypath&in-shell catalyst. For both catalysts the
effectiveness factor decreases strongly with irstingatemperature close to 345 °C. Fig. 5-49
compares the effective reaction rates (consideriggl and with actual). There is a clear

influence of pore diffusion for both the shell amah-shell catalyst.

104



Results and discussion

)

Effectiveness factor (

pore diffusion region

Temperature [ C]

Fig. 5-48: Effectiveness factor for catalyst versus tempeea(p = 1 atm, @ = 1.2 g,
catalyst = Ni/Al2019, Yco = 11 vol.-%, Y0 = 44 vol.-%, rest N gas flow rate
=48 1/h (NTP)).

Fig. 5-49: Influence of internal and external mass transporthe effective reaction rate of
WGS reaction (p =1 atm, g = 1.2 g, Yo = 11 vol.-%, Y0 = 44 vol.-%,
rest N\, catalyst = Ni/A{2019, gas flow rate = 48 I/h (NTP)).
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The measured values of the effective reaction aatedecreasing above 450 °C at which
catalyst deactivation due to coke formation startBdlow this temperature, no coke
formation takes place due to kinetic limitationsilelat a very high temperature (e.g. 900 °C),
the coke (if formed) is converted with steam. Thae the calculated values of the
effective reaction due to combined influence oérnal and external mass transfer are much
higher than the measured one in the temperatugerah 450 to 700 °C. Fig. 5-49 also
reveals that at high temperatures of about 900th€,measured values of the effective

reaction rate are near to the external mass tnaregjene.
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5.4 Simulation of a reactor for a technical RWGS proces

Based on the kinetic data of the RWGS reactionchwviere determined for both the Ni- and
Al,Os-catalyst, technical reactors were simulated. Thsid equations and assumptions of
the respective reactor model are described in thiessquent section 5.4.1. Two cases were
considered as attractive for a technical RWGS psecesothermal and adiabatic operation
in a fixed-bed tubular reactor. The latter conceymiuld be easier to realize on a technical
scale, because external or internal heating woulmt be required. But at least for
comparison, the isothermal case was also considérkd respective modelling results are
discussed in section 5.4.2.

5.4.1Basis equations of the reactor model

For the simulation of a fixed bed RWGS reactorna-dimensional heterogeneous reactor
model was applied, i.e. changes of concentratiodstemperatures were only considered in
axial but not in radial direction. The differentedjuations for mass and energy were solved
by using the progranBerkeley MadonnaThe following assumptions were made for the

adiabatic fixed bed reactor model:

(1) No axial dispersion of mass and heat in theagasell as in the solid phase.

(2) No heat losses and thus no radial temperatacient.

(3) The enthalpy of reaction is assumed to be emsiie. not a function of the temperature.

(4) The catalyst particle is assumed to be isotherinahddition, an external heat transfer

resistance is not considered (temperature of partitemperature of gas phase).

(5) Both pore diffusion and film diffusion concentratigradients were taken into account.

(As shown below, the external resistance is verglsmbove all at high gas velocities)

For a differential element of the fixed bed (Fieb®) the mass and energy balances are

fe Lo B, (5.12)

“ei$FQ 8V~ DZi] la  uss (5.13)
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* & IS the superficial gas velocity, the catalyst bulk density,.ss the effective reaction
rate (which may be influenced by internal and exdemass transfer),s ro the gas

density, gy the heat capacity of the gas, and the enthalpy of reaction.

Fig. 5-50: Differential element of the fixed bed reactor alafinitions.

The boundary and initial conditions are

L L ( 5. p. ® ~ Z (5.14)
Z 0 (+ (5.15)

whereL is the inlet temperatuend |, _ the inlet gas phase concentration ofzCO

For the simulation of an isothermal reactor (exaélyrheated in an industrial operation) only
the mass balance (Eqg. (5.12)) is considered.

The inlet composition of reaction gas mixture onbnsists of C@ and H. The reaction
order assumed to be first order for £&hd zero order for H The parameters required in the
pore diffusion and external mass transport calmratare given in Table 5-9.

Table 5-9: Model parameters used to calculate the effecate of CQ hydrogenation.

Parameter Ni/Al 12019 Al>,O3
Frequency factorkf, o), m° kg™ s* 1.7 - 16 40.9
Activation energya), kJ/mol 68.5 72
External mass transfer coefficien) @t 1000 °C, m/s  2.56 2.56
External mass transfer arén(ey), m/kg 0.52 0.69

For the reversible RWGS reaction, the effectivetioa rate due to the influence of internal

mass transport only is calculated as
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oot ¥ € 5——g—— f-y (5.16)

The effectiveness factd¥is a function of the Thiele modulus for a revelesibeaction
(Eq. (5.17)) and |, _is calculated by the Arrhenius equation (Eq. (4.9)

8 € <0 |}~:8

GG aQt ~ 91 € (5.17)
Y € D 1) - 43S
In case of control by external mass transportrelaetion rate is given by
41 RS s L .5 pp_alV (5.18)

The values ofR andS .,y are calculated by the Egs. (4.22) to (4.27). Othemameters

required for the simulation are given in Table 5-10

Table 5-10:Reactor and catalyst dimensions, and operatinditons.

Simulation case Notation and unit Values

Reactor and catalyst:

molar specific heat at constant pressureg, (J/(mol K)) 30

molar density of fluid (gas) ' $ FQ (mol/m®) =BC2 L4 -

particle density of catalyst : 5 (kg/nT) 1910 (Ni/Al2019)
bulk density of catalyst : o (kg/n?) 1200 (Ni/Al2010)
superficial velocity * ¢ (M/s) 0.1-15

particle diameter f(m) 0.006

enthalpy of reaction Z,] @p-o (J/mol) 31800

Operating conditions:
inlet temperature T (°C) 1000 - 1200

pressure p (bar) 1
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The effective rate by the combined influence okinal and external mass transport is
calculated as
0 0o ¢

s € < § (5.19)
8FG# #T

Note that Eq. (5.19) is only an approximation beeain the pore diffusion term the
unknown surface concentration has to be considemed not the gas phase values) and for
the external mass transport, the equilibrium cotraéon is only established at the external
surface, if the external mass transfer is the dafgending step. Hence, Eq. (5.19) is only
correct, if only pore diffusion or only the extermaass transport play a role. For the regime
between these two extremes, Eq. (5.19) is onlyppnoximation.

The equilibrium concentration of GQ@ |, _ 4of the RWGS reaction can be calculated

based on the following mass balances for oxygedrdgen and carbon:

iL=p_ <3 7y =g ou< poad (s (5.20)
Vo < g fo#. < ) #. (5.21)
8 p. <y bo#.< ) 4. (5.22)

The equilibrium constant for the RWGS reacti€g (€ ) is defined as

g, oL 12

” (5.23)
P~ - 4.
Combination of the Eq. (5.20) to (5.23) leads to
Lp. < p S p My <gy 5 paV
[} -#. el 5 5 v (5.24)
8% f- I} - } -#.
Rewriting of Eq. (5.24) in the quadratic fofm” < - <o Z vyields
€g<0° | 4 <€ j_ 5€ ;. 5 ) 5=3_ 5
(5.25)

o

1} poe.<tp-. Ly < ¢y V<o oy < pl°

The equilibrium constarfig for the RWGS reaction is given by Twigg [56] as
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0
1
“e ICBEZF33 i< ZV3ZKE < potK S< ZBOYKH (5.26)
Eede S 1 OZZZG 50
‘ L2€4

5.4.2Results of the simulations of technical RWGS reacte

In order to check, whether the external mass tesinBhAs to considered, the reactor
simulation was done at first by using Eq. (5.19)tfoee different cases:

Casel:  _v»

Case llR v »
Case llI: regular model

The comparison of the conversion of £@btained over the reactor length at 1000 °C and
1200 °C for both the adiabatic and the isothermacttor (Fig. 5-51) at the three different
cases shows that there is almost no influenceeoegternal mass transport on the effective
reaction rate of C@hydrogenation over the Ni catalyst. The effectigaction rate is only
controlled by the interplay of pore diffusion antl tbe chemical reaction, which is the
reason that case Il and Il lead to almost the sa&®elt (Fig. 5-51).

The CQ conversion obtained at inlet temperatures of 1800and 1200 °C for both the

adiabatic and isothermal case does not show abigmjifference because of two reasons:

(1) The difference of the equilibrium conversion at Q0 and 1200 °C is not very
pronounced (82% and 87%, respectively, see Figt 1R = 3).

(2) The influence of pore diffusion is pronounced fasttb temperatures, because the
calculated effectiveness factor is only about 3% 4@ at 1200 °C and 1000 °C,
respectively. So the effective (apparent) activagoergy is roughly half of the intrinsic
value of 68.5 kd/mol (Table 5-9). Hence, an inceeaisthe temperature from 1000°C to
1200 °C only leads to an increase of the effecteaction rate constant by a factor of
1.6. As expected, this is also roughly the diffeeein reactor length needed to reach a

certain conversion (see Fig. 5-51, regular modeisimthermal conditions).
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Fig. 5-51: Axial profiles of CQ conversion for the Ni/AbO:g¢ catalyst and three different
cases (Eq. (5.19);; _v» Rv» ,andregular model ¢fCO, = 3).

The simulated adiabatic temperature profiles dediht gas superficial velocities along the
axial reactor coordinate are shown in Fig. 5-5Zhidotr Ni/Al;,0,9 and AbO3; as catalyst.

The reaction temperature decreases along the letgthto the prevailing endothermic
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RWGS reaction, i.e. the energy consumption by #aetion leads to a cooling of the gas.
For an inlet gas temperature of 1200 °C and thlkdsigsuperficial gas velocity of 15 m/s (at
To), the adiabatic final temperature of 998 °C icheal at a reactor length of about 0.4 m
for the Ni catalyst and at about 25 m for the@l catalyst. The respective residence times
(related to the empty tube) are only about 30 mgHe Ni catalyst and about 2 s for the

Al,Os. For lower gas velocities, the required lengtimsl(gesidence times) are smaller.

Fig. 5-52: Axial temperature profiles of an adiabatic readtmr Ni/Al;120:9 and AbO5; as
catalysts (H/CO, = 3).

Similarly, the axial profiles of the GQronversion are shown in Fig. 5-53 for the simwate
adiabatic and isothermal case both for the Ni ah@Acatalyst. The conversion of G@nd
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thus the yield of CO increases along the reactogtte and reaches the maximum
(equilibrium) value at the reactor outlet. As thas guperficial velocity increases, the reactor
length required to reach the equilibrium also iases. As already stated, an increasing gas
velocity also increases the required length of thactor to reach (almost) the final
equilibrium value. For the Ni catalyst and an irtesnperature of 1200 °C, an increase from
0.5 m/s to 15 m/s leads to an increase of the sed&atgth from about 0.013 m to 0.4 m for

the adiabatic reactor and from 0.01 m to 0.3 ntHerisothermal reactor.

Fig. 5-53: Conversion of C@ over Ni/Al;20,9 and AbO; catalysts at different gas

superficial velocities versus axial reactor co-pade (H/CO, = 3).

The conversion of COto CO obtained at the reactor outlet is about 8@f4he adiabatic

reactor and 87% for the isothermal reactor.
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Fig. 5-54 shows the conversion of £€&long the reactor length at differen/ &0, ratios for
the adiabatic and isothermal simulation (again boththe Ni and AJO; catalyst). As the
ratio H,/CQO, increases, the conversion of £faises along the reactor length. For example,
if the inlet ratio of H/CQO; is increased from 1 to 6, the conversion of,GDthe reactor
outlet increases from about 55% to 91% for thelstia reactor and from 62% to 93% for
the isothermal reactor. But high inlet/BO, ratios also increase the,/80O ratio of the
produced syngas, which then may not be optimal &osubsequent Fischer Tropsch
synthesis. The MCO ratio of the syngas at the reactor outle{{f) for different H/CO,
ratios of the feed to the RWGS reactor is showrign 5-55.

Fig. 5-54: Conversion of C@ over Ni/Al;;0;9 and ALOj; catalysts at different inlet gas

composition versus axial reactor co-ordinated5 m/s, R = HCO,).
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----- Isothermal

——— Adiabatic

Rgyngas = Ho/CO (reactor outlet)

ptd
-
pid
-

Rfeed = HZ/COZ

Fig. 5-55: Molar H/CO ratio of the syngas {Rgag at the reactor outlet for different molar
H./CO, ratios of the feed (B¢ to the RWGS reactor (p = 1 bar).

Fig. 5-55 indicates that an almost optimal@D ratio of the syngas of slightly above two
(to account for the methanation, which always tagksce during Fischer Tropsch) is
reached for a HICO, ratio of the feed of about three. This ratio whasréfore used for

further simulations.

As mentioned before, the reactor length requiregetoa particular conversion depends upon
the gas inlet temperature, the gas superficialogioand the inlet gas composition. For the
RWGS reaction over the Ni/fO19 catalyst (inlet temperature of 1200 °C, inlef/€D,
ratio of 3), the reactor length required to rea®¥9of the equilibrium conversion in the

adiabatic and isothermal case is shown in Fig..5-56

Fig. 5-57 shows the similar pattern for,@® catalyst. As the effective rate of the RWGS
reaction over AlOsis by about a factor of 40 lower compared to thedtalyst, the reactor

length required is much higher compared to N8l catalyst to get the same conversion.
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Fig. 5-56: Reactor length required for 99% of equilibrium eersion in adiabatic reactor
(Xcoz2 = 81%) and isothermal reactor dg¢ = 86%) versus superficial gas
velocity over Ni/AL,Oy9 catalyst (H/CO, = 3, p = 1 bar).

Fig. 5-57: Reactor length required for 99% of equilibrium eersion in adiabatic reactor
(Xco2 = 81%) and isothermal reactor dg¢ = 86%) versus superficial gas
velocity over AbO; catalyst (H/CO, = 3, p = 1 bar).
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5.4.3Pressure drop in fixed bed technical RWGS reactors
According toErgun[107], the pressure loss in a fixed (packed) begivisn by
7 : $ *g

zB, €y ———
g =

h (5.27)

where: g4 is the density of the fluid (kgfp /, the friction factor of a packed bed, which is
given by the following equation based on the pkrtiReynolds number, * o gOc

205 4,4

u
a

. 377
/, 13[ <205 Y,4—6 (5.28)

%
For non-spherical particles an equivalent paruiiteneter is used

Y g
S 4t

h (5.29)

which is the diameter of a sphere with the sameraat surface area per unit volume as the

actual particle.
For a packed bed of spheres (equal diameter, ppiast 0.4), Eq. (5.28) simplifies to

otzz
l, 33<—— (5.30)
The patrticle diameter and the fluid velocity havst@ng influence omB,. As we can see
by insertion of Eq. (5.30) into Eq. (5.27R , is proportional td*¢O § for low values of

and to* £O g for high values.

The production of syngas by G@ydrogenation would most probably been done at the
typical pressure of the subsequent productiongpfidi fuels via Fischer Tropsch synthesis.
Hence, a total pressure of 30 bar, a maximum presdwp of 1 bar, and an inlet
temperature of 1200 °C are assumed for the fimaliksition of a technical RWGS reactor. In
addition, only adiabatic operation is subsequeantigsidered, as this type of operation is
much easier to realize in a technical reactor coatpso isothermal operation. The fluid
density and viscosity are calculated at 1100 °@r@ye temperature in adiabatic reactor).
Values of the required parameters to calcutdgare given in Table 5-11. Fig. 5-58 shows
that the pressure drop per meter length stronglyeases with increasing superficial gas

velocity. In case of the AD; catalyst and an adiabatic fixed bed reactor, tipedicial gas
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velocity should be less than 1.7 m/s to limit thegsure drop to the assumed value of 1 bar.
The reactor length is then 2.8 m (to get 99% ofdageilibrium conversion) (Fig. 5-57). At
this velocity,zB,O7is about 0.38 bar/m and 8, 1 bar over the total reactor length. In
case of the Ni/AbO,o catalyst and at same superficial gas velocity .Gf /s, a reactor
length of 0.05 m (Fig. 5-56) would be sufficiendaB, would only be about 0.02 bar.

The respective gas velocity for the Ni{AD;g catalyst, where the assumed limiting value of

zB, of 1 bar is reached, is 6.7 m/s (reactor lengtD.»8 m).

Table 5-11:Model parameters used to calculate the pressopeafra RWGS reactor.

Parameters (30 bar, 1100 °C) Values
Kinematic viscosity (), nf/s 6 - 10°
Fluid density (1), kg/nT 4.65
Particle diameterd;), m 0.006
Particle Reynolds numbeRé at u =1 m/s 1000
Friction factor {,) at u=1 m/s 34.7

p, 1 bar (Ni/Al;,04)

p, 1 bar (AL,O,)
Py 0.02 bar (Ni/Al;,0,)

p,/L [bar/m]

T=1100 C
p = 30 bar

Superficial gas velocity, u ¢ [m/s]

Fig. 5-58: Pressure drop in fixed bed reactor per meter kefmt different superficial gas
velocities.
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5.4.4Estimation of the size of the RWGS reactor with regrd to a subsequent Fischer

Tropsch fixed bed reactor

It is interesting to estimate the size of an adial®WGS reactor (both for the investigated
Ni- and the AJO; catalyst) needed for a subsequent Fischer-TroffSthreactor. Accor-
ding to the data given bjessandKern [48], the parameters of a technical FT reactoraare

follows:

0 The FT reactor is a multitubular reactor with 8@0Bes each with a diameter of 5 cm.
0 The total volume rate of fresh (dry) syngas is ad@®,000 n¥h (NTP).
0 The total pressure is around 30 bar.

The reactor length required to get 99% of the doyuilm conversion of C@is calculated as
Tnme 4} P#.. * e (i: Ni- or Al,Os-catalyst) (5.31)
And the length to reach a certaiB, (in this calculatiorzB, = 1 bar) as

For the estimation of the design of the adiabai¢@S reactor, the following assumptions

were made:

o For the assumed volume rate of dry syngas of 160rf¢h (NTP), the volume rate
through the RWGS reactor is 201,008/m(NTP), because for a G@onversion of 81%
(reached in adiabatic operation) 20% of the syngasgater, which is separated. At a
mean temperature of 1100 °C and 30 bar, this qoorets to 34,000 ¥h (= 9.4 ni/s).

o For the Ni/AL,O19 catalyst, the residence time required to get 99%hefequilibrium
conversion of CQis 0.027 s (see Fig. 5-56); the respective vatuehe AbO; catalyst
is 1.65 s (see Fig. 5-57). (Remark: Pore diffus@ronly determined by Knudsen
diffusion. Hence, there is practically no influermiethe total pressure on the effective

reaction rate (constant) and thus also not ondgeired residence time.)
o For the pressure drop in the RWGS reactor a ligiialue of 1 bar is assumed.

The dimensions of the fixed bed of the RWGS reaatorthen estimated as follows.

(a) Ni/Al 1,049 catalyst: At a superficial gas velocity of 6.7 ntfse reactor length required
to get the 99% of the equilibrium conversion of 4€0.18 m and the assumed pressure
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drop of 1 bar is also just reached (Fig. 5-59).tiis length is rather small, a length of
0.5 m can be assumed to be appropriate (to be eosafe side with regard to bypass
effect etc.), even if the pressure drop then irewedo 2.5 bar. The cross-sectional area
of the RWGS reactor is 1.4°nfratio of volume rate of 9.4 s and gas velocity of

6.7 m/s), the reactor diameter 1.3 m, and the velofrthe catalyst is 0.7

Adiabatic reactor

N, pp =1 bar
\. AlZOS
N\
.\
N

p, =1 bar

Reactor length [m]

'~ p, =1 bar
S Ni/Al;,01q

Superficial gas velocity, u ¢ [m/s]

Fig. 5-59: Reactor length versus superficial gas velocitgheéal-dotted line: length, where a
pressure drop of 1 bar is just reached; lines:tlemgquired to reach 99% of
equilibrium conversion (¥o2 = 81%).

(b) Al,O3 catalyst: Now a lower superficial gas velocity o¥ m/s has to be adjusted to
reach 99% of the equilibrium conversion of £@nd also a pressure drop of 1 bar
(Fig. 5-59). The corresponding length of the fiXxeed is about 2.8 m, and the cross-
sectional area 5.5 71{2.6 m diameter). Increasing the reactor lengti Iy (total length
of 3.8 m) to be on the safe side then correspomds \tolume of the AD; catalyst of

about 21 m, which is by a factor of 30 higher compared tolheatalyst.

These estimations clearly show that for both catalythe required volume is rather small to
deliver the syngas for a huge technical FT readibe question, whether the Ni- or the Al-
catalyst should be used is then a question of tsscof the catalyst and even more
important of the long term stability of the catdlyshich should be determined by further

investigations.

121



122



Summary and outline

6. Summary and outline

Motivation and background of work: The consumption of fossil fuels is growing
continuously and with that the release of d@to the atmosphere by their combustion.
Every year billion tons of anthropogenic €&re emitted into the atmosphere, which has an
impact on the environment such as global warmirflge Tapture and storage of €@
guestionable. Therefore the conversion of,@®@useful chemicals and fuels is probably a
more attractive option. Hence, there is a conshlileraeed for research on the utilization of
CO; in the production of liquid fuels. As a concept feustainable development, it is

possible to produce liquid fuels from 8y the following steps:

Capture and separation of g€fbom flue gas (or in future even from air),
production of H by high temperature water electrolysis and nosif@ectricity,
conversion of C@to CO by the reverse water gas shift reaction,favadly

conversion of CO (and Hto liquid fuels via Fischer Tropsch synthesis.

In this work the CQ@hydrogenation was investigated mainly at high teraijpees over a
Ni/Al 1,019 catalyst, i.e. at conditions where the reverse mgas shift reaction is favoured

thermodynamically and CO and® are the main products.

Outline of the experimental study: The experimental studies on €@ydrogenation, CO
hydrogenation, and the water gas shift reactiorr tive Ni catalyst were carried in a lab

scale fixed bed reactor.

The reactions were carried out in the wide tempeeatange at atmospheric pressure. The
influence of reaction parameters such as reaceampérature, concentration of reactants,
residence time, and catalyst particle size wasieiud he kinetics were determined for all
three reactions (i.e. Gydrogenation, CO hydrogenation, and water gds réaiction), i.e.
the intrinsic and the effective kinetics (influencokinternal and external diffusion) were
determined. Beside of the Ni catalyst, other catalguch as AD; were tested.

Results of the experimentsThe results of the experiments can be summarséallaws.

Hydrogenation of C@ To get a basic idea about the activity of thealgats for CQ

hydrogenation, various commercial catalysts westete (see Table 5-4). Among all the
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studied catalysts, Ni/AO19 exhibits the highest activity. Therefore, the dethkinetic
study of CQ hydrogenation was performed using this catalyst.

In CO, hydrogenation, the conversion of £€&nd the yield of CO increases with increase in
temperature (300 to 950 °C) while the yield of nasth increases up to 500 °C and then
continuously decreases due to thermodynamic limaitat At high temperatures, the

equilibrium conversion was nearly achieved. Forneple, at 950 °C and atmospheric

pressure about 94% of the equilibrium conversios mached at the residence time of only
18.3 ms (empty tube) with a catalyst particle stitdess than 0.5 mm size, where the
external mass transfer controlled regime does @ot han influence. The long time on

stream behaviour of the Ni catalyst at 900 °C amabapheric pressure shows a very good
stability. The intrinsic kinetic parameters (actiga energy and frequency factor) calculated
by the Arrhenius equation are 65 kJ/mol and 5.58 m"° moP° kg™ s*, respectively. The

reaction rate of Cohydrogenation can be described by the followingagign:

- 1 €l 204

The influence of mass transfer resistances on tiectiwe reaction rate of CO

hydrogenation was calculated for the spherical MHtakyst. The comparison of the
experimental results with the calculated ones shavwgood agreement for the combined
influence of the pore diffusion and external diftas on the effective reaction rate for the
used shell catalyst. The catalyst performance ieeraad more controlled by external mass
transfer above a temperature of about 900 °C, at leor the low gas velocities of the

experiments.

Hydrogenation (methanation) of COhe hydrogenation of CO is an exothermic reaction

and thermodynamically favored at low temperatufiése conversion of CO increases with
increasing temperature up to 450 °C and then deesedn the temperature range of 480 to

710 °C the catalyst deactivates due to coke foonati

The reaction orders obtained at 340 °C and atmosppeessure in CO hydrogenation were
-0.3 and 0.7 for CO andHrespectively. The activation energy and frequeiacyor are
102 kJ/mol and 2.35 - ton*? mo’® kg™ s, respectively.

The mass transfer calculations for the shell catadyhow an influence of pore diffusion
above a temperature of about 420 °C. Due to theysttdeactivation, the calculated values
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for the effective reaction rate by the combineduefce of pore and external diffusion are
much higher than the measured ones in the highdsahpe range.

Water gas shift reaction (WGSIhe water gas shift reaction was also studied eseverse

reaction of CQ@ hydrogenation. The reaction is exothermic andetloee thermodynamically
most favoured at low temperatures.ahd CQ are the main products of the WGS reaction.

The conversion of CO and the yield of £e with temperature up to 450 °C, and no,CH
formation as well as catalyst deactivation was olesk In the temperature range of 500 to

700 °C, the Ni catalyst shows deactivation dueoleedormation.

Both reactant concentrations (CO,@J show a positive impact on the WGS reaction while
the addition of product components (£®,) to the reaction mixture shows a negative
impact. The reaction orders obtained for CQOHCG, and B are 0.8, 0.4, -0.1, and -0.15,
respectively. Almost no CHormation was observed.

The activation energyand frequency factorgover the Ni catalyst for the WGS reaction
are 96 kJ/mol and 3.46 - 1m>*°® mor®? kg™ s?, respectively. Mass transfer calculations for
the shell catalyst show an influence of pore diinsabove 350 °C. Due to catalyst
deactivation in a temperature range from 500 to “fhe measured values of the effective
reaction rate decreases. For temperatures of hare@00 °C, the effective reaction rate is

also influenced by external mass transfer.

Finally, a one dimensional adiabatic and isotherfixa@d bed reactor model was used to
simulate a technical reactor for the productionsghgas via C@ hydrogenation over
Ni/Al 1,049 catalyst as well as for AD; as catalyst. The axial profiles of temperature and

conversion were calculated.

The effective rate of the RWGS reaction over Nif®o catalyst is by about a factor of 40
higher compared to the AD; catalyst, and thus the reactor length requiremhush lower

compared to the ADscatalyst to get the same conversion.
Outline

The long term stability of the Ni and the ®kcatalyst should be tested in more detail and -
if possible - for a period of several weeks. Thgraltemperature of even more than 1000 °C
should be realized by an appropriate reactor aatrigesystem.
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7. Zusammenfassung und Ausblick

Motivation und Hintergrund der Arbeit: Aufgrund der weltweit wachsenden
Industrialisierung und dem damit verbundenen stelga Wohlstand wird der Verbrauch
fossiler Energietrager (Erdgas, Erd6l und Kohlejnuglich weiterhin wachsen. Dies be-
deutet auch, dass der gBusstol3 in die Atmosphéare zunehmen wird, was \asigtitlich

zu einer weiteren Verstarkung des natirlichen Thailseffektes fuhrt.

Um einen weiteren Anstieg der G®onzentration in der Atmosphare zu verhindern bzw
zu begrenzen, wird eine G@btrennung aus Kraftwerksrauchgasen und eine #ie8emde
Sequestrierung erwogen (CCS-Technologigarbon Capture and Storape Diesem
Konzept steht aber ein Mangel an hierfur notwendigagerstatten entgegen. Aul3erdem ist
noch nicht eine sichere unterirdische Lagerung @8s tUiber einen sehr langen Zeitraum
gewahrleistet. Hinzu kommt eine moglicherweise nedmde Akzeptanz in der

Bevolkerung.

Eine Alternative zur CCS-Technologie ist die chahesNutzung von (abgetrenntem) £0
CO, kann als Synthesebaustein in der chemischen meugénutzt werden oder als
Einsatzmaterial zur Kraftstoffproduktion dienen.rDetztgenannte Ansatz ist im Hinblick
auf die Klimaproblematik sicherlich der sinnvolleda im Vergleich zu den Produkten der
industriellen organischen Chemie deutlich mehr tstaffe (wie Benzin und Dieseldl)
verbraucht werden. Derzeit besteht allerdings neicherheblicher Forschungsbedarf, um

CO, als Synthesebaustein bzw. fir die technische elersg von Kraftstoffen einzusetzen.

Ein Konzept zur nachhaltigen Produktion von Kohlesserstoffen auf C&Basis besteht

aus folgenden Reaktionsschritten:

o Abtrennung und Reinigung des g@us Abgasen (oder zukiinftig aus der Luft),

o Wasserstoffproduktion mittels Hochtemperaturwadsktmlyse auf der Basis von
Strom aus nicht fossilen Energiequellen (Wind- de@nnenenergie),

0 Reverse Wasser-Gas-Shift (RWGS) Reaktion zur Umivagd von CQ mit
Wasserstoff in CO und schlief3lich

o die Fischer-Tropsch Synthese zur Produktion vonl&uwokiasserstoffen aus dem vorher

erzeugten Synthesegas (CQYH
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In der vorliegenden Arbeit wurde der dritte Schuie RWGS-Reaktion, untersucht. Dabei
wurde vor allem ein aluminiumoxidgetragerter Nideghlysator (Ni/A2O.9) verwendet.
Da die RWGS-Reaktion endotherm verlauft, wurde Rigaktion bei hohen Temperaturen

durchgefuhrt, um CO (und2®) als Hauptprodukte zu erhalten.

Ubersicht zu den experimentellen UntersuchungerDie experimentellen Untersuchungen
aller Teilschritte (Methanisierung, Wasser-Gas4Sh#dw. RWGS) wurden in einem Fest-
bettreaktor unter Verwendung des oben genannteReMatalysators bei Normaldruck
durchgefihrt. Neben der Temperatur wurden auctKdrezentrationen der Reaktanten, die
Verweilzeit und die KatalysatorpartikelgréRe vatiieFir jede Reaktion erfolgte eine
Bestimmung sowohl der intrinsischen als auch dimké¥en Reaktionskinetik. Neben dem

Nickelkatalysator wurden auch andere Katalysatorenz.B. ALO3; getestet.

Die experimentellen Ergebnissdassen sich folgendermal3en zusammenfassen.

CO,-Hydrierung: Zunachst wurden verschiedene kommbkgzi€atalysatoren untersucht

(siehe Tab. 5-4), um ein grundsatzliches Verstantlni die Aktivitat der Katalysatoren fur
die CQ-Hydrierung zu erhalten. Hierbei zeigte der Ni/@hg-Katalysator die hdchste
Aktivitat. Daher wurden die weitergehenden kindtest Untersuchungen zur GO

Hydrierung mit diesem Katalysator durchgefuhrt.

Erwartungsgemald erhdhen sich der@nsatz und die CO-Ausbeute mit steigender
Temperatur (300 — 950 °C). Bis zu einer Temperatur 500 °C steigt zunachst auch die
Methanausbeute an, um dann aufgrund der thermodgolaem Limitierung wieder abzu-
fallen. Bei hohen Temperaturen wurden Umsétze lerzdiee sehr nahe am Gleichgewicht
liegen. So konnte beispielsweise bei 950 °C ein &lmson 94 % des Gleichgewichts-
umsatzes erhalten werden (leerrohrbezogene VeeieillB8 ms). Die Partikelgrof3e wurde
mit weniger als 0,5 mm so gewahlt, dass der auBetftransport keinen Einfluss hat. Der
Nickelkatalysator zeigte bei 900 °C zudem eine geite Langzeitstabilitat. Die Berechnung
der intrinsischen kinetischen Parameter ergab Akievierungsenergie von 65 kJ/mol und
einen Haufigkeitsfaktor von 5,55 - 46n'® mol*® kg* s*. Die Reaktionsrate der GO

Hydrierung kann durch folgenden Ansatz beschrieberen:

@ r LT
1}- b= - f- 2t 04
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Die Berechnung des Stofftransporteinflusses aufeffiektive Reaktionsrate der G®ly-
drierung zeigt, dass die experimentellen und bereteim Ergebnisse gut Gbereinstimmen.
Bei dem verwendeten Schalenkatalysator (Durchme&ssen, Schichtdicke 0,5 mm) beein-
flusst sowohl die Porendiffusion als auch der endeBtofftransport die effektive Reaktions-
rate. Bei den experimentell eingestellten gerin@Gasgeschwindigkeiten wird die Kataly-
satorleistung oberhalb von 900 °C zunehmend duechestternen Massentransfer bestimmt.

CO-Hydrierung (MethanisierunglRie Methanisierung ist exotherm und somit bei npei

Temperaturen thermodynamisch begunstigt. Dahegtstisr CO-Umsatz mit wachsender
Temperatur an, um ab ca. 450 °C schliel3lich zerdalfwischen 480 und 710 °C deaktiviert

der Katalysator aufgrund der hier einsetzenden Kitksng.

Die Reaktionsordnungen wurden bei 340 °C und Atrhasgndruck bestimmt. Fiur CO
ergibt sich ein Wert von -0,3 und fur Wasserstah\0,7. Die Aktivierungsenergie betragt
102 kJ/mol und der Haufigkeitsfaktor hat einen Went 2,35 - 1dm"? mol® kg’ s™.

Die Berechnungen zum Stofftransport lassen fur Siemalenkatalysator einen Einfluss der
Porendiffusion oberhalb von 420 °C erwarten. Digebeneten Werte der effektiven
Reaktionsrate weichen allerdings bei hohen Tempeatvon den experimentellen Werten

ab. Dies ist auf die dann auftretende Deaktivierdeg Katalysators zurtickzufiihren.

Wasser-Gas-Shift Reaktion (WG3)ie WGS-Reaktion wurde ebenfalls untersucht, da es

sich hier um die Rickreaktion der g8ydrierung (RWGS) handelt. Die Hauptprodukte
der WGS-Reaktion sind daher Wasserstoff und Koldemdl Diese Reaktion ist exotherm

und wird folglichbei niedrigen Temperaturen thermodynamisch begtinstigt.

Bis zu einer Temperatur von 450 °C erhdhen sichobbder CO-Umsatz als auch die €O

Ausbeute. Gleichzeitig konnte in dem untersuchteemperaturfenster weder eine
Methanbildung noch eine Deaktivierung des Katalysatbeobachtet werden. Im
Temperaturbereich von 500 bis 700 °C zeigt der &lickalysator eine Deaktivierung, die

durch eine Verkokung des Katalysators hervorgerufied.

Die Zugabe beider Reaktanten (CO;ON) Ubt einen positiven Einfluss auf die WGS-
Reaktion aus, wéahrend (wie zu erwarten) die Beimiag der Produkte (CQOH,) einen
negativen Einfluss auf die Reaktionsrate aufwédst. Bestimmung der Reaktionsordnung
fur die einzelnen Komponenten ergab: 0,8 (CO),(Bz0), -0,1 (CQ) und -0,15 (H). Die
Bildung von Methan fand im untersuchten Parametertle nur untergeordnet statt.
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Die Aktivierungsenergie der WGS-Reaktion (Ni-Katayor) betragt 96 kJ/mol. Der Wert
des Haufigkeitsfaktors liegt bei 3,46 ->1®°° mol®? kg™ s*. Stofftransportberechnungen
fur den Schalenkatalysator zeigen oberhalb von °8@inen Einfluss der Porendiffusion.
Bedingt durch eine Katalysatordeaktivierung nimme ceffektive Reaktionsrate im
Temperaturbereich zwischen 500 und 700 °C ab. @benon 900 °C wird die effektive
Reaktionsgeschwindigkeit mehr und mehr durch deéereegn Massentransfer bestimmt.

Zur Modellierung eines technischen Reaktors zurstéung von Synthesegas durch die

CO,-Hydrierung wurde fur beide Katalysatoren (Ny&D.q;, Al.O3) das Modell eines ein-
dimensionalen Festbettreaktors verwendet, d.haxiEen Temperatur- und Umsatz-Profile

wurden berechnet. Dabei wurde der adiabate und @ercisotherme Fall beriicksichtigt.

Die effektive Reaktionsrate der RWGS-Reaktion amAN}O;o-Katalysator ist im Ver-
gleich zum A}Os-Katalysator um den Faktor 40 hoher. Fur einen lgegen Umsatz kann
die Reaktorlange fur den Ni-Katalysator entspredhgasentlich kiirzer gewahlt werden.

Ausblick

Ausgehend von den in dieser Arbeit erhaltenen Hrgsbn sollten in weiterfihrenden
Untersuchungen sowohl fiir den Ni-Katalysator alshatiir den A}Os-Katalysator ihre
Langzeitstabilitaten untersucht werden. Hierzu suetsuchszeiten von einigen Wochen
anzustreben, um aussagekraftige Daten zu generifeiterhin sollten Temperaturen von
mehr als 1000 °C eingestellt werden, da dann deichbare C@Umsatz bei der RWGS
allein schon aus thermodynamischen Griinden noclerhi8h (> 90%). Hierzu muss die
bestehende Versuchsanlage mit einem Reaktor, dsemiTemperaturen standhalt, sowie

einem entsprechenden Heizsystem ausgestattet werden
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Appendix A

A.1 Utilization of CO, in catalytic conversion processes

The detailed description for the synthesis of valdded products using G@s given in this

section.

A.1.1 Salicylic acid formation

The direct synthesis of salicylic acid via the dmg of CO, with phenol is a “green
process”, useful for the chemical fixation of €Csalicylic acid is widely used in the
industry as a raw material and intermediate forpheduction of pharmaceutical and fine

chemicals.

Joiiio< e A Lj g 4 2904
Salicylic acid can be obtained by carboxylatiorpbénol with a carbon dioxide in presence
of Lewis acid catalysts. AlBras a catalyst showed the best activity and seigctowards
salicylic acid among the various Lewis acids exadifiL08]. At 80 °C and 8 MPa, the yield
of salicylic acid reached to 60% with the seletyivof 100% in 1 h. Several types of base
metal oxides such as alumina, zirconia, ceria,akali metal and alkaline earth metal salts
have been used for the synthesis of salicylic §t@9, 110]. Potassium carbonate as a
catalyst under optimum condition yields 68% of ®dic acid with 99% selectivity. The

systematic investigation for the direct reactionsapercritical CQ@ and phenol over the
catalysts like Zr@ TiO,, and KF/NaY+M#A", ZrO, was investigated [1].

A.1.2 Synthesis of urea and urea derivatives

The process of urea synthesis from carbon dioxidke @aanmonia was developed in 1922,
and is called the Bosch-Meiser urea process. Thiscatalytic process still exists and
operates at relatively high pressure and high teatpes.

=Aju < ip A jRAIIA |, 29¢=4

jpAIA  j, A Ajpi A p< 2934
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The production of urea involves formation of amnmwnicarbamate (N)COONH,) using
ammonia and C® Ammonium carbamate subsequently gets dehydrateduirea and water
by the application of heat. The first reaction &stf exothermic, and basically goes to
completion, while the second one is relatively sle@mdothermic, and does not go to
completion [111]. Both of these reactions are reipde and therefore ammonia and carbon
dioxide exit the reactor along with ammonium carbtanand urea. Thus, the conversion
based on C@is usually in the order 50 to 80% [111]. The comgrats of this mixture in the
product stream are then separated by strippingg@aseous ammonia followed by carbon

dioxide.

The worldwide urea production in 2008 was 146 wrillmetric tons which corresponds to
107 million metric tons of C®consumption per annum [112]. Hence in the chemical
industry, only this process has a certain poteofid O, reduction. Urea is mainly used for
fertilizers but urea derivatives are used in theous other areas such as agrochemicals,
pharmaceuticals, antioxidants in gasoline, andoston inhibitors [113]. Commercially urea
derivatives are synthesised by using toxic phosgesneell as carbon monoxide. In a new
approach, urea derivatives are produced by usingemrand C@as a carbonyl agent via
catalytic and non-catalytic processes. The carlatioyl of amines using CGOs simple, safe,
and a clean process which avoids the use of paisonompounds like phosgene and CO
[114, 115]. The reaction of GQwith primary aliphatic amines also leads to ureawative
[114]. The process using the ionic liquid [BmimMith CsOH as catalyst yields about 98%
of an urea derivative [115].

A.1.3 Styrene synthesis

Commercially styrene is produced by ethylbenzenbydi®genation using potassium
promoted iron oxide as a catalyst with a large sxad superheated steam at 600 to 650 °C.
The steam plays an important role in ethylbenzeebydrogenation as it shifts the
equilibrium towards higher conversions, decreaBesamount of coke formation and supply

the heat for the reaction. A new route uses cadiaxide for the dehydrogenation:
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Conventional route:

H,0
_2>©\/ + H,
29¢.p4

Ethylbenzene Styrene

New CQO-based route:

CO, @\/ + CO + H0
29¢°4

Ethylbenzene Styrene

The catalytic conversion of ethylbenzene using 6&ve been discussed recentlyRark et

al. [116]. The direct utilization of C£as an oxidant in the dehydrogenation of ethylbeaze
to styrene offers several advantages. The maiméatyes shown in different studies [117-119]
are the acceleration of the reaction rate, the dnomperature, the enhancement of the
conversion of ethylbenzene and of the selectiWtgreover, the energy consumption for the
ethylbenzene dehydrogenation using carbon dioxgdenuch lower than the currently

operating process using steam [116].

The dehydrogenation of ethylbenzene to styrenénénprresence of GOwas also studied
over MnQ-ZrO, [117], SnQ-ZrO, mixed oxide nano-composite [118], cromia based
catalyst [119], Co, Mo and CoMo catalysts supporednatural and aluminium-pillared
clays [120], and a CeBZrO, mixed oxide supported SBA-15 catalyst [121]. Iredh
catalytic systems, acidic and basic sites coopaigtactivate C@ as well as ethylbenzene,
which lead to a higher conversion of ethylbenzéreattempt to use CQas a diluent and
oxidant over an activated carbon-supported iroalgsit have made b8ugino et al[122].
The addition of 20 to 30 mol% lithium nitrates teetiron catalyst resulted in a significant
increase in the catalytic activity.

A.1.4 Dimethyl carbonate (DMC) synthesis

The conventional DMC synthesis use toxic phosgdie use of carbon dioxide in the
synthesis of DMC presents an environmentally frigrahd attractive approach since it
replaces phosgene and chlorine [123, 124].
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Conventional route:

botp < =] i v it o< F+ 29¢Y+
New CQ-based route:

bp< =] i v o joit oy <jopl 294
DMC has been synthesized using £&hd methanol over solid oxide catalysts like ZrO
[125, 126]. The dissociative adsorption of £g2curs faster than the adsorption of methanol
on ZrG, and species formed from methanol are bound mooagly. DMC also has been
synthesized using base catalysts lik€&; NayCO; C5COz; and CHI as a promoter [127].
The use of an ionic liquid along with GHas a promoter over KOH catalyst shows an
increase in the yield of DMC [128]. The utilizatiah CO, for synthesis of DMC is very
beneficial because DMC itself is a unique moleauld can be used in new environmentally

friendly reactions to replace some of the environtaly harmful processes like trans-
esterification of DMC with phenol that produces hyphenyl carbonate [129].

A.1.5 Methanol synthesis

Methanol is used as an important chemical feedstmckhe synthesis of many compounds
such as acetic acid, formaldehyde, metieyt-butyl ether (MTBE), methyl methacrylate
(MMA) and chloromethane. The first industrial plafdr methanol production using
synthesis gas was constructed by the BASF in 1BBi3. process was operating under high

pressure of about 20 MPa and at 300 °C using aame/chromium oxide catalyst [5].

Due to the environmental impact, methanol synthdktiough the carbon dioxide
hydrogenation has attracted worldwide researchiaateThe potential use of G@ replace
CO in the methanol synthesis is also an effectiay wf CQ utilization [130]. The
methanol synthesis from G®as two possible mechanisms. One is the direatazsion of
carbon dioxide to methanol (Eg. (A-8)) and the selcone is the conversion of G@& CO
and HO via the RWGS reaction with subsequent conversio@O and H to methanol
(Eq. (A-9)). Commercially methanol has been produdeom coal and natural gas

containing small amount of G@long with CO and Kas a feedstock [131].

b p<3jpv jui <jp  jlemo 5P\[K qC-+ 29K«

134



Appendix A

I < S p Vv J Tpmio S\Zftt qC-+ 290

The methanol formation is an exothermic reactiantteermodynamically favored at low
temperatures and high pressures. During the reabyidrogen can be consumed by G®
reverse water gas shift reaction and reduce thaanet formation. A recent study show that
a mixture of a proper proportion of G@nd CO for methanol synthesis is not only increase
the methanol yield but also decrease the appartiviaon energy of the reaction [132].
The presence of GQrould maintain the active copper sites in the atiah state or prevent
an over-reduction of the ZnO component of Cu/Zralyats during methanol synthesis
[132]. Table A-1 shows the data reported for coswer of CQ and the selectivity to

methanol using CQover Cu/Zn/ZrQ containing catalyst.

Table A-1: Methanol synthesis by GOhydrogenation using Cu/Zn/ZpOcontaining

catalyst.

Catalyst Preparation method T,°C  Xo02, % Sweon, % Ref.
Cu/zZn/Zr& coprecipitation 250 19.4 29.3 [133]
Cu/Zn/ZrQ coprecipitation 220 21 68 [134]
Cu/Zn/ZrQ coprecipitation 200 5.9 47.5 [135]
Cu/zZn/Zr& urea nitrate combustion 240 17 56.2 [136]
Cu/Zn/Zr& glycine nitrate combustion 220 12 71.1 [137]
Cu/Zn/Al/ZrO, coprecipitation 240 18.7 47.2 [138]
Cu/Zn/GalZrQ coprecipitation 250 - 75 [139]

The presence of Zrlenhances Cu dispersion which leads to an improaéalytic activity
and stability towards methanol formation [133, 13Bje addition of an optimum amount of
metal oxides like G®s, Al,Os3, Zr0O,, and CsOz; as a modifiers increases the methanol
synthesis activity and the stability of Cu/ZnO-kshsernary catalysts [135, 138-140].

A novel approach was employed using low temperattiebout 170 °C and 5 MPa pressure

in a semi-bath autoclave reactor with 2-butanolasolvent [141]. C® conversion and
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selectivity towards methanol obtained over a Cualgat was about 26% and 73%,

respectively.

Although much attention has been given to the nmethsynthesis from CO/5 CO,/H, and
CO/CQ/H; using fixed bed technology, some important subj@ttinvestigation are still
under discussion: (1) whether the active site i$ @uCU", (2) whether the carbon source
for methanol synthesis is GOr CO, (3) whether there is special interactiotween the Cu
metal and oxide support, and (4) whether the wiatened during methanol synthesis has

any influence on the catalytic activity.

A.1.6 Formic acid synthesis

The synthesis of formic acid is another alternatwesonvert carbon dioxide into valuable
products. Formic acid is widely used as a picklengent, as a reducing agent, as an
antibacterial agent, a mordant in the dyeing ingustisinfectant and preservative agent in
sanitary stations, and as a neutralizer in theitgnndustry [142]. It has been also used as a
raw material in the chemical industry for the protilon of formate ester, which is important
feedstock for the synthesis of various organicvderes like aldehydes, ketones, amides,
and carboxylic acids [142]. Formic acid has beeodpced directly by the hydration of
carbon monoxide, and by the hydrolysis of methyhfate. The synthesis of formic acid by
direct CQ hydrogenation was first reported Barlow and Adkinsn 1935 using Raney
nickel as a catalyst under 20 to 40 MPa and 8®Mm°C in presence of amines [143]. At a
temperature of 250 °C, the sheet brass used ircéing liners for steel reaction vessel acts
as an active catalyst for the hydrogenation reactio

i p<jp Ajii 290Z¢
Most of the catalytic studies of formic acid syrdiseare based the metal complexes of the
second and third row transition metals, where thetaimlike ruthenium, palladium, and

rhodium has been used with the combination of kalidr hydrides as anionic ligands and

phosphines as neutral ligands [142].

The catalytic hydrogenation of GOto formic acid over transition metal catalyzed
complexes Rub{PPh), and Pd(P¥PCH.CH,PPh),, has been reported [144]. Similarly,

formic acid has been produced by carbonylation ©fabd HO using a metal complex, i.e.
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[RU'(EDTA-H)COJ in the WGS reaction [145]. The highly active mewdmplex
RuCIl(G,CMe)(PMe)4 as a catalyst with acidic alcohols was used t@aeoé the rate of the
hydrogenation reaction. The organic bases withrimeeliate basicity were added to the
reaction mixture to extract the formic acid [148]though much attention has been paid to
synthesize formic acid using a homogeneous catalystproblem of separation of formic
acid from the catalyst and the base still remains.

The hydrogenation of C{o formic acid over alumina supported rutheniundroxide as a
heterogeneous catalyst was carried out using ytaatiine and ethanol as a solvent at 80 °C
and 13.5 MPa [142]. Also the Ruthenium(ll) comptatalyzed hydrogenation of G@
formic acid was theoretically investigated usiog-RuH,(PHs), as a model catalyst
[147, 148]. The hydrogenation over this catalysktplace through the insertion of ¢@to

the Ru-H bond followed by the H-OCOH reductive éfiation, where C@insertion was

the rate determining step.

A.1.7 CO; reforming of methane

The reforming of C@with methane has also attracted a continuous neséaterest. This
process was carried out not only for the utilizatmf two undesirable greenhouse gases
(CO,, CH,) but also for the production of fuels by Fischeo@sch and methanol synthesis.
The dry reforming of methane with G@3 not yet feasible, and gives incomplete conversio

of CO, due to thermodynamic constraints [149].
Dry reforming:

bp<jrVv =i <=p Jjlpmo =ptqC-+ 29¢004
Steam reforming:

Jor<ijp v i <3p jlpmo =2ZYqC-+ 29¢0=4

The dry reforming of C@with methane was first studied Byscher and Tropscim 1928.
After that many researchers investigated this m@actising various catalysts for the
production of syngas. Syngas can be produced wiilHgratio of about a unity depending
upon the reaction conditions. This is an endothenmaaction, generally carried out in the
temperature range of 300 to 830 °C and at atmogppeessure [150]. The group VIII

metals (e.g. Ni, Co, Pt, Pd, Ir, Ru, Rh etc.) acgeror less catalytically active for the carbon
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dioxide methane reforming reaction. Commerciallycialysts have also been used for the
CO,-CH,4reforming because of its inherent availability amater cost as compare to a noble
metal catalyst. The main drawback of this reacti®rthe coke formation via methane
decomposition (Eqg. (A-13)) and/or CO disproportittora (Boudouard reaction, Eq. (A-14)),
which leads to the catalyst deactivation and plogaif the reformer tubes [151].

v <Fe 20034
=i v < i p 29¢0p4

Thermodynamic equilibrium for the carbon formatiarthe dry reforming of C@is shown

in Fig. A-1. The coke deposition can be avoidednamrimized by using noble metal based
catalysts such as Rh, Ru, Pd, Pt, and Ir [152,.188{ this is limited by the high costs.
Therefore, many efforts have been concentratecherdévelopment of Ni based catalysts
which are resistive to carbon formation. A recetidg on Ni/-Al,O3 catalyst with the
addition of potassium, MnO, and Cgé&s a promoters shows a high catalytic activity and
stability for the dry reforming of methane with €[251]. The partial coverage of the nickel
surface with promoters increase the £a@sorption, and results in the formation of surface

carbonate species responsible for the removalrbboafrom the catalyst surface.

------ CO,+CH, 2CO +2H,

| CO,+CH, CO,H, H,0 \

Carbon yield [%]
7

-
-~ —

Temperature [C]

Fig. A-1: Thermodynamic calculation of carbon formation unthe reforming conditions
(CO/CHy = 1, p = 1 bar) with and without RWGS reaction.
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Promoters like Ce® ZrO, improve the catalytic activity and stability of /NigAl,O4
catalysts within certain composition ranges [134]e influence of the catalyst preparation
and Ni loading on different supports such as MCM[€4], alumina [155], and alkaline
earth metals [156] showed good catalytic activitg atability. The dry reforming over a
solid solution of NiO/MgO catalyst using a @OH, ratio of unity provided about 98% and
91% conversion of COand CH, respectively, at 790C and atmospheric pressure [156].
The rate of coke formation (Ni > Pd >> Rh, Ir, Re, Pt, WC, MgC 0) and the activity
over different catalyst in dry reforming was recaga as Ru > Rh Mo,C > Ir > WC > Pd

> Pt [157]. Thus, it seems to be possible to use@eacarbon resistive, and cheap transition
metal catalysts in the dry reforming of methanenv@O, to the produce syngas. In our lab
scale experiment, the reforming of €With CH, using small amount of inlet hydrogen over
commercial Ni/Al,O19 catalyst avoids initial deactivation of catalysidagives very good

activity and stability at 900 °C (Fig. A-2).

~

CO Yield [C-%]

Time on stream [min]
Fig. A-2: The yield of CO versus time on stream in dry nefimg of CQ and CH
(T =900 °C, p = 1 atm,,d= 6 mm, ma = 1.2 g, catalyst = Ni/AbOsq,
Yrz = 3.1 vol.-%, ¥o2 = 18.55 vol.-%, ¥ns = 19.9 vol.-%, rest i gas flow rate
=50 I/h (NTP)).
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B.1 Calculation of reaction order (CO hydrogenation, wder gas
shift reaction)

The reaction order with respect to individual reaus in CO hydrogenation and water gas
shift reaction were calculated by the integral noeth.e. the value of the reaction order was

determined by the best fit to the measured datav@sion versus concentration).

B.1.1 Order of CO hydrogenation (methanation) reaction

XCO
1

©
1
o

Fixed point

Cco [mol/m 3]

Fig. B-1: Determination of the reaction order with respecCO in CO hydrogenation by
means of the integral method (T = 340 °C, p = 1,atg% = 1.2 g, d = 6 mm,
catalyst = Ni/Al2019, Y42 = 66 vol.-%, yo = 13.2 — 22 vol.-%, B = rest
proportion, gas flow rate = 48 I/h (NTP)).
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XCO

Cy [mol/m 3]

Fig. B-2: Determination of the reaction order with respecti in CO hydrogenation by
means of the integral method (T = 340 °C, p = 1,atg% = 1.2 g, d = 6 mm,
catalyst = Ni/Al2019, Yco= 11 vol.-%, y;, = 44 — 66 vol.-%, M= rest proportion,
gas flow rate = 48 I/lh (NTP)).

B.1.2 Order of water gas shift reaction

Fixed point

Cco [mol/m 3]

Fig. B-3: Determination of the reaction order with respedCO in WGS reaction by means
of the integral method (T = 340 °C, p = 1 atmgm 1.2 g, catalyst = Ni/AbOo,
dp, = 6 mm, Y0 = 44 vol.-%, yo= 5.5 — 14.28 vol.-%, N= rest proportion,
gas flow rate = 48 I/h (NTP)).
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_ sH,0=0.4

s=0.7

xCO

s=04

Fixed point

6 7 : 9 10 11 12
Cio0 [mol/m 3]

Fig. B-4: Determination of the reaction order with respecttbO in WGS reaction by
means of the integral method (T = 340 °C, p = 1,at@:= 1.2 g, § = 6 mm,
catalyst = Ni/Al2O19, Yco = 11 vol.-%, yipo = 34 — 54 vol.-%, N = rest
proportion, gas flow rate = 48 I/h (NTP)).

T u=-0.3 uH,=-0.15

XCO

4 Fixed point

Cyp [mol/m 3]

Fig. B-5: Determination of the reaction order with respecHt in WGS reaction by means
of the integral method (T = 340 °C, p = 1 atmgm 1.2 g, catalyst = Ni/AbOo,
dp = 6 mm, y0= 44 vol.-%, y:0= 11 vol.-%, y», = 6.25 — 18.75 vol.-%, N rest
proportion, gas flowrate = 48 I/h (NTP)).
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vCO,=-0.1

v=-0.2

XCO

1 Fixed point

Ccop [mol/m 3]

Fig. B-6: Determination of the reaction order with respectQO, in WGS reaction by
means of the integral method (T = 340 °C, p = 1,atga:= 1.2 g, ¢ = 6 mm,
catalyst = Ni/Al2O19, Y20 = 44 vol.-%, 0 = 11 vol.-%, ¥o02 = 6.25 — 16.7
vol.-%, rest N, gas flow rate = 48 I/h (NTP)).

B.2 Diffusion coefficients of CO in the pores of the Ncatalyst

Fig. B-7: Diffusion coefficient of CO in the pores of the bltalyst determined at 500 °C
and 1 bar (CO hydrogenation).
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Fig. B-8: Diffusion coefficient of CO in the pores of the bltalyst determined at 500 °C

and 1 bar (WGS reaction).

B.3 Characteristics data of catalysts

Table B-1: Characteristic data ofAl,O3 catalyst [158].

Catalyst name

AD; (commercial catalyst)

Manufacturer Sud-Chemie Catalysts
Composition AO3: > 99%
Geometry (cylinder) 4.5 x 4.5 mm
Catalyst density 1450 kgfn

Catalyst bulk density 800 kgfm
BET-surface area (#7) 190 m3/g

Pore volume 0.3 cm3/g

Porosity of particle () 0.4

Average pore diameter 6 NMm

Tortuosity (measured by NMR) 2.8
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Table B-2: Characteristic data of &Ds/Al O3 catalyst [159].

Catalyst name

Cr-HP-96-19 (commercial catalyst)

Manufacturer

BASF

Composition

AJO5:> 50 — 80 wt.-%, GO3: 15 — 30 wt.-%

Geometry (cylinder)

45 x 45 mm

Catalyst density 1900 kgfn
Catalyst bulk density 950 kgfm
BET-surface area (#7) 75 m3/g
Porosity of particle () 0.6

Pore volume 0.26 cm3/g
Average pore diameter 9 nm

Table B-3: Characteristic data of ZnO/CuOA&); catalyst.

Catalyst name

STUM 19175 (commercial catalyst)

Manufacturer

Bayer

Composition

CuO: 62 wt.-%, ZnO: 34 wt.-%, rest:@d, NaoO

Geometry (cylinder)

45 x 45 mm

Catalyst density 2300 kg/m
Catalyst bulk density 1300 kg?m
BET-surface area (#7) 44 m3/g
Porosity of particle () 0.43

Pore volume 0.19 cm3/g
Average pore diameter 16 nm
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