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Abstract

Accumulation of wax inside the catalyst pores during transient cobalt-catalyzed Fischer-
Tropsch synthesis (FTS) leads to unfavorable product distribution and low activity by imposing
internal mass transfer limitations. The condensation of paraffin severely changes the apparent
product stream that actually leaves the reactor before the catalyst pores are filled completely
and the steady state is reached. Thus, the product distribution of the transient FTS is less
complex than expected in comparison to the steady-state FTS and increasingly consists of
hydrocarbons (HCs) with an average chain length in the range of kerosene (Co-C17). So, in order
to prevent FTS from reaching a steady state, the pores are drained periodically by
hydrogenolysis (HGL). The alternating HGL is realized by a switch from syngas (H,, CO) to pure
hydrogen at a reaction temperature in the range of 210°C to 240°C. The alternating process
leads to an improvement in kerosene selectivity of 48%, 37%, and 28% at 210°C, 220°C and
240°C, respectively. Furthermore, the influence of temperature on the hydrogenolysis of long-
chain HCs was experimentally investigated. It was found that temperature affects methane
selectivity severely. A high hydrogenolysis temperature is favorable as this leads to a severely
decreased overall methane selectivity and, thus to a higher production rate of alkanes within
the carbon number range of 9 to 17.
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1. Introduction

Since renewable energy sources such as biomass, wind, or sun are subject to strong seasonal and
intersectional fluctuations, their intended expansion enhances the need for powerful, cost-effective,
and efficient systems for the storage of electrical energy [1]. Batteries are expensive, have a limited
capacity (heavy and bulky), and are not easy to recycle, which makes them today still not very
suitable for large-scale storage. An alternative option is the chemical conversion of electricity into
hydrogen by water electrolysis as the first step of storage and for further use of renewable electrical
energy. Each conversion step in an overall process of utilization of (renewable) hydrogen reduces
the overall efficiency. Thus, the chemical conversion of H, with carbon oxides (CO, CO;) into liquid
E-fuels such as methanol, diesel, or kerosene (jet fuel) by Fischer-Tropsch synthesis (FTS) is only
feasible for certain (transport) applications: Chemical energy storage and utilization by FTS is
energetically and economically only sensible for synthetic aviation fuels (SAF) or marine diesel oil,
which require high energy density to achieve a long-range, and where also excellent stability for
long-term storage even under adverse conditions is needed (no polymerization or degradation as
for some biofuels) [2, 3].

On a large industrial scale, long-chain paraffins are now produced (apart from the components
of crude oil) by low-temperature FTS (LTFT; 200-240°C) using natural gas or coal as feedstock. These
paraffins are then further processed by mild hydrocracking to achieve an overall liquid fuel
selectivity of up to 80%. For the production of lubricant base oils, hydroisomerization is usually
employed [4, 5]. In addition, bifunctional co-zeolite catalysts have recently been successfully tested
for the direct synthesis of liquid fuels from synthesis gas without intermediate wax formation or the
need for additional reactors [6, 7]. During FTS, the hydrocarbon chains are formed by successive
incorporation of carbon units and hydrogen into a hydrocarbon chain on the surface of the usually
iron or cobalt-based catalyst. Thus, the FTS is often regarded as a heterogeneous catalyzed
polymerization represented by [8]:

CO + 2H, - (—CH, =) + H,0 AgH%g = —152 k] mol~? (1)

The product distribution can be described by the Anderson Schulz-Flory (ASF) distribution using
the chain growth probability a, Eq. (2). This gives an excellent approximation for the composition of
hydrocarbons with a carbon number higher than three. The mass-based ASF distribution is given by

Eq. (3).
Xp = (1 —)a™ ™t (2)
w, = n, (1 — a)?a?? (3)

Since the formation of methane is usually strongly underestimated (for cobalt-based catalysts),
the selectivity of methane cannot be calculated by the ASF distribution. In the literature, the high
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methane selectivity of FTS is often explained by a second mechanism for the formation of methane
besides FTS [9, 10]. The value of a depends on the catalyst, reaction temperature, and reactant
concentration(s). Already small variations of the value of a cause a severe shift in product selectivity
and distribution. High values of o lead to a broad variety of products with high mean carbon
numbers, whereas low a results in a narrow product distribution with low mean carbon numbers.
In LTFTS (cobalt catalyzed) a chain growth probability of at least 0.85 is considered necessary to
obtain good product selectivity of kerosene and diesel [11]. The chain growth probability can be
obtained from experimental product distributions by the logarithmic form of Eq. (2), where log(a)
represents the slope of the linear plot, Eq. (4) [8, 12]:

log(x,) = log(1 — o) + (n — 1)log(a) (4)

The initial phase of LTFTS before reaching stationary operation is not fully understood and
currently still investigated [11, 13-15]. Inside the catalyst pores long-chain hydrocarbons
accumulate and eventually completely fill the porous system. Due to a higher mass transport
resistance (Dgas = 100 Diig), the overall (effective) activity of the process is reduced [15]. Only initially,
as long as the catalyst pores are practically empty, the FTS can be seen as a gas-solid reaction. In the
further course of the reaction, wax accumulates inside the catalyst, and the characteristic of the
reaction shifts to a three-phase reaction. Thus, a vapor liquid equilibrium has to be considered.
During the filling of the pore, the diffusion length increases with increasing wax layer thickness, but
mass transport via gas diffusion is still possible. As soon as the ‘transportation’ pores (macro pores)
fill, the mass transport resistance increases substantially since syngas can then only be transported
by diffusion via the liquid phase [11-13, 16-18]. Iglesia et al. reported that the catalyst structure, like
particle diameter, porosity, surface density of metal, and pore diameter, severely affect product
selectivity. The probability of olefin readsorption for example, increases with increasing catalyst
diameter, leading initially to a higher selectivity to long-chain hydrocarbons (Scs+). If the particle
diameter increases, occurring CO transport limitations induce a decrease in Scs+. Since CO diffuses
much faster than Cs: olefins through liquid hydrocarbons the occurrence of diffusion limitations
appears at large and more reactive catalyst pellets. CO depletion leads to low local CO concentration
and high H,/CO ratios at the catalytic site towards the center of the catalyst. These conditions lead
to a high probability of chain termination and in consequence to high methane selectivity and low
Scs+ [12, 19-21]. In order to reduce or avoid mass transport limitations eggshell type catalysts are
often used in technical tube reactors. The catalysts in slurry or micro-structure reactors are also free
of internal diffusion limitations since the particle sizes of 50-200 um are too small [22]. However,
the production of large amounts of water (by-product of FTS) can severely influence the product
selectivity of the reaction. According to Hibbitts et al. water promotes chain growth by increasing
the rate of formation of activated Ci species without influencing the chain termination, leading to
longer chains with high water partial pressure. Hence, high turnover rates can favor the production
of long-chain hydrocarbons (Scs+) [23].

Hydrogenolysis (HGL) of alkanes describes a cleavage reaction characterized by the breaking of
C-C bonds in the presence of hydrogen, resulting in mostly linear alkanes with lower molar masses
by eliminating short-chain alkanes, mainly methane. Hydrogenolysis does not have any industrial
application, but has recently got attention among researchers as a possibility to efficiently degrade
raw materials such as polyethylene (PE) [24, 25], polypropylene (PP) [26, 27], or lignin [28] to
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methane and alkanes within the diesel and gasoline range. The first step in hydrogenolysis is the
dissociative adsorption of hydrogen (Eq. (5)) on the catalyst surface and the initial break of the first
C-H bond of the adsorbed alkane (Eqg. (6) and Eg. (7)). The alkane is further dehydrogenated by
successive cleavage of the C-H bond (Eq. (8)) until the C-C bond is weak enough to be cleaved (Eq.
(9)) [29-31]. Flaherty et al. reported the need for cleavage of at least four hydrogen atoms from the
alkane before the rupture of the C-C bond happens, and thermodynamic calculations suggest that
the breaking of the C-H bonds most likely occurs on two vicinal carbon atoms [32, 33]. Thus, free
adsorption sites are needed for the C-C bond activation, which causes the strong hindrance of
hydrogenolysis by hydrogen. Frequently, a strong negative reaction order in the range of -2 to -3
about hydrogen is reported. However, the influence of hydrogen partial pressure depends strongly
on temperature, alkane chain length, and alkane partial pressure. The reaction order of hydrogen
becomes less negative with increasing temperature because, at high temperatures, the surface
coverage of hydrogen is lower, resulting in less hindrance of the initial C-H bond rupture [34-40].
Long chain alkanes have a stronger interaction with the catalyst, facilitating dehydrogenation
activation and stabilizing the transition state. Thus, the overall reaction rate of hydrogenolysis
increases with alkane chain length and the maximum rate shifts to higher hydrogen pressures [32,
33, 35]. After the cleavage of the C-C bonds, C-H bonds reform, and the fragments of the alkane
desorb (Eqg. (10)). All steps including H-H or C-H dissociation are considered (quasi-) equilibrated.
This renders the C-C bond braking the only kinetically relevant step [29]. According to Kempling and
Anderson the product distribution of hydrogenolysis is governed by a combination of two processes:
1) predominantly but not exclusively cracking of the terminal C-C bond which produces mainly
methane, and 2) the desorption of the remaining alkane chain. Hence the product selectivity
depends mostly on the ratio of cracking rate and rate of desorption. The alkane is cracked as long
as the remaining alkane is adsorbed. Thus, a high methane selectivity results from fast alkane
cracking or slow desorption. The desorption rate is high in case of low conversion and thus, a low
alkane partial pressure in the gas phase facilitates desorption or high temperature [37, 41].

H, + 2* 2 2 H* (5)

CnH2n+2 +1°2 CnH2n+2* (6)

CnHZn+2 +1° e CnH2n+1* + H” (7)

CnH2n+2(y—1)y* +1° 2 CnH2n+2—yy* +H” (8)
Y* Ax Bx

CnHZn+2—y - CaHa' + Cbe’ (9)

C,Ha™ 4+ xH* 2 CuHpayn + (A +%)* (10)

Deactivation of industrial supported cobalt catalyst is postulated to be due to oxidation of the
elementary cobalt to inactive cobalt oxides, sintering of small cobalt crystallites and carbon or wax
deposition. Thermodynamic calculations have shown that bulk cobalt oxidation to cobalt oxides is
highly unlikely at common FT synthesis turnovers and conditions with crystallite sizes above 2 nm
[42-45]. Reactivating the catalyst by repetitive removal of accumulated wax is not a new idea. In the
early 1930s and 1940s, Otto Roelen at Ruhrchemie reported a successful reactivation procedure of
deactivated cobalt catalyst by hydrogenation of the hydrocarbon deposits at around 200°C and at
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0.75 bar hydrogen pressure [42, 46, 47]. More recently, the in-situ extraction of wax from the
catalyst pores using supercritical or near-critical solvents had been proposed, what comes with the
drawback for the need of high process pressure [48-50]. In order to maintain the high activity and
the favorable product selectivity (low methane production rate) of the transient FTS, the (partially)
filled catalyst pores are emptied periodically by hydrogenolysis (Figure 1).

Fischer-Tropsch Synthesis

Hz, CO CnHns2, H,0

Hydrogenolysis

Figure 1 Schematic illustration of the concept of the alternating process consisting of
pore filling with FTS and subsequent periodical pore drainage by hydrogenolysis after
FTS. The building up of the wax layer is schematically indicated by yellow dots.

The proof of principle for the alternating process and its potential to improve overall activity and
mean product selectivity has already been published by our group [51, 52]. For better comparability,
Duerksen et al. introduced the process enhancement factor PEco to compare the total CO
consumption of the alternating process with consumption in a steady state FTS) [51]. Therefore, the
integral activity of the alternating operation is normalized to the FTS and HGL time and set about
the stationary activity:

t
fOFTS reo dt an
(ters + thgL) Tco steady—state

PECO =

The higher the PE factor, the higher the (mean) activity of the alternating process compared the
steady state. The shorter the drainage time tyg. the higher the PE factor, and for tyg, —
0,PEco = 1/npore- Later, PEca+ was introduced to extend the concept of the process enhancement
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factor to the production of valuable non-methane products (C+) [52]. Previously published PE
factors of selected cycle times are presented in Table 1. From this it becomes obvious that the
alternating process is capable of substantially increasing the productivity and decreasing overall
methane selectivity over a vast variety of reaction temperatures and cycle times. Generally, the
higher the reaction temperature, the higher the enhancement since mass transport limitations
during steady-state FTS are more pronounced, and the hydrogenolysis activity is higher. Best results
were achieved at 3 h of FTS reaction time at 240°C. However, the alternating process was shown to
be effective at any tested temperature. So, it was possible to increase the overall activity up to 65%
and the production rate of non-methane products up to 90% in comparison to the steady state FTS.
This publication focuses lies primarily on the apparent product distribution of transient FTS and the
influence of hydrogenolysis on the resulting kerosene selectivity of the alternating process.
Therefore, the complex interplay between decreasing activity and chain growth probability a,
alkane condensation and evaporation of the hydrocarbons while the pores are filling is investigated.
In order to determine the optimum process conditions for the alternating process based not only
on activity and methane production rate, but also for maximum kerosene (Co-C17) selectivity, a 20
wt.% cobalt (a typical cobalt content for industrial applications [53]) on Al,Os3 catalyst is investigated
in a temperature range between 210°C and 240°C. In addition, the influence of temperature on the
selectivity of hydrogenolysis to minimize methane production is investigated. Finally, the kerosene
selectivity of transient FTS and an alternating process is presented in comparison to the steady state
FTS.

Table 1 Summary of previously published hydrogenolysis times, PEco and PEcz+ of
selected FTS times in the temperature range of 210°C to 240°C [52]. The value of theL
refers to the time needed to fully drain the catalyst pores after 1 h, 3 h and 16 h on
stream with FTS.

Trrs/°C ters 1h 3h 16 h
thel/min 36 70 137
210 PEco/- 0.93 1.45 0.85
PEc2+/- 1.21 1.92 0.92
thel/min 47 67 81
220 PEco/- 1.02 1.55 0.95
PEca+/- 0.67 1.42 0.93
theL/min 28 33 39
240 PEco/- 1.38 1.65 1.26
PEc2+/- 1.63 1.90 1.29

2. Experimental
2.1 Catalyst Preparation

For all experiments presented in this publication, a platinum (0.4 wt.%) promoted cobalt-Al,O3
catalyst with a cobalt content of 20 wt.% is used. The catalyst was synthesized by wet impregnation
of 5 x 5 mm AlLOs; pellets from Sasol using cobalt(ll)-nitrate-hexahydrate and
tetraamineplatinum(ll)-nitrate in water. After impregnation, the catalyst was dried at ambient
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conditions for several days and then calcined by heating in air with a heating rate of 3 K/min to
340°C and a three-hour hold at that temperature. The specific pore volume of the catalyst is 0.39
cm3/g and the mean pore diameter 7.9 nm. The metal content is measured with ICP-OES
spectroscopy and for the BET-surface area nitrogen adsorption was employed. A summary of the
catalyst characteristics is displayed in Table 2. Further characteristics of this catalyst can be found
in Schurm et al. [54].

Table 2 Overview of the characteristic values of the catalyst and the support used in this

work.

Support Catalyst
Cobalt content / wt%. - 21.5
Platinum content / wt%. - 0.04
BET surface area / m?g™! 190 148
specific pore volume / cm3g?! 0.55 0.39
Porosity 0.66 0.58
Geometry 5 x5 mm cylinders

2.2 Experimental Setup

All experiments were conducted in a continuous-flow fixed-bed reactor with an inner diameter
of 14 mm, heated by an oil thermostat. For quick and easy exchange of the catalyst bed, the pellets
were placed in an aluminum tube inlay with 8 mm inner diameter and a wall thickness of 3 mm.
These dimensions were chosen to keep the inner diameter of the reactor smaller than two times
the diameter of the used catalyst pellet (dpeliet > 0.5 dreactor), allowing a reliable determination of the
axial position of each individual catalyst pellet. In order to handle the two strongly exothermic
reactions of FTS and HGL the catalyst bed inside the aluminum inlay was diluted with stainless steel
grist with a diameter of around 1 mm. To prevent the catalyst pellets from floating, the pellets were
weighted down by 5 mm stainless steel beads placed between every catalyst particle. A more
detailed description of the whole reactor concept can be found elsewhere [54].

2.3 General Proceedings

Before the first FTS run, the catalyst was activated by reduction with hydrogen (15 bar, 290°C,
16 h) and preconditioned by performing FTS at different temperature steps (up to the reaction
temperature) for at least five hours. Every Fischer-Tropsch sequence was started with completely
empty catalyst pores, and was initiated by replacing the H,/N>-feed gas (H2/N2 = 1/14; p = 15 bar)
used for HGL by syngas (H2/CO = 2/1; p = 15 bar) at the respective reaction temperature (210°C,
220°C, 240°C; “hot start”-conditions). Performing a hot start means exposing a completely “empty”
catalyst to syngas at the designated reaction temperature, which is the most critical part of the
procedure. This leads to a highly active FT synthesis, and the reactor temperature rose at maximum
by 5°C for about 20 min at 240°C set temperature, for 210°C and 220°C maximum temperature
deviation was not more than 2°C. The volume flow of syngas and the total amount of catalyst was
adjusted to obtain a stationary CO conversion of 15%. But, due to the large deviation of the
effectiveness factor during pore filling no exact specification of transient CO conversion can be given.
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At 210°C, 220°C and 240°C the initial CO conversions (after the initial phase of 45 min) are 30%, 42%,
and 50%, respectively (if conversion during the initial phase is considered, it can be as high as 65%
at 240°C). To initiate the pore drainage by hydrogenolysis, the syngas feed was stopped and
immediately replaced by a mixture of nitrogen and hydrogen (pu2 = 1 bar, pn2 = 14 bar, ptotai= 15
bar, V = 45 Istp/h). The pore draining reaction was considered as complete when the methane
concentration in the product gas of HGL fell below 0.5 mmol kgkat* s*. No permanent deactivation
of the catalyst was observed during any of the performed experiments [52]. Carbon monoxide
consumption and methane selectivity of FTS were continuously monitored with a gas analyzer and
a gas flow meter. The rate of consumption of CO was calculated according to Eq. (12). The rate of
methane production can be calculated (Eq. 13) by ideal gas law using the volume share of methane
(¢cu,) and the product volume flow (Vout)-

r.ICO,in - I.QICO,out
I'co = (12)
Mcatalyst
patm(pCH4 Vout
Fon, = ot (13)
mcatalyst

For analyzing gaseous FTS products, a gas collection tube in combination with a GC (PerkinElmer
Clarus 690 with capillary columns CP-Sil PONA CB, internal standard cyclopropane) was used. Chain
growth probability was calculated using the correlation of Rose [55]. There, arrs is calculated from
the Csi-selectivity. The correlation is validated for a chain growth probability between 0.6 and 0.9.
The resulting product distribution was then calculated from chain growth probability using Eq. (3).
Since the chain growth probability only leads to a weak approximation for methane, the methane
production rate has to be factored out. Values for methane selectivity given in the following are
therefore, always measured separately by gas analysis. The carbon-based production rate of Cy.
alkanes is calculated using Eq. (14).

T¢alkane = Tco,c2+ = Tco — TcHa (14)

The total mass of carbon used for the production of alkanes at any given reaction time is
calculated by integration of the molar r¢ jikane:

trTs
Mc alkane = f I'c alkane dt * M¢ (15)
0

In order to obtain the mass of each individual alkane from the total mass of converted carbon
using ASF, the product is assumed to be one infinite long alkane. The mass of the product alkane
was calculated using Eq. (16) (with nc:np = 1:2).

2 * Mc alkane * lVIH
McH2 = Mcalkane T M (16)

Individual alkanes deviate from the ideal monomer only by the mass of two hydrogen atoms. The
higher the total mass of the alkane the lower the deviation. Therefore, the mass fraction of carbon
of each alkane is calculated, Eqg. (17), and normalized by the carbon mass fraction of the monomer.
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Since methane is not considered in this calculation, the highest divergence is calculated to 7.2% with
ethane. After that, the mass distribution of each individual alkane produced by FTS can be calculated
using Eq. (18).

I* MC
“D 7 x M+ j * My (17)
We,cnz
MalkaneFTs = gy~~~ *Mckz * Wiask (18)
,L)=(12n+

Liquid hydrocarbons are obtained from the product stream by using a cooling trap cascade
consisting of one high-temperature cooling trap (120°C) to obtain long-chain paraffin followed by
one ice cooled trap (0°C) and one dry ice-cooled trap (-78°C) to remove the small alkanes from the
product stream. Cooling traps are washed with toluene and analyzed by GC (internal standard
cyclooctane). The mass of the accumulated wax inside the catalyst pore is measured using a
thermobalance (TG). After the FTS, the reactor was cooled as fast as possible and then flushed with
hydrogen before the catalyst pellets were removed from the reactor. Then the pellet was placed
inside the TG, and hydrogenolysis was performed under 1 bar hydrogen pressure and temperatures
between 240°C and 260°C for at least 3 h, until the catalyst mass was constant. The difference
between the weight at the beginning and the end was accounted as wax (Amg). Using Eq. (19), the
deviation in mass and pore volume (v ore) l€ads to the corresponding pore filling degree (Fers):

Am G
Frrs = T (19)

Mcatpellet * Vs,pore * Pwax

The composition of the accumulated wax in the catalyst after FTS was measured by extracting
the wax with toluene in a Soxhlet extractor for 48 h at 73°C. The extracted samples were analyzed
by GC (Varian CP-3800 with capillary columns Agilent VF-5ht UltiMetal, internal standard
cyclooctane). Gaseous products of hydrogenolysis were collected using a 10 | inert foil gas sampling
bag and liquid samples were collected using a cooled (0°C) scrubber filled with toluene and a cooling
trap (-78°C) behind the scrubber. These specimens were also analyzed by GC (PerkinElmer Clarus
690 with capillary columns CP-Sil PONA CB, internal standard cyclopropane).

3. Results and Discussion
3.1 Transient Fischer-Tropsch Synthesis

Fischer-Tropsch synthesis performed with catalysts of industrial geometry with regard to limiting
the pressure in fixed-bed reactors (diameters of 2-4 mm) suffers from poor pore effectiveness
factors and high methane selectivity, both caused presumably by the accumulation of wax inside
the porous system. Experiments on the influence of the particle size on the effective reaction rate
conducted by our group using crushed particles (dp < 150 um) and whole particles (dp = 1.6 mm)
indicate the clear influence of pore diffusion on methane selectivity and activity [56]. It is also known
in the literature that high water partial pressure can influence the selectivity of the FTS. High CO
turnover the result in a high water production rate hence increase the Scs+ [23, 57]. A typical course
of activity, chain growth probability, and methane selectivity over reaction time is presented in
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Figure 2. During the initial phase, a distinct high activity along with an increase in reactor
temperature (up to 4°C at 240°C, around 1°C at 210°C and 220°C) is observed for a short period of
time. Then, the reaction ‘calms down’ quickly after the “hot-start”. As the reaction progresses, the
pore effectiveness factor and the chain growth probability decrease considerably due to the
increase in the wax mass deposited within the catalyst pores (pore filling degree, Table 3). It is also
conceivable that the significant decrease in chain growth probability is caused by the diminishing
water partial pressure due to the decreasing activity. At least for our cobalt catalyst water (steam)
only leads to the decline of conversion for a relatively high partial pressure of steam. The highest
partial pressure of steam is here around 4 bar (CO conversion 50%, right at the beginning of the
experiment), which reduces the activity by only 20% [58]. According to measurements done by
P6hlmann et al. using a magnet suspension balance, the development of the first wax layer is always
extremely fast compared to the wax deposition rates later in the reaction. However, the pore-filling
degree does not simply influence the diffusion linearly. Severe impact on activity becomes
noticeable only when the catalyst is already filled to around 50%. At a pore-filling of over 80%, the
(mesoporous) transport pores are filled and mass transport is mainly done exclusively by slow liquid
phase diffusion (Dgas = 100 Djig) [15]. This corresponds well with the measured values of pore-filling
degree presented in Table 3. There it can be seen that the catalyst is at least 30% filled after only 1
hour of FTS at every reaction temperature examined. Reaction rate and chain growth probability
decrease as the pore-filling degree increases. Growth of the pore-filling slows down with reaction
time. The pore-filling degrees above 100% at 210°C and 240°C after 100 h time on stream can be
attributed to the fact that the wax starts to drip out of the catalyst pores and adhere to the catalyst
surface, resulting in a pore-filling degree above the theoretical maximum. Theoretically, the
decrease in activity can also be due to the deactivation of the catalyst (oxidation, sintering), since
activity and CO turnover are very high. However, since in the literature the duration of deactivation
to 50% of initial activity is often in the range of several days to months and the activity of the catalyst
used here can be easily restored after a short treatment with hydrogenolysis (see chapter 3.2), it is
very likely that the wax in the catalyst pores is the main cause of the activity decline [59].
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Figure 2 Typical course of activity, chain growth probability and methane selectivity with
reaction time and variation of temperature. (Vsyngas, 210 °c = 2.5 lIstp (8cat )™} Vsyngas, 220 °c =
5 ISTP (gcat h)-l,' Vsyngas, 240°c = 30 ISTP (gcat h)-l} Ptotal = 15 bar; HZ/CO = 2/1)

Table 3 Pore-filling degree after 1 h, 3 h and 16 h of reaction time at 210°C, 220°C and
240°C. In each of the 12 experiments of pore-filling, the catalyst was initially empty, that
i.e. free of any liquid HCs (see 2.3 General Proceedings).

Temperature Filling time by FTS

In °C 1h 3h 16h 100h
210 33% 48% 96% 102%
220 53% 77% 92% 103%
240 36% 60% 84% 90%

At high reaction temperatures mass transport limitations are more present, leading to low
stationary effectiveness factors. Thus, stationary effectiveness factors of 50%, 33%, and 29% are
measured at 210°C, 220°C, and 240°C, respectively. The parallelly decreasing alpha value leads to a
highly variable product distribution during the transient FTS and to a constant decrease in the
molecular weight of the reaction products. The change in production rate and product distribution
over time on stream make filling of the catalyst pores a complex issue. At 210°C the pore filling is
slow despite the high alpha values because of low overall activity. At 240°C the activity is much
higher, but the chain growth probability is much lower, resulting in comparably slow wax
accumulation. The pores are filled most efficiently at 220°C. Since the amount of wax depends on
reaction rate and chain growth probability as well as evaporation during the process, the pore filling
degree is not independent from the wax composition. The composition of the wax extracted from
the catalyst pellets after various hours on stream and reaction temperatures is depicted in Figure 3.
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Figure 3 Transformation of the composition of the accumulated wax inside the catalyst
pore with variation of synthesis time and temperature.

The mean carbon number increases with increasing temperature as evaporation is facilitated,
even if the chain growth probability decreases. A longer reaction time has a similar effect as
increased temperature. As the reaction time increases, the average carbon number increases
because the evaporation time is longer, and the product partial pressure is lower due to the low
efficiency that facilitates evaporation. Once the maximum pore filling degree is reached the
hydrocarbon distribution changes only marginally with reaction time. These accumulated waxes are
later cracked by hydrogenolysis. The complex interplay of alkane production and condensation
during transient FTS at 220°C and its effect on the apparent FTS product stream leaving the reactor
is depicted in Figure 4. The integral amount of each alkane (total FTS products) produced during the
time of FTS (1 h, 3 h, 16 h) was calculated from carbon monoxide turnover and measured a - values
(Table 3) by applying the equations (12) to (18). Integral a values are obtained by weighing the
differential a by activity (Figure 2). The integral values of a are in excellent agreement with the
catalyst pores. All alpha values are listed in Table 4.
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alkane production (Producterstotal) and apparent

product stream (Productout,calc) besides wax accumulation (Accumulated Wax) during
transient FTS for 1 h, 3 h and 16 h reaction time at 220°C without considering methane.
Calculated values are shown with lines, measured values with points. Apparent product
distribution including methane (methane measured with a gas analyzer) is displayed in
the bottom right figure.

Table 4 Comparison of total mass of alkanes produced during FTS (malkane, FTS) and
deposited in the catalyst (mWax) of selected FTS times with maximum carbon number
of apparent product stream. Comparison of chain growth probabilities of the gaseous
products and the accumulated wax extracted from the catalyst pores.

Ters / °C  ters 1h 3h 16h
malkane,FTS/ gHC/gcat 0.15 0.41 1.12
mWax/gHC/gcat 0.09 0.13 0.26

210 OlFTS,Gas,calc. / - 0.92 0.92 0.90
adFTS,Wax / - 0.91 0.89 0.89
Crax / - 18 18 34
Malkane,F1s/ 8Hc/8at 0.29 0.70 2.13
Mwax / BHc/Beat 0.14 0.20 0.24

220 OlETS, Gas,cale. / - 0.90 0.90 0.88
arTs,wax / - 0.89 0.88 0.87
Cmax / - 20 27 33
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Malkane,F1s/ 8Hc/Bcat 0.94 2.85 12.5
mWax/gHC/gcat 0.09 0.15 0.21

240 aFTS,Gaslcalc, / - 0.86 0.86 0.84
arTs,wax / - 0.86 0.84 0.84
Crmax / - 34 40 43

The apparent stream of products, which are volatile enough to leave the reactor, is calculated by
subtracting the mass of the accumulated hydrocarbons from the mass of total produced alkanes
during the FTS using Eq. (18).

m;j gyt = My prs — My wax (18)

Comparing the calculated amount of total alkane produced with the amount of alkane
accumulated in the catalyst, it becomes clear that above a specific chain length (usually the most
common carbon number of the wax), all hydrocarbons produced condense altogether, thus
significantly changing the product spectrum leaving the reactor (compared to steady-state FTS). As
most of the high molecular hydrocarbons condense inside the catalyst pores the obtained product
spectrum is of comparably short range despite the initially high chain growth probability. As the
reaction proceeds the share of accumulated wax in the total formed product decreases since the
catalyst pores can only fill with a certain amount of hydrocarbons corresponding to the pore volume.
After 1 h FTS at 220°C, around 50% of the total product mass condenses inside the catalyst. At 16 h
the fraction of accumulated wax is only 10%. This circumstance leads to the paradox fact that the
maximum carbon number (Cmax) of the product stream increases with time on stream despite
severely decreased chain growth probability. The (almost) total catalyst pores can no longer hold so
many hydrocarbons, which combined with the low alkane partial pressure in the gas phase (low
activity), leads to an easier evaporation of alkanes with medium chain length.

This results in more medium-chain alkanes entering the product stream, which would otherwise
have remained adsorbed with a shorter reaction time. The apparent product stream could only be
measured at the longest reaction time of 16 h as otherwise, the reaction time is too short, and the
total mass of products is too small. However, it is clearly visible that the measurement agrees with
the calculated values. As can be seen in the bottom right of Figure 4, the total amount of product
and the maximum carbon number of the alkane leaving the reactor increases along with the
methane selectivity, resulting in a highly variable product stream. A summary of all relevant
measures can be found in Table 3. The accumulated wax decreases with increased reaction
temperature due to increased reaction activity but almost constant maximum hydrocarbon mass
within the catalyst pores. The total mass of accumulated wax is limited to around 0.27 gaikane/8catalyst
whereas the total amount of produced alkanes during FTS is theoretically infinite. After 1 h of FTS
the share of accumulated wax in the total mass of products is 60%, 48%, and 10% at 210°C, 220°C,
and 240°C, respectively. Due to pronounced evaporation, the maximum carbon number traceable
in the product stream increases with increasing temperature and reaction time.

3.2 Hydrogenolysis of Accumulated Waxes

In order to maintain the high activity and the favorable product distribution of the transient FTS,
the catalyst pores are drained periodically by hydrogenolysis before the steady state (i.e. completely
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filled pores) is reached. To start the HGL reaction, the syngas feed was stopped and immediately
replaced by a mixture gas mixture consistent of nitrogen and hydrogen (pw2 = 1 bar, pn2 = 14 bar,
Ptotal = 15 bar). A typical course of methane productions rate during FTS and HGL at 240°C (after 16
h of FTS) is displayed in Figure 5. The figures of methane production rate after 1 h and 3 h of FTS at
240°C can be found in the Supplementary Information (Figure S1).
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Figure 5 Typical course of methane production rate of FTS and subsequent HGL at 240°C
after 16 h of FTS (Vsyngas, 240°c = 30 Istp (8cat h)™Y; H2/CO = 2/1; protal, F1s = Protal, HeL = 15 bar;
PH2, HeL = 1 bar; pz, vel = 14 bar; Vgas, Hel, 240 °c = 45 Istp (8cat h).

Employing hydrogenolysis for cracking the accumulated waxes leads to conversion of Cis-Ceo
paraffins to C1-C1 alkanes presumably improving the overall process selectivity of kerosene or
products in the liquid fuel range. Hydrogenolysis is always performed at the same temperature and
pressure as the previous FTS. The distribution of methane and the relevant product groups of light
hydrocarbons (C,-Cs) and hydrocarbons within the kerosene range (Cy-Ci7) obtained from
hydrogenolysis of the long chain hydrocarbons accumulated during FTS times of 1 h, 3 hand 16 h
can be found in Table 5. Typically, products with carbon numbers of up to 21 can be found in the
product stream but the proportion of products with a carbon number higher than 17 is usually less
than 2% and is therefore neglected. The most abundant product of hydrogenolysis is always
methane with a selectivity of up to 66 wt.% after 16 h FTS at 210°C. Methane selectivity grows with
a reaction time of previously performed FTS. Longer time on stream results in, as mentioned before,
a higher pore filling degree but also in a higher mean carbon number of the wax inside the pores.
Thus, the effect causing the increase in methane selectivity remains unclear. Methane production
is also influenced by temperature. Increasing hydrogenolysis temperature results in lower methane
selectivity and substantially increased kerosene selectivity. The kerosene (Co-Ci7) selectivity
increases from 16 wt.% at 210°C to 37 wt.% at 240°C. The kerosene selectivity is complementary to
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the methane selectivity, whereas the selectivity of the lighter hydrocarbons (C,-Csg) remains more
stable over reaction time and temperature. However, since temperature also massively influences
the composition of the accumulated hydrocarbons (Figure 3), no precise explanation for this effect
can be given. The pores of the catalyst can be completely emptied at 240°C, while the pores at 210°C
and 220°C still contain wax residues of about 10% to 20%. However, the residues could be
completely removed at elevated temperature (240°C). No deactivation of the catalyst is observed,
and FTS activity is always restored after pore draining (Supplementary Information, Figure S2). Even
a high number of cycles, where pore filling and pore emptying alternate regularly, did not lead to
any deactivation, even at a cycle number of 42 (at 210°C). A more detailed discussion of the
hydrogenolysis of FTS waxes has already been published [52].

Table 5 Transformation of hydrogenolysis selectivity at various temperatures and FTS
reaction time (pr2, HeL = 1 bar; pn2, veL = 14 bar; protal, Frs = Protal, HeL = 15 bar; Vgas, HaL,240°c =
45 lstp (8cat h)).

Ters / °C ters 1h 3h 16h
ScHa, HeL / Wt.% 46.2 55.7 62.2
210 Sca-cg e / Wt.% 21.1 16.1 19.1

Sco-ci7,neL/ Wt.% 32.1 24.8 16.4
ScHa, HeL / Wt.% 55.1 58.1 55.1
220 Sca-cs, ne/ wt.%  18.7 18.4 19.0
Sco-ci7,nel/ Wt.% 24.1 20.3 27.3
ScHa, HeL / Wt.% 31.4 429 446
240 Sca-cs e/ wt.% 12.4 14.4 17.9
Sco-c17, veL/ Wwt.% 55.5 38.0 35.9

3.3 Influence of Temperature on Product Distribution of Hydrogenolysis

As described in the previous section 3.2, the hydrogenolysis product selectivity is severely
influenced by temperature. Higher process temperature leads to decreased methane selectivity and
higher kerosene selectivity (Table 4). According to Kempling and Anderson the hydrogenolysis
proceeds by successive subtraction of small alkanes (mainly methane) as long as the remaining
hydrocarbon stays adsorbed [41]. Increasing the reaction temperature promotes the evaporation
of longer alkanes due to their resulting higher vapor pressure. Hence, the earlier terminated
cracking reaction leads to lower methane selectivity. However, since both values of pore filling
degree and composition of the FTS wax depend on temperature, no clear explanation for the
influence of temperature on product distribution of hydrogenolysis can be given. In order to assess
the influence of temperature on the system described here, the catalyst pores were always filled at
210°C for 1 h, 3 h or 16 h. Afterward hydrogenolysis was performed either directly at 210°C or the
reactor was heated to 240°C under 15 bar hydrogen as fast as possible (t < 10 min). As the
hydrogenolysis has a reaction order of -2 to -3 regarding hydrogen, the cracking during the heating
is neglectable. Then, hydrogenolysis was performed as usual with a hydrogen partial pressure of 1
bar. The results are depicted in Figure 6. The product distribution presented there possesses the
same characteristic shape often reported by other researchers [60-62]. The most common product
is methane, with the product selectivity of the following hydrocarbons decreasing sharply until a
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local maximum is reached at a carbon number of 7. Then the selectivity increases again until the
local maximum at a carbon number of around 11 is reached. Thereupon selectivity decreases again.
Alkanes with a chain length longer than 21 are not measured. It is obvious that a higher HGL
temperature increases the Co-Ci7 selectivity substantially. The methane selectivity severely
decreases accordingly to 20 wt.%, 24 wt.%, and 50 wt.%, depending on the time of HGL (Figure 5,
blank symbols), which is less than half the amount of methane formed at 210°C (HGL), at least for
FTS times of 1 and 3 hours. The improvement in methane selectivity is less pronounced at a high
pore-filling degree. Complementary, Sco-c17 increases to 55 wt.%, 50 wt.% and 29 wt.% at 1 h, 3 h
and 16 h time on stream, respectively. Thus, higher temperatures appear to be a viable way to
increase the production of valuable non-methane products.

70 |- o FTS 210°C 1h - HGL 240 °C |-
. O FTS 210°C 3h - HGL 240 °C |-

60 | ° A FTS 210°C 16h - HGL 240 °C|-
m FTS210°C 1h - HGL 210 °C |-

50 L & ® FTS 210°C 3h-HGL 210 °C |-
A FTS 210°C 16h - HGL 210 °C| |
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£
I
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20 .
10 | s 2% o .
!= ”Cugiﬁ-‘“ze i

ol S Gmeggsair¥oggg, .
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carbon number

Figure 6 Representation of product selectivity of Hydrogenolysis at 210°C and 240°C
after FTS at 210°C. Maximum measured hydrogen turnover during hydrogenolysis never
exceeded 10%.

3.4 Selectivity of the Alternating Process to Kerosene (Jet Fuel)

To meet the required specifications for boiling behavior, stability, flash point, and freezing point,
kerosene consists of a variety of olefins, paraffins, cycloalkanes and aromatic compounds. Kerosene
of the JET-A standard contains, therefore, almost exclusively HCs with carbon numbers between 9
and 17 [63]. The selectivity of Co-C17 (kerosene) of the transient FTS and the alternating process (AP)
for the cycle times of 1 h, 3 h.and 16 h is presented in comparison to the kerosene selectivity of the
steady state FTS in Table 5. The apparent kerosene selectivity, calculated from products able to
leave the reactor during transient FTS (Figure 4) is initially always significantly higher than the steady
state one. The high-chain growth probability leads to a low amount of short-chain hydrocarbons
and high product selectivity to heavy paraffins which easily condense within the catalyst pores
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resulting in a high kerosene selectivity of the apparent product stream leaving the reactor. As the
reaction progresses, the selectivities converge due to decreasing chain growth probability. Since the
probability of chain growth also decreases with temperature apparently, the selectivity towards
kerosene decreases with increasing reaction temperature leading to a less pronounced difference
in product selectivity (transient product selectivity in comparison to steady state selectivity). It
should also be noted that even at 100 h the pores are not completely filled at 240°C and the minor
differences between the values measured at 16 h and 100 h (Table 3) leads to the conclusion that a
substantially longer FTS time (if any) would be needed to fill the pores completely. Thus, the
measurement done at 240°C after 100 h are considered as steady state. So, in order to maintain the
favorable product selectivity of the transient FTS the pores have to be drained periodically by
hydrogenolysis. As the reaction produces mainly alkanes in the Co-C17 range in addition to methane,
hydrogenolysis influences the overall selectivity of kerosene in the alternating process. The products
of hydrogenolysis are added to the apparent product stream of the FTS to achieve the kerosene
selectivity of the alternating process (AP). Since the alternating process is a combination of FTS/pore
filling and of the subsequent HGL of the wax, the influence of hydrogenolysis on the overall
selectivity of the alternating process depends on the ratio of the accumulated waxes to the total
FTS product. During transient FTS, the ratio decreases, resulting in a smaller difference in product
selectivity between the transient FTS and the alternating process. The same effect occurs with
increasing temperature. The reaction rate rises severely with temperature, whereas the maximum
amount of wax inside the catalyst pores remains almost constant. Hence, only a small impact of
hydrogenolysis on total product distribution is notable. Nevertheless, the kerosene distribution of
the alternating process is always improved, except for high pore filling degrees at 220°C. The highest
kerosene selectivity with 41.4 wt.% is obtained at 210°C with a FTS time of 1 h, an increase of almost
50%. The alternating process carried out at 220°C showed similarly good results with 38.2 wt.% and
39.0 wt.%, an increase of around 40% compared to steady state at 1 h and 3 h. The alternating
process at 240°C showed a maximum increase in kerosene selectivity of only 28 wt.%. At 240°C, the
jet fuel selectivity of the alternating process is higher than that of the transient FTS due to the low
methane selectivity of the hydrogenolysis. But, because of the low amount of accumulated wax
relative to the total product mass, the impact on the total product distribution is low. If the
alternating process is performed as described in section 3.3 (FTS 210°C - HGL 240°C) the kerosene
selectivity could be further increased. The high accumulate to total product ratio in combination
with the low methane selectivity of the high-temperature HGL result in kerosene selectivity of 52.8
wt.%, 44.1 wt.% and 36.1 wt.% for FTS time of 1 h, 3 h and 16 h, respectively. Kerosene selectivity
obtained from transient FTS and alternating process (AP) after 1 h, 3 h and 16 h and the steady state
FTS can be found in Table 6.

Table 6 Kerosene selectivity obtained from transient FTS, alternating process (AP) and
the steady state FTS at selected synthesis time and temperature.

Ters, HeL / °C ters 1h 3h 16 h
Sco-c17, FTs-trans. / Wt.% 50.1 42.1 36.0

210 Sco-c17,ap / Wt.% 41.4 37.0 333
Sco-c17, Frs-stat. / Wt.% 27.7

220 Sco-c17, FTs-trans. / Wt.% 49.5 39.1 26.3
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Sco-c17,ap/ Wt.% 38.2 39.0 25.8

Sco-c17, Frs-stat. / Wt.% 27.8

Sco-c17, FTs-trans. / Wt.% 30.6 30.0 28.8
240 Sco-c17,ap / WE.% 33.3 30.7 289

Sco-c17, Frs-stat. 100h / Wt.% 26.0

4. Conclusions

The influence of mass transport restrictions during the time of transient FTS not only on activity
and pore filling but also on overall product selectivity is investigated and discussed. Furthermore,
the influence of temperature on HGL is examined. It has been found that the apparent product
stream during transient FTS differs significantly from the expected product distribution due to the
accumulation of the long chain hydrocarbon products within the catalyst pores. Despite of high
alpha values, the hydrocarbons formed during transient FTS (in combination with HGL) have only
relatively low carbon numbers of around 18 to 34 (at 210°C) or from 34 to 43 (at 240°C), depending
on reaction time. Thus, the apparent selectivity towards kerosene can be as high as 51 wt.% (at
210°C, 1 h FTS) instead of 28 wt.% in the case of steady-state FTS. This effect can be used technically
when hydrogenolysis is applied in order to prevent the FTS from reaching a steady state. Variations
in hydrogenolysis temperature showed a clear dependence of methane selectivity on temperature.
The higher the temperature, the lower the methane selectivity and the higher the Co-C17 selectivity.
The alternating process (FTS followed by hydrogenolysis) has been shown to improve the overall
selectivity of the kerosene to a maximum value of 41.4 wt.% (at 210°C, 1 h FTS) without the need
for an additional catalyst or further processes. If, additionally, the hydrogenolysis temperature is
increased from a lower FTS reaction temperature, the kerosene selectivity can be improved even
more (up to 52.8 wt.% for 1 h FTS 210°C - HGL 240°C). The alternating drainage of the wax-filled
catalyst pores and hydrogenolysis after FTS thus not only have a positive effect on the activity and
methane selectivity (Table 1), but also improve the kerosene selectivity of the FTS.
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Additional Materials

Figure S1: Typical course of methane production rate of FTS and HGL at 240°C after 1 h (left)

and 3 h (right) of FTS (Vsyngas, 240 °c = 30 Istp (gcat h)™%; H2/CO = 2/1; protal, Frs = Protal, et = 15 bar; prz, Hel
=1 bar; PN2, HGL = 14 bar).

Figure S2: Comparison of FTS activities before and after pore draining using Hydrogenolysis

at 210°C, 220°C and 240°C after 16 h FTS. FTS run A is measured prior to pore drainage, whereas
FTS run B is measured directly after the pore drainage. Adapted from [52].
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