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Introduction

1. Introduction

Carbon dioxide is the most important greenhouse gas being emitted into the atmosphere
from fossil fuel combustion and other anthropogenic activities. According to the National
Oceanic and Atmospheric Administration (NOAA), the CO, concentration in the
atmosphere was 392 ppm in February 2011 [1] which is very high compared to 379 ppm in
2005 and far from the natural range of the last 650,000 years [2]. The annual emissions of
CO; have grown between 1970 and 2004 by about 80% from 21 to 39 gigatonnes [2]. The
growing concentration of carbon dioxide in the atmosphere increased the impact on the
environment such as global warming and forcing a climate change. The main greenhouse
gases are water vapour (H,0), carbon dioxide (CO;), methane (CHy), nitrous oxide (N,O),
hydrofluorocarbons (HFCs), perfluorocarbons (PFCs), and sulphur hexafluoride (SFg), but
CO; contributes about 77% to the world’s greenhouse gas emissions (excluding water

vapour) into the atmosphere in 2004 [2].

Alternative energy sources are not only important with regard to global warming but also to
maintain the rising cost of crude oil. Both aspects have motivated researchers to look for
solutions to reduce the greenhouse gas emission and/or its utilization. The mitigation of
greenhouse gas emissions is also an interesting challenge in exploring new concepts and
new opportunities for catalysis and industrial chemistry. Recently various carbon capture
and storage technologies (CCS) are developed for a significant reduction of CO, emissions
into the atmosphere [3]. These technologies are mainly suitable to capture CO, from large
industrial sources such as fossil fuel fired power plants. But only with these efforts it is not
possible to reduce and control CO, emissions [4], and the availability of sufficient storage
capacity to capture carbon dioxide is also still an open question. However, very little
attention has been paid by industry and academia in utilization of CO, because of its high
thermodynamic stability. For the reduction of greenhouse gas emission various strategies
have been suggested that includes promoting energy end-use efficiency, supporting the use

of renewable energy resources as well as sustainable transportation and waste management [5].

One effective approach to avoid CO, accumulation into the atmosphere is the recovery of

carbon dioxide from flue gases and its recycle by converting to useful chemicals [6, 7]. The
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conversion of CO, to CO by catalytic hydrogenation has been recognized as a very
promising process. In industry, synthesis gas containing H, and CO can be used to produce
methanol as well as long chain hydrocarbons via the Fischer-Tropsch synthesis. Therefore,
the reverse water gas shift (RWGS) reaction (CO, + H, — CO + H;0) is an important

option for CO production.

The transformation of CO, and H; into CO and H,O depends upon several factors such as
catalyst selection, ratio of CO,/H,, and reaction temperature and pressure. Therefore, the
main focus of this study was to select a suitable catalyst and reaction conditions for CO,
hydrogenation in a fixed bed reactor. The experiments were designed such that the RWGS
reaction could be examined in the forward and reverse direction, i.e. the “normal” water gas
shift reaction (CO + H,O — CO, + H,) was also studied. The consecutive CO
hydrogenation, i.e. methanation reaction (CO + 3H, — CHy + H,O) also had to be

considered.

In heterogeneous catalysis, transport processes (external boundary layer diffusion, pore
diffusion) may have an influence on the effective reaction rate, and were also studied in this

work in detail.
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2. Basic theory and background of the work

In the following, some basic aspects of heterogeneous catalysis and phenomena of mass
transfer in heterogeneous catalysis (gas-solid diffusion in a fixed bed reactor), deactivation
phenomena of catalysts are briefly outlined. Some CO; utilization processes including

reverse water gas shift, and the thermodynamics of CO, conversion are also discussed.

2.1 Heterogeneous catalysis

The study of heterogeneous catalysis dates back to the early 1800s where Faraday was one
of the first scientists who performed the ability of platinum to facilitate oxidation reactions
[8]. After that, the field of heterogeneous catalysis has been grown continuously and
attracted several Nobel prizes (for example, in 2007, Gerhard Ertl, a German physical
chemist was awarded the Nobel Prize in chemistry for his contribution in the area of surface
science). The production of low cost and high quality raw materials, production of
transportation fuels, and pollution control are the major areas in which heterogeneous

catalysis has shown a remarkable impact.

It is well known that the catalyst efficiency is directly proportional to its surface area. Many
of the heterogeneous catalysts used in today’s industry consist of one or more catalytically
active components deposited on the surface of a support material having a high surface area,
high porosity, and a suitable thermal and mechanical strength. Heterogeneous reactions
occur in a system in which two or more phases are present (e.g. the solid catalyst and liquids

or gases as reactants) and the reactions occur at the interface between these phases.

2.1.1 Diffusion processes in heterogeneous catalysis

The chemical reactions of heterogeneous catalysis occur between the adsorbed reactants and
the surface of the solid catalyst particle. The diffusion of reactants to the catalyst surface
(mostly to the inner surface of pores) and the diffusion of products from this surface are
purely physical phenomena. In case of catalytic gas-solid reactions, the rate of reaction
within a porous catalyst strongly depends upon the accessibility of reactants to the active

sites dispersed throughout the porous structure of the catalyst (Fig. 2-1).
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Fig. 2-1: Sequential steps involved in heterogeneous catalytic gas phase reaction.

Consider a simple gaseous reaction (A — B) occurring inside a reactor containing porous
catalyst particles. In order to convert the reactant A into product B, the following physical

and chemical processes are important:

1. Diffusion of reactant A from the bulk gas phase through the boundary layer or stagnant
gas film surrounding the catalyst particle to the external surface of the catalyst (film

diffusion).

2. Diffusion of reactant A into the porous structure of the catalyst particle to the point

where adsorption/reaction takes place (pore or intraparticle diffusion).
3. Adsorption of reactants on the inner surface of the catalyst.
4. Surface reaction of adsorbed reactant A to adsorbed product B at the catalyst surface.
5. Desorption of product B from the inner surface of the catalyst into the pores.

6. Diffusion of formed products through the porous network structure to the external

surface of the catalyst (intraparticle diffusion).
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7. Diffusion of product B from the external surface of the catalyst through the boundary

layer into the bulk gas phase.

As a result of these steps, a concentration profile may exist in the catalyst pellet and outside
in the film layer. The steps 3, 4, and 5 are chemical processes, which strongly depend on
temperature typically with effective activation energies of 20 to 200 kJ/mol. The steps 1, 2,
6, and 7 are diffusional processes or mass transfer with relative low temperature dependence
compared to the chemical processes. If these steps are very fast, then there is no resistance
for mass transfer from the bulk phase to the external surface area of the particles and to the
active sites inside the pore. So the concentration at the internal catalyst surface is the same
as that of the bulk phase, and the mass transfer does not affect the reaction rate. But in case
that mass transfer is slow relative to the chemical reactions, there may be an influence or
control of the overall reaction rate by the mass transfer. The net kinetics obtained from all

reaction steps (1 to 7) is thus called effective kinetics or macro-kinetics.

2.1.2 Influence of internal and external mass transport on heterogeneously catalysed

reactions

In heterogeneous catalytic reactions, the consideration of internal and external mass transfer
limitations is very important when experiments are performed to determine intrinsic kinetic
parameters. According to Arrhenius law, the intrinsic chemical rate is nearly an exponential
function of temperature and the mass transfer rate is less strongly influenced by the
temperature, e.g. for gas diffusion the rate is proportional to about T'~. Fig. 2-2 shows an
Arrhenius plot of the temperature dependence of the effective rate constant of a catalytic

reaction for the three reaction rate controlling regimes.
Regime of intrinsic kinetic:

At low temperatures, the rate of the chemical reaction is slow compared to mass transport
processes. Therefore only a negligible concentration gradient will be established in the
exterior and interior of the catalyst particle. The reaction temperature also remains constant
over the entire cross-section of the catalyst pellet and also in the boundary layer. This is
called as an intrinsic region where the true intrinsic kinetics of reactions is measured. For

this region, the slope of the curve In k, vs 1/T is proportional to the chemical activation
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energy (Ea). The reaction rate of gas-solid reactions is often described with accuracy by a

power law equation:

dn;
dmeq;

= ke ;" 2.1)

Tm

The reaction rate usually depends upon the rate constant (k,,) related to the mass of catalyst
(mcqr), concentration of reactant ((;), and the intrinsic order of reaction (n). The temperature

dependence of the reaction rate constant is given by the Arrhenius equation:

_Es
Ky = Ko € RT (2.2)
In the Arrhenius equation, &, is the frequency factor and E, is the intrinsic activation

energy of the chemical reaction.
Regime of pore diffusion:

At intermediate temperatures, the chemical reaction rate is faster than the inner mass
transport (pore diffusion). Between this regime and the regime of intrinsic kinetic, a
transition regime is located where the slope of the curve changes with temperature. In the
pore diffusion region, the concentration of reactants at the pore mouth is much higher than
that inside the pore and drops distinctly. Here the entire catalytic surface is not accessible to
the same concentration. Therefore the effective reaction rate will be less as compared to the

rate without mass transfer limitations.

For this region, the effective activation energy is roughly one half of the true activation
energy (Ea/2). In general, there is not only the change in effective activation energy but the
effective order of the reaction also changes when the transition from kinetic to diffusion
control occurs. For an n™ order reaction, the effective reaction order approaches the value of

(n + 1)/2 in case of strong limitation by pore diffusion.
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Fig. 2-2: Typical Arrhenius plot of temperature dependence of the effective rate constant of
catalytic reaction; three regimes of reaction rate control for low, intermediate and

high reaction temperature.

For a first order reaction the effective rate of chemical reaction is given as

Tmerf =N km Ci,s (2.3)

where C; ¢ is the concentration at the catalyst surface and 7 is the effectiveness factor which
is a function of the Thiele modulus. The effectiveness factor 7 is defined as the ratio of the

observed rate of reaction to the rate in the absence of any diffusional resistance, i.e.

actual reaction rate Tm.eff

= intrinsic rate of chemical reaction T

(2.4)

There are several factors which influences the effectiveness factor, such as pore shape and
pore structure (micro-macro), particle size distribution, and change in volume upon reaction
[9]. The magnitude of the effectiveness factor ranges between 0 and 1 which indicate the
relative importance of diffusion and reaction limitations [10]. The internal effectiveness
factor varies for different catalyst geometries (see Fig. 2-3) and for different reaction orders

(see Fig. 2-4).
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Fig. 2-4: Relationship of the effectiveness factor versus generalized Thiele modulus

(Eq. (2.8)) for simple-order reactions [11].

The effectiveness factor as a function of the Thiele modulus for a flat plate and an

isothermal, irreversible first-order reaction is given as:
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tanh ¢
n= (2.5)
¢
For the spherical particle, an effectiveness factor is given as:
1 1 1
n=- (2.6)

¢ ltanh(39)  (3¢)

The relation between Thiele modulus and effectiveness factor for a flat plate in Eq. (2.5)
gives the approximation that # equals 1/ ¢ for large values of the Thiele modulus (¢ > 2).
The equation of an effectiveness factor for a flat plate can be used in a good approximation

for any particle geometry with characteristic length (L,), which is given by Eq. (2.9).

The dimensionless Thiele modulus (¢) plays a key role in determining pore diffusion
limitations. For general shape, first order and irreversible reaction, the Thiele modulus is

given as [9]:

k
¢ =L m Py 2.7)
Diers
For a irreversible reaction and order n # 1, the Thiele modulus is given as:
k C_n—l
¢ =L, [nH] i 2.8)
2 Dl,eff

where p, is the density of particle, D; . is the effective diffusivity of species 7, and L, is the

characteristic length for various shapes which is given as:

volume of shape

L, = 29
P external area of shape (29)

The characteristic length for cylinders is L, = d,/4, for spheres L, = d,/6 and for flat plate L,
(where d, is the particle diameter and 2L, is the plate thickness).

The point at which a pellet of optimal dimension shows the transition from chemical to
diffusion control region is practically important. Small particles have a low characteristic
length, which decreases the value of the Thiele modulus (see Eq. (2.7) and Eq. (2.8)) and
thus increase the effectiveness factor, and lowers the pore diffusion resistance. On the other

hand, a small particle size creates a high pressure drop in a fixed bed reactor. Therefore from
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industrial point of view, it is very important to have particles with appropriate size that
balance between the pressure drop across the catalyst bed and the effects of the diffusional

resistance within the catalyst particles.

The pore structure of porous media may be extremely complex and is often not well defined.
So it is common to describe the diffusion of a gas in pores in terms of an effective
diffusivity. The general, inside the catalyst pellet diffusion may occur by means of three
different modes, surface diffusion, molecular diffusion and Knudsen diffusion [12]. For
most industrial catalysts and conditions used, only molecular and Knudsen diffusion are
considered. In the regime, where the ratio of the pore radius to the mean free path of the
diffusing molecule is greater than about 10, molecular diffusion dominates the overall mass
transport. In the regime, where the ratio of the pore radius to the mean free path of the
diffusing molecule is less than 1, Knudsen diffusion more and more dominates the transport

phenomenon called (Knudsen regime). The effective diffusivity is given as

Diesr = g_pDi,pore (2.10)
Tp
where €, is the porosity and 7, is the tortuosity of the porous structure. Porosity is defined
as the ratio of pore volume to the total volume of the catalytic particle. In general, the
porosity is typically in a range 0.25 to 0.7. The tortuosity factor is a structural factor and
usually determined experimentally. It is defined as the ratio of the actual length of the
diffusion path to the straight-line distance between the ends of the flow path. So, tortuosity
is always greater than 1 and independent of the temperature and nature of diffusing species.

Some catalyst materials with their porosity and tortuosity are shown in Table 2-1.

If the mean free path is much smaller than the pore dimension, the collision arises within
other gas molecules more often than the collision with pore wall. In this case the effective
diffusivity is independent of the pore diameter and only the ordinary molecular diffusivity is
described in the absence of experimental data by using the well known Stefan-Maxwell

equation of diffusion [12].
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Table 2-1: Porosity and tortuosity of various catalysts.

Material Porosity Tortuosity Reference
Pt-LSM oxide 0.3 6 [13]
Ni-YSZ oxide 0.3 3 [14]
10 % Pt on carbon 0.4 1.1 [15]
1 % Pd on alumina 0.5 7.5 [16]
1.5 % Ni, 4 % Mo on alumina 0.6 1.3 [17]
7 % Cr,03, Fe304 0.6 11.1 [18]
2.9 % Al,03, 1.44 % K,0, Fe;04 0.52 12.5 [18]

If the pore diameter is very small compared to the mean free path of the diffusing gas
molecules and the density of gas molecules is low, the gas molecules collide more
frequently with the pore wall than with each other. In this Knudsen region, the Knudsen

diffusivity D; yn, Of a gas species in a pore is given by

dpore |8RT
i,knu 3 T Mi ( )
where djre 18 the pore diameter, T is the temperature in Kelvin, R is the gas constant and

M; is the molecular weight of gas species i. According to Eq. (2.11), the Knudsen

diffusivity D; xny, is proportional to T*/2 and is independent of pressure.

If both molecular diffusion and Knudsen diffusion contribute to the pore mass transport, the
combined diffusivity (transition diffusivity) can be approximated by the Bosanquet equation [19]:
1 1 1

= + (2.12)
Di,pore Di,mol Di,knu

Regime of external mass transport:

At very high temperatures, external mass transport (film diffusion) may become the rate
controlling step. The concentration within the catalyst pellet is then almost zero and the

reactants react immediately on the outer surface of catalyst. In this region, the slope of the
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curve of effective reaction rate gets small (see Fig. 2-2), and the effective activation energy

is in a range of only 5 to 20 kJ/mol.

The effective reaction rate due to external mass transfer can be expressed in terms of particle

mass (mol kg'1 s'l) as:

Tmeff = B Am,ext(Ci,g - Ci,s) (2.13)

B (m/s) is the mass transfer coefficient, Ay, oyt (m*/kg) is the external surface area of
catalyst, and C;, and C;; (mol/m’) are the concentrations in the bulk phase and at the
external particle surface, respectively. When 1 k;;, << B A, ext, the external mass transport is
rapid compared to the consumption by the chemical reaction in the particle, and the

concentration at the external surface is almost equal to the concentration in the bulk phase of

the fluid.

For a spherical particle, the external mass transfer area is given by (with p, as particle

density):

6
Amext = d p (2.14)
p Fp

The mass transfer coefficient () depends upon the particle size, particle geometry,
molecular diffusion coefficient (D; ;,,0;), and the hydrodynamic conditions such as velocity
and viscosity of the fluid. Depending upon the dimensionless Sherwood number (Sh), the
value of f can be calculated as:

_ Sh Di,mol

y (2.15)

p

The Sherwood number represents the ratio of convective to the diffusive mass transfer.
Several empirical correlations have been proposed related to the Sherwood number. One
correlation for the Sherwood number for a single particle (S%,) using Reynolds number (Re)

and Schmidt number (Sc) proposed by Hayhurst and Parmar [20] is given as

Sh, = 2+ 0.69 VRe ¥Sc (2.16)
The Sherwood number for the mass transfer in a fixed bed (Sh) is

Sh=[1+15(1—€,)] Shy, 2.17)
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where €, is the bed porosity, which is defined as the ratio of void volume to the total volume

of bed.

The Reynolds number is defined as
Re = —P2 (2.18)

Its value depends upon the interstitial velocity (u), kinematic viscosity of gas (v), and the
particle diameter (d,). The interstitial velocity (velocity within the bed) is higher than the
superficial velocity, and can be calculated by the ratio of the superficial velocity to the bed

porosity (u = ug/€p).

The Schmidt number is defined as

v
Sc = (2.19)
Di,mol

The correlations for mass transfer are similar to those for in heat transfer where the
Sherwood number is replaced by the Nusselt number (Nu) and the Schmidt number by the

Prandtl number (Pr). For gases, both Sc and Pr are about 0.7.

The effective reaction rate for a first order reaction by considering internal and external mass

transfer resistances is given as:

[ ! + - l_l C (2.20)
r = : .
T ANk | B Amext]  f

2.1.3 Catalyst deactivation phenomena

The deactivation of catalysts is a phenomenon in which the structure and state of the catalyst
change leading to loss of active sites causing a decrease in activity and/or selectivity over
time. There are many causes of catalyst deactivation, which are divided into four main

categories [21, 22] (Fig. 2-5).
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Fig. 2-5: Deactivation phenomena’s of catalyst by the mechanism of sintering, alloying,

poisoning, fouling and coking (modified after [23]).
Sintering:

The deactivation may be the result of the loss of the catalyst surface area due to crystallite
growth of the catalytic phase or the loss of support area. Generally, sintering is irreversible
and occurs at high temperature where metal atoms migrate and grow to metal crystallites
thereby changing the particle size distribution. The rate of sintering increases exponentially

with temperature. Sintering rate is also depending upon some other factors such as [21]:
(a) Type of metal (e.g. rate of sintering for Ni/Al,O3 is less than Pt/Al,O3).

(b) Presence of promoters or impurities (e.g. O, CaO, CeO,, BaO reduce the rate of sintering
by decreasing the atom mobility, and S, Cl, Pb, F reduce the rate of sintering by increasing

the atom mobility).
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(c) Atmosphere (e.g. for metals, sintering is mostly rapid in oxygen atmosphere while

relatively slow in hydrogen).

(d) Metal dispersion (e.g. for Ni/SiO,, metal dispersion is strongly affected on the rate of
sintering for T > 650 °C).

(e) Support surface area and porosity (e.g. the decreasing order of stability of Pt on different

supports in vacuum is Pt/Al,O3 > Pt/SiO, > Pt/C).
Poisoning:

Poisoning is defined as the loss of catalytic activity due to the chemisorption of impurities
on active sites. However there is no clear difference between temporary and permanent
poisoning. A strong poison at low temperatures may be less harmful at high temperature
[24]. Poisoning may decrease the activity but may not affect the selectivity or sometimes

even may enhance the selectivity.

Sulphur plays an important role as a poison in many catalytic processes such as
hydrogenation, methanation, steam reforming, Fischer-Tropsch synthesis, and fuel cells
[21]. For example, in refineries the catalytic reforming Pt catalyst strongly adsorbs sulphur
that poisons the catalyst [24]. The deactivation of PdO-Al,O3 catalyst in lean-burn natural

gas engine exhaust is due to the contamination by SO, and H,O [25].
Fouling and coking:

Fouling is the physical deposition of species from the bulk fluid phase onto the catalyst
surface resulting in loss of activity due to blockage of active sites and/or pores [21]. The
terms carbon and coke are somewhat arbitrary and are related to their origin. Carbon is
generally the product obtained by CO disproportionation while coke is obtained by
decomposition or condensation of hydrocarbons (typically polymerised heavy
hydrocarbons) on the catalyst surface [21]. The deactivation of catalysts by coking is very
common in industrial processes [26]. Zeolites are known to have a high catalytic activity
towards coke formation over the temperature range of 300 to 600 °C, which effects the
diffusional properties of zeolites [22]. In the present study, the coke formation was observed

in CO hydrogenation and water gas shift reaction in the temperature range of 450 to 650 °C.
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Alloying:

In alloying, a combination of two or more metals takes place at high temperature
(particularly under reduction conditions). Alloying may change the activity and stability of
catalyst. The Cu-Zn alloy formation during the reduction of the catalyst in the temperature
range of 230 to 500 °C with a mixture of H, and N, deactivates the catalyst and reduces its
activity for the water gas shift [27]. Other example are formation of RhAl,O4 in Pt-Rh/Al,03
catalysts in catalytic converters for reduction of car engine emissions, formation of Ni;Al,O4

during steam reforming over Ni/Al,O3, and formation of KAIO; in FTS.

2.2 Utilization of CO,for production of chemicals and fuels

The energy related CO, emissions have increased with an average annual growth rate of
1.9% from 1990 to 2007 and the emissions are expected to rise with an annual rate of 1.3%
until 2035 [8]. The global CO, emissions from fossil fuels combustion increase from near by
zero in 1870 to 29.7 billion metric tons in 2007 and are projected to increase up to 42 billion
metric tons in 2035 [8]. The analysis of world energy-related carbon dioxide emissions by
the consumption of fossil fuels (Fig. 2-6) shows that coal is the largest source of carbon
dioxide (12.5 billion metric tons), followed by liquid fuels (11.3 billion metric tons), and

natural gas (5.9 billion metric tons).
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Fig. 2-6: The world energy-related carbon dioxide emissions by fuel type [8].
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To avoid CO, emissions, various measures such as recovery, removal, and storage disposal
have been proposed. Carbon capture and storage needs large amounts of energy for its
capture, transportation, and sequestration. Therefore the utilization of CO, in chemical
conversion processes may become an important option for sustainable development,
mitigation of carbon emissions, and to avoid global warming. The various direct and indirect
uses of CO, are shown in Fig. 2-7. The potential of CO; in the direct use is very low
compared to indirect use. The indirect utilization of CO; has advantages such as production
of value added chemicals, environment friendly processing, and non-hazards process

utilization of CO,.

Salicyclic Acid Urea

Inorganic carbonates Isocyanates

Methanol (Aditive) Esters
Fire extinguishers fricerati X
refrigeration system
Calcium carbonate precipitation & y Polycarbonates Lactones
Blowing agent
Waste watertreatment Solvent
Supercritical fluid
Carbonated beverages
and food packing i
PH control Syntheticfuel Methanol
Enhancenced oil recovery Welding system  (Via Fischer- Tropsch) (CO,+H,)
Horticulture
Styrene
. Under Acitic acid
(Ethylbenzenedehydrogenation) (CO,+CH,)

Dimethyl carbonate

(CH;0H+CO,) Dimethyl ether

Synthesisgas  (Methanol dehydration)
(Dry reforming)

Fig. 2-7: Various direct and indirect pathways of CO; utilization (modified after [5]).

Until today, CO; is not used in its fullest potential even in the indirect way of utilization
because of its high thermodynamic and kinetic stability. The use of efficient catalysts and
selective reaction pathways are needed to promote the reaction rate. Undoubtedly, the
chemical industry can only make little direct contribution towards the reduction of overall
CO, emission. According to current estimates, the chemical industry could contribute to
convert around 1% of global CO, emissions into chemical products [3]. Table 2-2 shows the

utilization of CO, in various chemical conversion processes in 2006.
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The fixation of CO; into these organic compounds refers to reactions that use the entire
molecule. The detail description for the synthesis of these organic compounds using CO; is
given in appendix A. All these processes use CO; to produce value added products in an
environmentally friendly way where utilization potential assisted in terms of less energy use

and lower waste production.

Table 2-2: Industrial process utilization of CO, as a raw material for synthesis of organic

compounds [28].

Industrial processes that World capacity per year Amount of fixed CO,
utilize CO, as raw material [million tonnes] [million tonnes]

Chemical synthesis:

Salicylic acid 0.07 0.025
Urea 143 105
Cyclic carbonates 0.080 0.04
Poly (propylene carbonate) 0.070 0.03

Fuel synthesis:
Methanol 20 2
Synthetic natural gas - -

Other fuels - -

Table 2-2 clearly indicates that the amount of CO, utilized today for the production of
organic chemicals and fuels (methanol) is very small (around 100 million tonnes) compared

to today’s global CO, emissions of around 30 billion tonnes.

It should also be noted that only around 10% of the global crude oil consumption is used
today in the chemical industry. The majorly is used as liquid fuels such as gasoline, diesel
and heavy oil. Hence, an effective use of CO, with regard to a noticeable reduction of the
global net emissions of CO; can only be reached, if the CO, (e.g. separated from flue gases
or in the very far future from air) is utilized for fuels, e.g. by reverse water gas shift and

subsequent Fischer Tropsch synthesis.
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The reverse water gas shift reaction technology is a simple and effective way to utilize
carbon dioxide in many industries [29, 30]. This reaction occurs at high temperatures where

CO3, is converted with H, into CO and water.
CO, + H, 2 CO + H,0, ARrH°ggx = 41.2 kJ/mol (2.21)
Several mostly unwanted parallel and side reactions may also take place:
The Sabatier reaction:
CO, + 4H, 2 CH, + 2H,0, ARrH°ggx = —165kJ/mol (2.22)
The Bosch reaction:
CO, + 2H, 2 C + 2H,0, ARrH°95x = —90.2 k] /mol (2.23)
Boudouard reaction:
20 2 C + (€0, AgH°;95x = —172.6 kJ/mol (2.24)
Methanation reaction:
CO + 3H, 2 CHy, + H,0, ArH°,o5x = —206 kJ/mol (2.25)

The reverse water gas shift reaction has been known to chemistry since the mid 1800's but
no experimental work was done to reveal its viability [31]. Since the last two decades,
studies have been focused on catalytic conversion of CO, to industrially important
chemicals such as light olefins and liquid hydrocarbons. Depending on the reaction route
and catalyst used, it is divided into two groups. One is the hydrogenation of CO, to
hydrocarbons via methanol synthesis [32, 33] which combines two reaction steps: methanol
synthesis from CO;, and subsequent conversion of methanol to gasoline by the MTG

process:
CO, + 3H, 2 CH30H + H,0, AgH°;o5x = —49.5kJ/mol (2.26)
2CH;0H 2 C(CH3;0CH; + H,0 - aromatics ... (2.27)

Alternatively, methanol can also be used directly a liquid fuel, but the infrastructure is not
yet established. The second route to convert CO, into liquid hydrocarbons is Fischer

Tropsch synthesis [34-36], which also combines two steps: hydrogenation of carbon dioxide
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by reverse water gas shift reaction (Eq. (2.21)) and, then, further hydrogenation of CO to

hydrocarbons:
co + 2H2 g (_CHZ _) + H20, ARH0298K = —152 k]/mol (228)

The term (-CH;-) represents a methylene group of a paraffin. This route is discussed in some

details in the subsequent chapter.

2.3 Concept of production of liquid fuels from CO, via reverse

water gas shift (RWGS) and Fischer Tropsch synthesis (FTS)

The concept for production of liquid fuels from CO, via RWGS and FTS was recently
described and discussed [37], where some more details can be found. Here only some main

aspects should be outlined.

Electricity produced by solar energy (or other renewables) can be used to produce liquid

fuels like diesel oil with no or little net CO, production by the following steps [38-42]:

a) Separation of CO, from flue gases (or in the long run even from the atmosphere).

b) H; production by high temperature water (steam) electrolysis and non-fossil electricity:
3H20 4 3H2 + 1.502, ARH0298K = 732 k]/mol (229)

¢) CO production by reverse water gas shift (Eq. (2.21)).
d) Fischer Tropsch synthesis of hydrocarbons (preferably of diesel oil) (Eq. (2.28)).

In summary we get:
COZ + Hzo - (_CHZ _) + 1.502, ARH0298K = 747 k]/mol (230)

If we compare Eq. (2.30) with natural photosynthesis

1

we may regard this process as a technical photosynthesis (TPS, Fig. 2-8). This route is also
called carbon capture and conversion (CCC) [42]. Compared to the products of natural
photosynthesis (e.g. wood), those of the technical photosynthesis have a much higher energy

density related to mass (factor 3) and even more related to volume (factor 6).
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Fig. 2-8: The simplified flowsheet of a plant for production of liquid fuels from CO, by

Fischer Tropsch synthesis and solar energy.

The technical photosynthesis may also be helpful for energy storage and transport. Liquid
fuels have excellent storage, loading and transport capabilities, and appropriate large-scale

storage technologies will be needed in future for the efficient use of renewable energies:

(1) Many renewable energy sources (most notably solar and wind) are subject to natural
fluctuations. These have to be compensated for by storing excess supply peaks, which
increases the efficiency and economic value of renewable energy, and keeps
instantaneous electrical generation and consumption in a better balance.

(2) The economically most practical method of developing alternative energy sources is to
make use of the earth's sunbelt and high-wind zones, but these regions are mostly far
away from consumers. Hence, there is a need for a suitable carrier of energy in order to

transport the energy from the source to suitable markets.

One could also think of using the hydrogen generated by electrolysis directly for storage and
transport of solar-electrical energy. But the energy density of liquid hydrogen is only 0.2
toe/m’ (and even only 0.1 toe/m’ for compressed H, at 700 bar and 25 °C) compared to

diesel oil with 0.8 toe/m’ (toe: tonnes of oil equivalent, 1 toe = 42 GJ). The liquefaction and
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transport of H; is not easy: High safety requirements and a new infrastructure are needed,
e.g. 20% to 30% of the energy content is consumed for liquefaction [43] and 8% for

transport as compressed gas via pipelines (per 1000 km) [44].

For a preliminary basic layout of a TPS plant for the production of liquid fuels from CO, by

solar energy and Fischer Tropsch synthesis (FTS) the following assumptions were made:
Hydrogen production

H, is generated by high temperature solid oxide electrolysis (HTE) at 830 °C. According to
Stoots et al. 124 M]J electrical energy are consumed per kg H, (= 13.8 MJ per kg converted
H,0) [45]. If we use the energy released by the exothermic Fischer Tropsch synthesis for the
production of saturated steam (22 bar, 215 °C) (see below), the energy needed to overheat
the steam (215 — 830 °C) is 1.4 MJ/kg. Hence in total, 137 MJ electrical energy is needed
per kg H, (= 15.2 MJ per kg converted H,O).

Desalination of seawater

If freshwater is not available, seawater has to be desalinated to produce the feed of the
electrolysis. 7 kJ electrical energy is sufficient per kg water, if reverse osmosis is used [46].
This requirement is only 0.04 % of the energy of the subsequent electrolysis. For
comparison: 170 kJ/kg is needed, if multi-stage flash distillation is used [44], which is still

only 0.9% compared to what the electrolysis consumes.
CO; production

CO; has to be separated from flue gases (or on the long run even from air). The inescapable
energy requirement (in J/mol CO,) of concentrating CO, from a gas mixture is given by the
laws of thermodynamics, as we have at least to overcome the difference of the entropy of the

mixture and of the pure compounds (see Fig. 2-9):

—Yco,RT ln()’coz) - (1 - yCOZ) RT ln(l - YCOZ)

Yco,

Epin = T AS = (2.32)
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Fig. 2-9: Inescapable energy requirement of concentrating CO, from flue gases

(11 vol.-% COy) and air (300 ppmv CO) at 25 °C (Eq. (2.32)).

For separation of CO, from flue gases with typically 11 vol-% CO,, the minimum energy
requirement is 7.8 kJ/mol (177 klJ/kg) and for air 22.4 kJ/mol CO, (509 kJ/kg). In the ideal
case, each mol of CO; is finally converted by FTS into one mol of CH,-groups (hydrocar-
bons) with a heating value of 595 kJ/mol = 42500 kJ/kg. Hence, the energy requirement for
CO, separation is 3.8% (air) and 1.3% (flue gases) of the energy content of the liquid fuels
produced by FTS. Of course in reality, much more energy is consumed at the current status
of technology. Here we use a value of 1.2 MJ/kg CO, as given by Gottlicher and Pruschek
[47] for CO, separation from flue gases by chemical absorption. This value is 7 times higher
than the inescapable energy requirement. For CO, separation from air, a value of 3.6 MJ/kg
CO; (=7 Ein) may be taken as a first estimation. In the ideal case of a technical photosyn-
thesis, 3 mol water are converted by electrolysis per mol of CO, (Eq. (2.21) and (2.29)), i.e.
1.23 kg H,O/kg CO,. Hence, for the conversion of 1 kg of CO, 24.5 MJ are needed for
electrolysis of water compared to 1.2 MJ for CO; separation from flue gases and 3.6 MJ

from air.
Reverse water gas shift

H; and CO, are converted to H;O and CO by RWGS at a temperature of about 800 °C. At
the reactor outlet, the thermodynamic equilibrium is reached as proven by respective

experiments with a Ni-catalyst (see section 5.1). The reactor is heated (e.g. electrically). If
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heat losses are neglected, the required energy is 41 kJ/mol CO, (Eq. (2.21)) or 932 kl/kg
CO,.

Fischer Tropsch synthesis

Production of synthetic fuels via FTS has the potential to produce fuels like gasoline and
diesel oil as well as petrochemicals from fossil and renewable sources. In recent years, the
availability of cheap natural gas, coal, and biomass has given momentum to FT technology.
The worldwide FT plant capacities will increase in future, today with natural gas favoured as
feedstock. In 2015, the worldwide annual production of liquid fuels via FT will be around 30

million tonnes, mainly produced in countries like South Africa, Malaysia, and Qatar.

Beside of the main reaction of the FT synthesis (Eq. (2.28)), methanation (Eq. (2.25)) is
often considered as a separate reaction. The third reaction that plays an important role (at

least if iron based catalysts are used) produces unwanted CO, by the WGS reaction:
cCo + HzO 2 COZ + Hz, ARH0298K = —41.2 k]/mol (233)

Two reactor types are currently favoured for FTS, the multi-tubular fixed bed and the slurry
bubble column. FT reactors are usually cooled by boiling water. Saturated steam is produced
and may be used after further heating as feed for the HTE. A typical FT cooling temperature
is 215 °C [48]. The required thermal energy is then 2.7 MJ per kg saturated steam = 48.6
kJ/mol. Hence, 3.1 mol of steam can be generated per mol CO converted by FTS (4AH,0g

= - 152 kJ/mol CO), which is the amount needed for electrolysis.

Typical selectivities (in C-%) of the FTS with Fe-catalysts (30% CO conversion per pass,
i.e. recycle of unconverted syngas has to be installed) are: 18% CO,, 5% methane, 11% C,
to C4, 10% gasoline, 17% diesel and 39% waxes [48-50]. The waxes are further converted
(mainly) to diesel oil by mild hydrocracking at 70 bar and 350 °C [51].

All light hydrocarbons (methane to C4) and also the CO, formed by the water gas shift
reaction in the FTS (Eq. (2.33)) may be recycled to the RWGS unit to be finally converted
by steam reforming (reverse of Eq. (2.25)) or by the RWGS (Eq. (2.21)) to CO and H,,
respectively. In summary we get the following mass balance: For each mol of fresh CO,, we
have to recycle approximately 0.18 mol CO; and 0.18 mol carbon (as C; to Cy4) into the

RWGS reactor. Hence, about 2 times more energy is needed to run the RWGS reactor
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(1.18 x 41 kJ/mol CO, and 0.16 x 206 kJ/mol C as C; to C4 compared to 41 kJ/mol without

recycle).

Based on the above listed assumptions and facts, an estimation of the energy requirements
for the production of liquid fuels from CO, by FTS and solar energy is possible (Table 2-3).
The energy required for the conversion of CO, to CO is calculated by including the
conversion of recycled CO, and C; to C4 hydrocarbons (counted as CHy), both unwanted by-

products of FTS, and RWGS and steam reforming (reverse of Eq. (2.25)), respectively.

Table 2-3: Estimation of energy requirements for the production of liquid fuels from CO,

by FTS and solar energy (conversion of 1 kg CO, to 0.32 kg liquid fuels).

Process/energy output Energy [kJ] Comment/assumption
Separation of 1 %(g CO, 1200 (3600) Value from [4.7],w.hi.ch is7 ti@es the
from flue gas (air) thermodynamic minimum (Fig. 2-9)
C i f CO, to CO
(l:\?\;, érss)lon © 210 2144 Only counting enthalpy of reaction
Desalinati f1.23k

esalination 0 ke 9 Reverse osmosis plant

seawater

13.8 MJ/kg H,O0 electrical energy for
HT-electrolysis of 1.23 kg 18700 electrolysis [45] and 1.4 MJ/kg to
water overheat saturated steam generated in
the FTS (215 — 830 °C)

Heat of reaction is used to generate

FT synthesis i saturated steam (215 °C, 22 bar)
Total required energy 21773 (24173)
P ion of 0.32 kg liqui
roduction of 0.32 kg liquid Heating value of fuel = 42500 kJ/kg
fuels
62%

from fl
(= 13600/21773) 02 from flue gases

Process efficiency
56%

(= 13600/24173) Oz from air
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The process efficiencies are 62% and 56%, respectively, if the CO, is separated from flue
gases or air. These values are comparable to those reported for the production of (non-
renewable) liquid hydrocarbons based on coal (37%) and tar sands (57%) [52]. Table 2-3
shows the overall efficiency for the production of renewable liquid fuels depends critically
on the method and energy requirement for the electrolysis of water and on the method used
for CO, capture. The most important aspect is the restriction of electricity production by

solar energy or other renewable sources. The overall mass balance is shown in Fig. 2-10.

CO; capture from flue gases in the short and medium term (and hopefully in the long term
from air) and subsequent conversion to liquid fuels is an attractive alternative to CO,
sequestration, as the latter option is problematic: The collective leak rate of the geologic
reservoirs must be significantly lower than 1% over a century-to-millennium time scale.
Otherwise, after 50 to 100 years of sequestration, the yearly emissions will be comparable to
the emission levels that were supposed to be mitigated in the first place [53]. Secondly, a
significant fraction of the existing fossil-derived power plants are too remote from the
location of suitable geologic reservoirs. And thirdly, the available space is too small. For
example, the US Department of Energy is doing work on sequestration with the goal of

15 Gt CO; storage by 2050, which is still small compared to the CO, emissions of 6 Gt/a [53].

Gasoline &
co, m diesel oil
TPS
Energy _ Oxygen
25 MW Ef'fimency
(28 MW) factor:
Nen =62 % FT water
(= 56 %)
Water RWGS water

Fig. 2-10: Mass and energy balance of process for production of liquid fuels from CO, by
FTS and solar energy (or other renewables). Values of efficiency (77.,) and
energy input represent case of CO, separation from flue gases and in brackets

case of CO, separation from air.
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In a joint cooperation of the Chair of Chemical Engineering of the University Bayreuth and
the SunFire GmbH (Bremen), the process steps of the reverse water gas shift and of the FT
synthesis under the specific conditions of the process to turn carbon dioxide to liquid fuels

are studied.

SunFire GmbH is aiming to commercialize a FT process for liquid fuels from CO; and H,O,
and is developing this technology together with scientific and industrial partners. The main
focus lies on the development of industrial steam-electrolysers (together with staxera GmbH
(Dresden) and EIFER (Karlsruhe)). The long term goal for the energetic efficiency including

CO, from ambient air (in cooperation with Climeworks GmbH, Ziirich) is > 65%.

In this work, the CO, hydrogenation (and not FTS) is studied at high temperatures and
atmospheric pressure, where reverse water gas shift is favoured thermodynamically and
produces CO as the most valuable product. A Ni catalyst manufactured by Siid-Chemie was
used in this work. Thermodynamic aspects and the current knowledge of the kinetics of the

CO; conversion and methanation are subsequently discussed.

2.4 Thermodynamics of CO, conversion (reverse water gas shift

and methanation)

CO, is a highly stable molecule and therefore its chemical transformation requires
significant amount of input energy (high temperature), effective reaction conditions, and
very active catalysts [54]. Chemical reactions for conversion of CO, involve positive change
in enthalpy, and thus they are endothermic. For example, CO, reforming of methane
requires about 20% more energy input compared to steam reforming of methane [54].
Chemical reactions are driven by the difference in Gibbs free energy between the products

and reactants as given by the equation below.

ARG® = AH® — T AS° (2.34)

Where AzGY is the change in Gibbs free energy (at 1 bar), AH° is the change in enthalpy, T
is the absolute temperature in K, and A4S° is the change in entropy. The Gibbs free energy of
formation for CO, and related compounds are shown in Fig. 2-11. From the analysis of
thermodynamic data, it is clearly understood that the energy requirement for only CO, as a

single reactant is more than the CO, used as a co-reactant with other compounds. In other

27



Basic theory and background of the work

words, thermodynamically it becomes more feasible if CO, (Gibbs free energy of -394
kJ/mol) is used as a co-reactant with other reactants which has higher Gibbs free energy

(less negative), such as CHy (—51kJ/mol), carbon (0 kJ /mol), and H; (0 kJ /mol).
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Fig. 2-11: Gibbs free energy of formation for CO; and related compounds [54].

As mentioned before, the reverse water gas shift reaction is an endothermic reaction which
is thermodynamically favourable at high temperatures. The equilibrium constant K, is
defined in terms of the equilibrium partial pressures or concentrations of the reactants and

products is given as:
K = <Pco PH20> _ (Cco CH20> — exp [_ ARGO] (2.35)
b Pco, Py, eq Cco, Ch, eq RT ’

The equilibrium conversion of CO, may be calculated from the equilibrium constant K, as a

function of temperature. For the case where equimolar feed of CO, and H, are fed to the

reactor (i.e. ycoz = Y2 and yco = ymo = 0), the equilibrium conversion is given as:
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K
Xcoyeq = % (2.36)
4

The Gibbs free energy of CO, hydrogenation reaction as a function of temperature is given

as [55]:

. 1774
ARG® = 32.197 — 0.03104 T(K) + kJ /mol (2.37)

T(KS '

The Gibbs free energy and equilibrium constant can be calculated by using computer

program. The expression for equilibrium constant K, as a function of temperature for

RWGS reaction is given by Twigg [56] as

1

P [exp(—0.29353 Z3 + 0.63508 Z2 + 4.1778 Z + 0.31688) (239
ey [1000
whnere 4 = T(K)

The Gibbs free energy and equilibrium constant of CO, hydrogenation reaction as a function

of temperature is shown in Fig. 2-12 and Fig. 2-13, respectively.
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Fig. 2-12: Thermodynamic equilibrium of CO, hydrogenation described by the Gibbs free

energy change as a function of temperature, (yco2 = Yu2, Yco = Yo = 0).
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Fig. 2-13: Thermodynamic equilibrium described by the equilibrium constant of reaction as

a function of temperature (yco2 = Y2, Yco = Yo = 0).

Fig. 2-12 shows that the ARxG® changes from positive to negative above 800 °C. Fig. 2-13

shows the equilibrium constant of the reaction which increases with increase in temperature.

In the RWGS reaction, it is impossible to get complete conversion even at a high
temperature of about 1000 °C equilibrium (Fig. 2-14 and Fig. 2-15). So, the equilibrium can
be shifted to the right either by using an excess of H, or by using a gas recycle. The
equilibrium conversion has been calculated for the RWGS reaction without methanation
(Fig. 2-14) and with methanation reaction (Fig. 2-15). The RWGS reaction with methanation
behaves differently than without methanation and the equilibrium CO, conversion decreases
with increasing temperature in the low temperature range where methane formation is
favoured thermodynamically. At high temperature, methanation reaction is totally

suppressed thermodynamically and the normal RWGS reaction proceeds.

30



Basic theory and background of the work

100
- S/
R=6

o R=2

o R=1

3 40
>< ////

O 1 I 1 I I 1
100 300 500 700 900 1100

Temperature [°C]

Fig. 2-14: Thermodynamic equilibrium calculation for CO, conversion in RWGS reaction

without methanation (p = 1 atm, R = H,/CO, ratio).
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Fig. 2-15: Thermodynamic equilibrium calculation for CO, conversion in RWGS reaction

with methanation (p = 1 atm, R = H,/CO; ratio).

As described in section 2.3, liquid fuels can be produced from CO,. At a high temperature,
CO; hydrogenation can only produce CO and H,O as a product. The outlet gas composition

after removal of H,O from syngas containing small amounts of CO, can be further used for
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the production of fuels via Fischer Tropsch synthesis. Exemplarily, the equilibrium
composition of syngas is shown in Fig. 2-16. For temperature above 750 °C, atmospheric
pressure, and H,/CO; inlet ratio of 2, the CO, hydrogenation can give the required ratio of
syngas for the production of fuel. For example, at 800 °C and atmospheric pressure, the
equilibrium composition at the reactor outlet is 57% CO, 28% H,, and 15 vol.-% CO..
Hence, the CO/H, ratio is about 2.

80
0 H,/CO, =2
g’ C02 + H2 - CO2, H2, CO, CH4, Hzo
7 — 60
52
: —
@ .40
g_o
£ (&)
o~
oxX
g & 20 -
£Q
= working area for RWGS
=
S o

100 300 500 700 900 1100

Temperature [°C]
Fig. 2-16: Equilibrium composition of syngas after removal of water over temperature in

CO; hydrogenation reaction with methanation (p = 1 atm, Hy/CO, = 2).

2.5 Kinetics of reverse water gas shift reaction and methanation

Two general mechanisms have been proposed for methanation of CO, over Ni containing
catalysts [33, 57-59]. In the first mechanism of methane formation, initially CO, undergoes
rapid dissociate adsorption with the formation of CO and atomic oxygen on the catalyst
surface and, then, further steps coincide with CO hydrogenation steps, where further
dissociation of CO occurs into intermediate carbon and oxygen. The intermediate carbon
species is then hydrogenated in a chain mechanism to form methane. In this case, CO,
hydrogenation principle would have to become similar as that of CO hydrogenation. The

mechanism proposed for both CO, and CO methanation [58] are shown in Table 2-4.
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Table 2-4: Mechanism for methane formation from CO, and CO [58].

CO, Methanation Mechanism
CO, 2 CO* +0* (1)
H, 2 2H" (2)
CO* 2 CO (3)
Co*2 C*+0* (4)
C*+H* 2 CH* (5)
CH* + H* 2 CH; (6)
CH; + H* 2 CH} (7)
CH; + H* 2 CH} (8)
CH; 2 CH, (9)
0"+ H* 2 OH* (10)
OH* + H* 2 H,0" (11)
H,0* 2 H,0 (12)

The second mechanism involves the pathway that does not require initial transformation of
CO; to CO. Instead, the hydrogenation of CO, to methane occurs directly through the
formation of intermediates (Table 2-5). This explanation was given on the basis of the
difference in specific activity and selectivity with respect to methane formation in CO and
CO; hydrogenation reaction [59]. According to [59], the steps 13 and 14 are fast and step 15

is slow, and the subsequent steps 16 to 23 are fast and irreversible.
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Table 2-5: Mechanism for methane formation without CO formation [59].

CO, Methanation Mechanism
CO, 2 CO; (13)
H, 2 2H" (14)
CO; + H* 2 COOH* (15)
COOH* + H* 2 COH" + OH" (16)
COH* + H* 2 CH* + OH" 17)
CH* + H* 2 CH; (18)
CH3 + H* 2 CH; (19)
CH3 + H* 2 CH; (20)
CH; 2 CH, (21)
OH* + H* 2 H,0" (22)
H,0* 2 H,0 (23)

The direct hydrogenation of CO; to hydrocarbons (Eq. (2.39)) using laser generated iron
carbide catalysts has been recently investigated by Fiato et al. [60]. This reaction is
proposed to proceed via dissociative adsorption of carbon dioxide into CO and oxygen
followed by further hydrogenation of the adsorbed species on the catalyst surface via chain

reaction mechanism.
COZ + 3H2 - (_CHZ _)+ 2H20, AHOZQSK = —110.8 k]/mol (239)

The transformation of CO, and H, depends upon many factors. Several attempts have been
made by several investigators to overcome the limitations of RWGS reaction. Several noble
metals (e.g. Pt, Ru, Pd) and transition metals (e.g. Cu, Ni, Fe, Co) supported on different
metal oxides (e.g. y-Al,O3, CeO,, SiO;) have been explored to carry out RWGS reaction

[30]. The various catalysts investigated as:
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Copper catalyst:

A catalyst with 12 wt.-% Cu loaded on alumina has shown a good activity and excellent
selectivity to CO in CO, hydrogenation [61], where 28% conversion of CO, with 100% CO
selectivity at 350 °C and atmospheric pressure was established. The reaction was carried out
with H,/CO, feed ratio of 4 and at a space velocity of 100 ml/g./min. The exclusive
selectivity to CO was obtained on Cu compare to other catalyst such as Ni, Ru, Rh and Pt on
alumina. These catalysts produce only CH4 while Pd catalysts give both CH4 and CO under

the same reaction condition.

A catalyst with 5 wt.-% Cu supported on alumina (H,/CO, feed ratio of 3, space velocity of
100 ml/gq/min, 220 °C, 3 MPa) produces CO and CH3;0H with the selectivity of about 87%
and 7.5%, respectively [62]. Sometimes, the catalyst support may alter the selectivity of
product. With the same amount of Cu on SiO, the selectivities are about 87% and 13% for
CO and CH30H, respectively while on TiO, the values are 92.5% and 4.3% for CO and
CH;0H, respectively and 2.9% for CHy. Similarly, when 5 wt.-% Cu/SiO; catalyst operated
at 350 °C (pressure of 0.2 bar, gas recycle loop having a Hy/CO; ratio of 4), the selectivity of
CO was about 97% with small amount of CH, (<1.5%), C,H, (<0.5%) and C,Hg (<0.4% )
[63]. The addition of a small amount of Ni to a Cu catalyst enhances the catalytic activity
but also starts CH; formation. When the 5 wt.-% Cu/SiO, operated at 280 °C (6 MPa,
H,/CO, ratio of 3, space velocity of 50 ml/g.,/min), the selectivity of CO decreases and the

methanol selectivity increases to 76% and 24%, respectively [64].

Iron catalyst:

The CO, hydrogenation on Fe catalysts has been studied by Lee and coworkers [35, 65-70]
and Cubeiro et al. [71]. At 400 °C (2 MPa, space velocity of 31.67 ml/g./min), the
Fe/Al,O3 catalyst gives about 49% conversion of CO; and 12.4% and 87.6% of selectivity
towards CO and hydrocarbons, respectively [35]. The addition of potassium to Fe
remarkably increases the catalyst activity and selectivity towards C,,—hydrocarbons. Under
the same reaction condition with K/Fe molar ratio of 0.5, CO, hydrogenation activity
increased to about 70% while selectivity changes to about 4% and 96% for CO and
hydrocarbons, respectively. Further increase in molar ratio of K/Fe to 1 showed a small
decrease in activity and hydrocarbon selectivity while the selectivity to CO slightly

increased. The addition of alumina itself acts as a promoter when the Fe-Cu-K/Al,O3
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catalyst was prepared by the co-precipitation method [65]. The long term stability test on
Fe-K/Al,0O3 catalyst showed a significant decrease in CO, conversion and selectivity to
hydrocarbons [66], where the deactivation was attributed mainly due to the carbonaceous
deposition on the catalyst surface. A similar behaviour was obtained with a Fe-Cu-K/Al,03
catalyst, where the catalyst deactivation was caused by the growth of crystallites and the
resulting decrease in dispersion of catalyst components (promoters) [67].

To improve the strength of catalysts, binders are sometimes added. At high temperatures,
binders are not chemically inert. The addition of an alumina binder to a Fe-K/Al,O; catalyst
showed excellent activity and selectivity towards higher hydrocarbons (Cs,) while activity
and selectivity dramatically decreased with silica binder. The reason for this influence on
the activity and selectivity was the change in acidity of catalyst, structure and metal-support
interaction [68]. The strong metal-support interaction between Fe-K/B-Al,0O; makes the
catalyst more active and selective towards long chain hydrocarbons and light olefins [69]. A
study on Fe/Al,O3 catalyst preparation methods such as impregnation, precipitation, and
physical mixing and catalyst characterization was performed by Cubeiro et al. [71]. The

effect of K promoter in both CO, and CO hydrogenation was also investigated.
Gold catalyst:

Gold catalysts supported on various metal oxides such as ZnO, Fe,;0s, CeO,, TiO,, ZrO,
La(OH); NiO, and Co304 were used by Sakurai et al. [72] for CO, hydrogenation. All the
catalysts tested for CO, hydrogenation were treated at 150 to 400 °C (8 MPa, H,/CO; ratio
of 3, space velocity of 50 ml/g.,/min). Among all the catalysts, Au supported on TiO,,
Fe,0s3, and ZnO were the most active catalysts for the reverse water gas shift reaction, where
the equilibrium conversion of CO, was obtained at 400 °C. But even at lower temperatures
between 150 and 200 °C, Au/TiO, gives equilibrium yield of CO. However, in the
temperature range of 150 to 200 °C, Au/Fe,Os; and Au/ZnO catalysts produce much
methanol. The activity of the catalyst and the selectivity greatly differ depending upon the
reaction pressure and nature of oxide support [73], i.e. when the pressure was decreased
from 5 to 0.1 MPa, the CO selectivity increased from 86% to 99% on Au/TiO, catalyst
(250 °C).
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Cobalt catalyst:

The CO; hydrogenation was also studied over Co Fischer Tropsch catalyst [74, 75]. The
Co/Si0; catalyst at 210 °C (2.4 MPa, H,/CO, ratio of 4, space velocity of 83.3 ml/g.,/min)
showed deactivation over time and also produces more than 70% of methane [74]. The
comparative CO, hydrogenation on Fe, Co, and Ni catalyst using Al,O3 as structural support
showed highest activity over Co/Al,O3 catalyst. The selectivity order for CO was Fe/Al,O3
> Co/Al,O3 > Ni/Al,O5 [76].

Nickel catalyst:

Currently, Ni is one of the most studied catalysts for CO, hydrogenation reaction because of
its high activity and comparatively low cost. At low temperatures, the CO, hydrogenation
over Ni catalyst principally produces CH,4 as a main product [58, 77-80]. A kinetic study of
CO, hydrogenation over Ni/SiO, catalyst showed that the activation energy shifts from 89 to
39 kJ/mol as temperature is increased from 227 to 327 °C [58]. The preparation method is
also important. The specific activity of Ni/Al,O5; coprecipitated catalyst decreases as the
metal loading increases whereas the activity increases with metal loading for an impregnated
catalyst [77]. The specific activity (related to Ni only) increases with metal loading up to
30% and then it decreases for Ni/ZrO, catalyst prepared by an ultrasound assisted method
[78]. During the reaction, transformation of zirconium to zirconium dioxide and the
crystallization of metallic Ni particles occurs [80]. At a high Ni content, nickel exists as a
bulk NiO and correspondingly produces more methane [81]. The Ni catalyst prepared by
coprecipitation method with a loading from 0 to 20% on CeO, showed that the 2 wt.-% Ni-
CeO, exhibits excellent catalytic activity, selectivity, and stability for the reverse water gas
shift reaction [81]. At 600 °C and atmospheric pressure with H,/CO; ratio of 1 and a quite
high space velocity of 2 1/g¢,/min, CO, conversion obtained over 2 wt.-% Ni/CeO, catalyst
was about 35% with 100% CO selectivity. The other RWGS reaction catalyst (10 wt.-%
NiO/ZnO) showed an even higher activity (CO, conversion of 38%, which is very near to

equilibrium conversion of 40%) and a selectivity towards CO of about 98% [82].
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3. Objective and scope of the work

As mentioned in the previous chapter, the consumption of fossil fuels and the release of CO,
into the atmosphere is continuously growing. Every year billion tons of anthropogenic
carbon dioxide are released into the atmosphere. The ability to separate CO, from flue gases
and to store a several billion tons of CO, emitted per year is questionable as are the
environmental consequences. Therefore the conversion of CO, to useful chemicals and fuels

is an attractive option for CO, mitigation.

A possible avenue for sustainable development is the catalytic conversion of CO, to liquid
fuels by Fischer Tropsch synthesis and solar or wind energy. The reverse water gas shift
reaction (RWGS) is the first step, and the produced CO further converted to liquid fuels by
Fischer Tropsch synthesis. The transformation of CO, and H, depends upon several factors
such as catalyst selection, ratio of CO,/H,, and reaction temperature and pressure. Therefore,
the main focus of this work was to use a suitable catalyst and to determine the optimal

reaction conditions for CO, hydrogenation in a fixed bed reactor.

The experiments were designed such that the RWGS reaction could be examined in both the
forward and reverse direction. In addition to these experiments, the consecutive reaction of
CO to methane was also considered. The studies for all three reactions were performed using

a commercial Ni catalyst in a lab scale fixed bed reactor.

Since transport processes (external boundary layer diffusion and pore diffusion) may have

strong influence, this aspect was also considered.

The most available studies of catalytic hydrogenation of CO, were performed at low
temperatures where methane is the main product. Therefore, in this work CO, hydrogenation
is studied at high temperatures where the reverse water gas shift reaction is favoured
thermodynamically and produces CO and H,O as main products. For the basic investigation
of catalytic activity, pure alumina and some alumina supported Cr, Zn-Cu, and Ni catalysts
were used. After comparing the activity of all these catalysts, the commercial Ni catalyst
supplied by Siid-Chemie (spherical pellet, d, = 5 to 7 mm) was chosen for a detailed kinetic

study.
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The parameters that influence the reaction rate such as temperature, reactant concentration,
residence time, and particle size of the catalyst were studied in a lab scale fixed bed quartz
reactor. To determine the kinetic, the experiments were conducted at conditions sufficiently
far away from equilibrium. Not only the RWGS reaction, but also CO hydrogenation
(methanation) (CO + 3H, — CH4 + H,0) and WGS reaction (CO + H,O — CO, + H,) were

studied in detail.

Finally, a one dimensional adiabatic and isothermal fixed bed reactor model was developed
at technical conditions (high temperature) over Ni/Al;;019 as well as Al,Oj3 catalyst system
to simulate the performance of hydrogenation of CO, to CO for the production of liquid
fuels via Fischer Tropsch synthesis. The axial profiles of reactor performance (temperature

and conversion) were simulated along the catalytic fixed bed.
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4. Experimental method and data analysis

In the following, the experimental setup and the procedure used in CO, hydrogenation, CO
hydrogenation to methane as well as water gas shift reaction, and its corresponding

calculation methods are introduced.

4.1 Experimental setup

The experimental set-up with reactor apparatus constructed for this study is shown in Fig. 4-1.
It mainly consists of a quartz reactor, mass flow controllers, a heating furnace and a

temperature control system, a water saturator, a cooling system, and an online gas analyser.
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Fig. 4-1: Experimental set-up used for CO, hydrogenation, CO hydrogenation and water gas

shift reaction.

A photograph and a schematic diagram of the bench-scale fixed bed reactor (2 cm inner

diameter and 45 cm length) used for the experimental studies is shown in Fig. 4-2. In the
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main system, a reactor bypass was introduced to allow the sampling of inlet feed gas
conditions without catalyst interference. The gas flow lines (stainless steel tubing) from the
reactor outlet to the cooled condenser were wrapped first with a conventional heating wire
and then with insulating tape to prevent heat dissipation and maintain the better line
temperatures. K type thermocouples were installed at a particular distance throughout the
lines by weaving the probe between the heating wires and insulating tape to measure the line
temperatures. A tube furnace with electric heating and temperature control system
(Carbonite-210; upper temperature limit 1100 °C) was used to establish and maintain the
catalyst bed temperature in the reactor. The axial temperature profile along the catalyst bed
was measured with a moveable thermocouple inserted into the radial center of the catalyst

bed through the top of the reactor (Fig. 4-2).
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Fig. 4-2: Photograph and schematic representation of tubular fixed bed quartz reactor.

The required gases (hydrogen, carbon dioxide/carbon monoxide, and nitrogen) were
delivered from commercial cylinders and the desired flow rates were adjusted by using mass
flow controllers (MFC, Brooks Co.). For the collection of water produced in the reaction, a

gas/liquid separator and a conventional condenser surrounded by an ice bed were used. The
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analyses of the products were done using online gas analyser (Rosemount analytical Inc.).
H, was analysed by a FID detector and the other gases (CO. CO,, CHy4) by IR detectors. The

data acquisition system was implemented to collect the data obtained from the gas analyser.

For the water gas shift reaction experiments, a water saturator was implemented in the same
experimental setup used for CO, and CO hydrogenation (see Fig. 4-1). The steam required
was produced in the saturator and flows to the reactor by passing the carrier gas (nitrogen)
through the saturator. The temperature of the water saturator was controlled by using an oil
thermostat. The line temperature between saturator and reactor inlet was adjusted to 130 °C

to avoid steam condensation in the line and was controlled by using a temperature controller.

4.2 Experimental procedure

Before starting the reaction, all mass flow controllers were calibrated in the range of flow
necessary for the desired feed conditions. Actual flow rates were measured with gas
bubblers and compared to the MFC’s readout values for each gas. Their respective values
were adjusted to match the actual flow rate. The online gas analyser calibrations were
performed using a constant flow rate of 30 I/h. The calibration was done with inert gas (N»)
and then with a known gas mixture of all necessary compounds (CO, CO,, CHy4, and H,).
This calibration was then compared with individual gas phase species comprised of different

concentrations balanced with inert nitrogen.

The experiments for the catalytic hydrogenation of CO, and CO were performed at
atmospheric pressure in a continuous flow apparatus equipped with a tubular down-flow
fixed bed quartz reactor. The reactor tube was filled with 1.2 g NiO/Al;;0;9 catalyst
(spherical particles with 5 to 7 mm diameter) which is fixed at the centre of the reactor using
a quartz frit where the maximum temperature was measured (Fig. 4-3). Then the catalyst
was reduced by increasing the temperature (10 °C/min) under a continuous flow of 10 I/h
gas (50 % H, diluted with N,). After reduction, the reactor was adjusted to the desired
reaction temperature under the same gas flow. Once the temperature became stabilized, the
reacting gas flow rates were adjusted using mass flow controllers and send through the
reactor bypass system with reactor system closed off and sampled for inlet conditions. The
bypass was then closed forcing the gas flow into the reaction system. The feed stream

passed to the fixed bed reactor through the diffuser section (2.7 cm inner diameter and 7 cm
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length) which ensure proper mixing of the feed gases. Reaction temperature was controlled
using an electric heater and a temperature control system. The temperatures at the heater
surface as well as in the reactor bulk (along the catalyst bed) were measured by K-type
thermocouples. Due to the small bed height, no temperature gradient exists along the length
of the catalyst bed used. The transfer line temperature between reactor outlet and cooling

trap was maintained at 150 °C to avoid water condensation in the line.
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Fig. 4-3: Axial temperature profiles in the tubular empty quartz reactor.
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All the exit compounds (unconverted reactant and products) were passed through the
gas/liquid separator and the conventional condenser surrounded by an ice bath where water
formed was collected in the condenser prior to further composition analysis. The dry gas
was then sent to the online gas analyser through a cellulosic filter where fine particles of the
catalyst (although never detected) would be removed. By using the gas pump, only 30 I/h of
gas is passed to the analyser and the remaining amount is delivered to the exhaust using a
bypass. In the online gas analysers, H, was analysed by a FID detector and other gases by IR
detectors. Data obtained from the gas analysers were collected by the data acquisition
system on a computer for every 5 seconds. The conversion of respected compounds (CO,,
CO) and the yield of products were calculated using the data collected on computer. This

data were then used to validate the kinetic models.
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The experiments of the water gas shift reaction were also performed in the same tubular
continuous down-flow fixed bed quartz reactor at atmospheric pressure. As mentioned
above, the required gas flow rates were controlled by using MFC’s while the steam flowrate
was calculated and adjusted manually. For a given saturator temperature 7, a constant

pressure P and a flow rate of nitrogen passing through the saturator VNZ, the volume rate of
steam at the outlet of the saturator (VHZO) is calculated as
Vn,

Ptotal _ 1]
PH,0

Vo0 = (4.1)
where py,o and Pyytq; 1s the vapour pressure of water and the total pressure of gas flowing

through the saturator, respectively.

The vapour pressure of water at the outlet of saturator (in mm Hg, 760 mm Hg = 1.1013 bar)

can be calculated by using the Antoine equation:

B

- 4.2
C+T 2

log1o Pu,0o = A

A, B and C are constants (A = 8.07131, B = 1730.63, C = 233.426) and T is the saturator

temperature in °C.

4.3 Catalyst characterisation

The Ni catalyst used in this work was purchased from Siid-Chemie (Germany). The catalyst
of spherical size has particle diameters of 5 to 7 mm and a shell thickness of the active
material (N1) on the outer surface of about 0.5 mm (Fig. 4-4). The physical properties of the
fresh Ni catalyst are given in Table 4-1. The properties of all other catalysts used in this

work are given in appendix B.3.
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Fig. 4-4: Geometrical shape and shell balance of Ni catalyst.

Table 4-1: Characteristic data of the fresh commercial Ni catalyst.

Catalyst name G.90-B (commercial catalyst)
Manufacturer Siid-Chemie Catalysts
Composition NiO(11% Ni)/Al,O019

Ca0O, Na,0, K0, SiO, (traces)

Geometry (sphere) 5 —7 mm (diameter)
Catalyst density 1910 kg/m3

Catalyst bulk density 1200 kg/m’
BET-surface area Aggr 3 m?/g

Pore volume 0.17 cm3/g

Porosity of particle (¢,) 0.33

Average pore diameter 230 nm

Temperature Programmed Reduction (TPR): A TPR experiment was performed by using
CHEMBET-3000 to determine the number of reducible species present in the catalyst and
reveals the temperature at which the reduction of catalyst occurs. TPR analysis begins by
flowing the analysis gas (10% hydrogen in argon) over the sample at ambient temperature.

While the gas is flowing, the temperature of the sample increased at the rate of 10 °C/min.
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Catalyst surface area: The specific surface area of catalyst was measured by nitrogen

adsorption using the Brunauer Emmett Teller (BET) method.

X-ray diffraction (XRD): For the identification of crystalline phases and determination of
average crystallite size, the powder X-ray diffraction were collected at room temperature on
Phillips X-pert diffractometer from Department of Materials Processing, University
Bayreuth (Prof. M. Willert-Porada) using Ni filter and Cu-Ka radiation with wavelength
A =1.5418 A°. The intensity of the signal was measured by step scanning over 20 = 15 — 65°.

4.4 Evaluation of the experimental data

4.4.1 CO; hydrogenation reaction

The CO; hydrogenation reaction studied in the temperature range of 300 to 900 °C shows
some undesired product formations which may be due to consecutive reactions and/or
undesired back reactions. Depending upon the catalyst used and the reaction conditions

applied in this study, the reaction scheme proposed for CO, hydrogenation is shown in Fig. 4-5.

CO,

CH, < co
Eq. 1and2: CO,+ H, 2 CO + H,0

Eq. 3: €O, + 4H, » CH, + 2H,0
Eq. 4: CO + 3H, - CH, + H,0

Fig. 4-5: Reaction scheme proposed for CO, hydrogenation on Ni catalysts.

4.4.1.1 Conversion of CO; and yield of CO and CH,4

The small amount of the catalyst in the reactor results in a small fixed bed height. Therefore,
no temperature gradient exists along the length of fixed bed. The conversion of CO, and the
yields of CO and CH4 at isothermal conditions are calculated depending upon the outlet

carbon percentage values obtained by the gas analysis. As the carbon monoxide and
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methane are the only detectable products of CO, hydrogenation reaction, CO, conversion is

calculated as:

(CO)out + (CH4) our
CO, conversion (X, % = x 100 4.3)
2 (Xe0:)% = C0) pur & (CH our + (€O

Similarly, the yield of CO and CH4 can be calculated (no CO and CHy in the feed) as:

co
CO yield (Ye0)% = (CO)out X 100 (4.4)
(CO)out + (CH4—)O‘UI + (COZ)out

CH
CH,yield (Yeu, )% = (CH4)ous x 100 (4.5)
(CO)O‘ut + (CH4)0ut + (COZ)out

4.4.1.2 Determination of the intrinsic Kinetic parameters

The intrinsic kinetic experiments were carried out in a quartz glass fixed bed reactor with an
inner diameter of 2 cm, filled with 1.2 g catalyst of 5 to 7 mm diameter. The isothermal
experiments were carried out at atmospheric pressure. The inlet feed passed through the
reactor (Ho,/CO, = 6) was diluted with 23 vol.-% of nitrogen. The experiments were

performed until constant conversion of CO, was obtained.

For the bimolecular CO, hydrogenation reaction (CO, + H, — CO + H,0), the intrinsic

reaction rate over solid catalyst is calculated as:
Tm,co, = km,co, Cco, CH, (4.6)
For the reaction order n # 1, the reaction rate constant k,, ¢co, iS given as:

(1-Xco,) ™" -1

k =
mC02 T (n—1) 1, colem

4.7)

This calculated kp, co,in Eq. (4.7) may not be the intrinsic rate constant, which can be

confirmed by calculating the effectiveness factor.
The modified residence time T,, as a function of mass of catalyst and volume flow rate at
reaction temperature and total pressure of gas is given as:

Megt

T =5 (4.8)
" 4 (Tr Ptotal)
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The activation energy E4 and frequency factor k,, can be calculated from the Arrhenius

equation:

Eg
km,COz = km,o e RT (4.9)

4.4.1.3 Internal mass transport calculations

As mentioned in chapter 2, the pore diffusion limitations may occur, and the measured
kinetics may not be the intrinsic but the effective one. The effective rate of chemical reaction

is calculated with the help of the effectiveness factor 7 is given as:
Ymeffr =N Tm (4.10)
The effectiveness factor # for n™ order irreversible reaction is given by:

_ Tmesr tanh¢
Tm ¢

(4.11)

The Thiele modulus for the catalyst with homogeneous distribution and for n" order,

irreversible, bi-molecular CO, hydrogenation reaction is given as

(4.12)

[‘I’l + 11km Pp Cgozl CI7-I7;
Dco,err

where the characteristic length L, is the ratio of the volume of the particle to the external

surface of the particle (for spherical particle L, = 1,,/3). For a shell catalyst the modified

Thiele modulus (¢!) is given as [83]

| 1
[n + 11km Pp Cco, Ch, @.13)
Dco,efs

whereas the characteristic length (L,) for a shell catalyst is given as

3
L=l1-[1-Z|lk (4.14)
p 7 3 ’

where 1, is the radius of particle and ¢, is the shell thickness of active material. The effective

diffusivity of CO, in a porous catalyst is given as:
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&p 1 1 1!
2 + (4.15)
Tp DCOZ,mol DCOZ,knu

i —
DCOZ,eff - T DCOZ,pore -
14

In the present study, mass transport in the pores depends both on molecular diffusion and
Knudsen diffusion. The molecular diffusion coefficients of CO, in the gas mixture were
calculated by a computer database program while Knudsen diffusion coefficients were

calculated by using Eq. (4.16) as

d 8RT
Doy enu = —5— /n T (4.16)
2

where dy,, is the pore diameter, R is the gas constant, T is the temperature, and M, the

molecular weight of CO,. The tortuosity factor depends upon nature of interconnecting paths
which is influenced by the connectivity, shapes, and specific limiting constrictions. In this
work, a typical value for 7, of 1.6 was assumed for Ni catalyst. The calculation of the

modified Thiele modulus for the shell catalyst needs the modified reaction rate
constant (k,ln), which is given for a spherical catalyst particle of radius 7, and shell

thickness t; as:
| Y
kK== k,~2Lk, (4.17)
Vs

The factor V,/V; is the ratio of volume of the particle to the volume of the shell:

3\ -1
E— 1— 1_t_5 (4.13)
Vi Tp .

For the Ni catalyst used in this work V,/V; is about 2.4.

By Eq. (4.17) and Eq. (4.13), k,ln can be calculated as

t. )
k}n=[1—l1——sl} K (4.19)

™p

Insertion of the characteristic length (L,,) from Eq. (4.14) and of the modified rate constant

(kln) from Eq. (4.19) into Eq. (4.13), yields the modified Thiele modulus for a shell catalyst

having active material only in the shell:
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310.5 )
ol = 1_[1_t_Sl » ["+1] km pp Ceo, City (4.20)
rp 3 2 DCOZ,eff

For the case of t; = 15, Eq. (4.19) leads to the same equation that is used for the calculation
of the Thiele modulus for a catalyst with a homogeneous distribution of the active

component (Eq. (4.12)).

4.4.1.4 Calculation of external mass transport limitations

The effective reaction rate due to external mass transfer is calculated as

Tm,coyeff = B Am,ext(CCOZ - CCOZ,s) 4.21)

The external mass transfer coefficient f (m/s) depends upon the particle size and geometry,
molecular diffusion coefficient of gas (D¢o, mot), and the hydrodynamic conditions such as
velocity and viscosity of the fluid. # as a function of the dimensionless Sherwood number

(Sh) for the mass transfer can be calculated as

Sh D
— CO,,mol (4.22)
dp
The external surface area A,, ., (m*/kg) for spherical particle is
6
Amext = dp R (4.23)

where d, and p, are the particle diameter and density of particle, respectively. When gas

flows through a catalyst fixed bed, the Sherwood number is given as

Sh=[1+15(1—e,)] Sh, (4.24)

where ¢, is the bed porosity. The particle Sherwood number (S4p) for gas flow around the
particle and for laminar flow, correlated to the Schmidt number (S¢) and the Reynolds

number (Re) is given as [20]:
Sh, = 2+ 0.69 VRe ¥Sc (4.25)

The Reynolds number (Re) depends upon the interstitial velocity u# (m/s), the kinematic

viscosity of gas V(mZ/s), and the particle diameter d,, (m):
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u dp
Re = T (4.26)

Similarly, Schmidt number (S¢) depending upon the kinematic viscosity v (m?%/s) and the

molecular diffusion coefficient of gas D¢, moi (m?%/s) as:

v
Sc =

=5 4.27
DCOZ,mol ( )

Now the effective reaction rate due to the combined influence of internal and external mass

transfer resistances is given in approximation (for an almost irreversible reaction) by

-1

1 1
r = +
mers n km C(,r‘loz CI_rIr; :8 Am,ex CCOZ

(4.28)

4.4.2 CO hydrogenation (methanation) reaction

4.4.2.1 Conversion of CO and yield of CO, and CH,4

Similar to CO; hydrogenation, the conversion of CO and the yield of CO, and CH4 at given
reaction condition is calculated depending upon the outlet carbon percentage values obtained
over the analyser. As the methane and carbon dioxide are the main products of CO

hydrogenation reactions, the CO conversion is calculated as:

co + (CH
CO conversion (X¢0)% = (€02)oue + (CH ) ous x 100 (4.29)

(CO)O‘U.t + (CH4)O‘U.t + (COZ)out

and the yield of CO, and CH,4 in CO hydrogenation is calculated as:

CO, yield (Yeo,)% = (€02)out x 100 (4.30)
’ €0z (CO)out + (CHa)out + (CO2)oue
CH
CH, yield (Yey, )% = (CHY out X 100 4.31)

(CO)out + (CHa) oue + (CO2)our

4.4.2.2 Kinetic analysis and mass transport calculations

The calculations with regard to the intrinsic kinetics and internal and external mass transfer
limitations for CO hydrogenation were performed by using the equations applied for CO,

hydrogenation (see section 4.4.1).
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4.4.3 Water gas shift (WGS) reaction

4.4.3.1 Conversion of CO and yield of CO; and CH4

The conversion of CO and the yield of CO, and CH4 in water gas shift reaction were

calculated by using the same equations as for the CO hydrogenation (Eq. (4.29) to (4.31)).

4.4.3.2 Kinetic analysis and mass transport calculations

The kinetic analysis of the WGS reaction was also done by using the equations of CO,

hydrogenation reaction (see section 4.4.1).
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5. Results and discussion

As already mentioned in Chapter 4, this work is divided into four parts. In the first part
(Chapter 5.1), experimental results are discussed for CO;, hydrogenation studied by using a
fixed bed reactor. This part mainly includes the reaction parameter study, the intrinsic
kinetics of CO; hydrogenation, and the influence of pore diffusion and film diffusion on the
effective reaction rate of CO;, hydrogenation. The second part (Chapter 5.2) consists of a
similar parametric study for CO hydrogenation (methanation reaction). Similar to the first
and second part, the third part (Chapter 5.3) includes the parameter study of water gas shift
reaction (as the reverse reaction of CO; hydrogenation), again the intrinsic kinetics as well
as the influence of pore diffusion and film diffusion. The fourth and last part (Chapter 5.4)

includes the fixed bed reactor modelling for CO, hydrogenation at technical conditions.

5.1 CO; hydrogenation (RWGS)

The studies on CO; hydrogenation (CO; + H; — CO + H,0) were carried out in a fixed bed
quartz reactor over a wide temperature range (300 — 900 °C) and at atmospheric pressure.
The commercial Ni catalyst was used. For comparison, y-Al,O3 was also tested to

investigate the catalytic activity of the support only.
5.1.1 Effect of reduction temperature on CO; hydrogenation (RWGS)

The commercial NiO/Al;1,0;9 (G-90.B) catalyst was reduced at two different temperatures
(500 and 800 °C) to examine the effect of the reduction temperature on the catalyst
performance and the yield of products. Fig. 5-1 shows the conversion of CO; and the yield
of CO and CHy obtained over the catalyst reduced at 500 and 800 °C. A strong dependence
of activity and product yield on the reduction temperature was observed. On the Ni catalyst
reduced at a low temperature of 500 °C for 15 h, methane was formed almost exclusively
along with CO in the low reaction temperature range (below 600 °C), while on the catalyst
samples reduced at high temperature of about 800 °C for 3 h, the methane formation
strongly decreased in the same range of reaction temperature. The overall conversion of CO,
obtained at any reaction temperature is high for the catalyst reduced at 500 °C compared to
800 °C. This could be due to the deactivation of the active species (particularly methane

forming species) at high reduction temperatures.
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Fig. 5-1: CO,; conversion and CO and CHy yield versus temperature; open symbol: catalyst
reduced at 800 °C for 3 h; closed symbol: catalyst reduced at 500 °C for 15 h
(p =1 atm, m¢, = 1.2 g, catalyst = Ni/Al;2Oy9, dy = 6 mm, yp» = 66 vol.-%,
ycoz = 11 vol.-%, rest Ny, gas flow rate = 138 I/h (NTP)).

Over the reduced catalyst both at 500 °C and 800 °C, methanation reaction occurs (most
favoured thermodynamically at low temperature) along with the reverse water gas shift
(RWGS) reaction. The yield of CO increases continuously with increase in temperature but
not the conversion of CO,. This is a clear indication of direct methane formation via CO,
hydrogenation (Sabatier reaction) without intermediate CO formation. The overall CHy4
formation observed could be due to both CO, and CO hydrogenation but it is quite difficult

to quantify because both reactions occur simultaneously.

Fig. 5-2 shows the XRD pattern of the Ni/Al;,0,9 catalyst (11 wt.-% Ni). The diffractogram
(A) for the fresh Ni catalyst shows strong NiO lines at 20 values of 37.3, 43.3, and 62.9
confirming the presence of free nickel oxide [84]. For both the reduced and used catalyst no
free nickel oxide lines were observed. On the diffractogram (B) for the reduced catalyst, the
lines were observed for nickel crystallites at 44.5 and 51.8 while for the used catalyst (C) a
line was observed at 44.5. From the diffractogram (B) it is clear that the catalysts get
completely reduced even at low temperature of 500 °C. On the diffractogram (C) for the
used catalyst, the free NiO lines were not observed which means that no oxidation of Ni

happens by the water formed during the reaction at 500 °C.
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Fig. 5-2: XRD patterns for fresh NiO/Al;,0;9 (A), reduced catalyst at 500 °C (B), and used

catalyst at 500 °C (C).

To determine the exact temperature needed for the reduction of the Ni catalyst and the
number of reducible species present in the catalyst, a TPR experiment was performed by

using CHEMBET-3000. TPR analysis begins by passing the analysis gas (10% hydrogen in
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argon) over the sample at ambient temperature. While the gas is flowing, the temperature of
the sample was increased to 900 °C at a rate of 10 °C/min. The reduction profile of
NiO/Al;,0 catalyst is shown in Fig. 5-3. There was only one peak obtained at 490 °C for
bulk NiO and no other peak was obtained even at high temperatures. So, a temperature of

500 °C can be regarded as sufficient for the complete reduction of the NiO/Al,0,9 catalyst.

H, consumption [arbitrary unit]

0 200 400 600 800 1000
Temperature [°C]

Fig. 5-3: TPR profile for NiO (11wt.-% Ni)/Al;,09 catalyst.

5.1.2 Reproducibility of CO; hydrogenation

The Ni catalyst used in the first cycle over the temperature range of 300 to 800 °C in CO,
hydrogenation was reused for testing the reproducibility of the result. After the use of the
catalyst at 800 °C in a first cycle, the catalyst was cooled to 300 °C with a small flow rate of
N, and then a second cycle was performed by increasing the temperature. Under the same
reaction condition as used in the first cycle, it was observed that the yield of both methane
and CO dropped down (especially CHy) in the low temperature range (Fig. 5-4). So it is
reconfirmed that the methane formation species deactivates at high temperature. But at high
temperatures of about 800 °C practically no difference in the catalyst performance was
obtained. This could be due to the high temperature stability of the catalyst for CO

formation.
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The same procedure was repeated in a third and fourth cycle, but no more deactivation of the

Ni catalyst was observed and nearly the same yields of CO and methane (within the

experimental error) were obtained (Fig. 5-4).
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Fig. 5-4: CO,; conversion and CO and CHy yield versus temperature for four repeated cycles

(p=1atm, m¢,=1.2 g, dy = 6 mm, yp» = 66 vol.-%, ycoz» = 11 vol.-%, rest N,, gas

flow rate = 138 1/h (NTP)).
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5.1.3 Effect of residence time at varying temperature (RWGS and consecutive

methanation)

To determine the effect of the residence time on the catalyst performance in terms of
conversion and yield of products over the temperature, the previously long time on stream
studied catalyst was used. The study was carried out using two different gas flow rates of 48
I/h and 138 1/h at NTP, which is equivalent to residence times (empty tube, 600 °C) of 25.6 ms
and 8.9 ms, respectively (Fig. 5-5).

100 -
= N
~ _aa=-
N -
X = -
o Equilibrium conversion of CO, X
= (both to CH, and CO) coz
I 60
(8]
>
3 40 Yeo
8 Gas flowrate = 48 1/h
x T(600°C) =25.6ms
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Fig. 5-5: CO, conversion and CO and CHy yield at different residence times versus
temperature in CO, hydrogenation (p = 1 atm, m¢y, = 1.2 g, catalyst = Ni/Al;,09,
dp = 6 mm, yu> = 66 vol.-%, yco2 = 11 vol.-%, rest Ny).
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The conversion of carbon dioxide increases with decreasing the total gas flow rate
(increasing residence time). The production of CO increases continuously with increasing
temperature by the reverse water gas shift reaction. At a high temperature and low gas flow
rate of 48 1/h, the CO, conversion nearly reaches the equilibrium value. In the section below
(section 5.1.4) the effect of residence time on the conversion of CO, and the yield of CO and

CHy at constant temperature is given in detail.

At temperatures above about 600 °C, not only Ni but also y-Al,O3 as the support may
contribute to the RWGS reaction [85, 86]. Therefore a test was done with 10 g cylindrical
v-AL O3 pellets (1 to 3 mm).

100
Equilibrium Conversion of CO,to CO
0 A0, .
-
- -~
1) -7
& 60 - e
= i T, =210.5 kg s m3
N
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X P s
40 1 7 Gasflowrate =
L7 48 I/h (NTP)
T,=42kgsm?3
20 -
A— Tm= 14.6 kg s m3
0 T T T T T T
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Temperature [°C]

Fig. 5-6: CO, conversion versus temperature in CO, hydrogenation (p = 1 atm, mg, = 10 g,

catalyst = A,O3, d, = 1 — 3 mm, yu» = 66 vol.-%, yco2 = 11 vol.-%, rest Ny).

Fig. 5-6 shows that the conversion of CO, to CO over Al,Os increases with increasing
temperature and no CH,4 formation was observed in the studied range of temperature. At a
high temperature of 900 °C, the CO, conversion reaches the equilibrium. In the low
temperature range (300 to 700 °C), reaction is controlled kinetically while above 700 °C it is

controlled thermodynamically.
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5.1.4 Effect of residence time at constant temperature (RWGS and consecutive

methanation)

The conversion of CO; increases from 13 to 29% by an increase of the modified residence

time from 13 to 36 kg s m™ at 405 °C and atmospheric pressure (Fig. 5-7). In the studied

range of the residence time a strong increase of the yield of CH; was observed,

corresponding to a direct conversion of CO,. At 405 °C, the yield of CO as a function of

modified residence time demonstrates the typical behaviour of an intermediate product in

consecutive reactions. Hence CO is formed but is also further converted to methane.
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Fig. 5-7: Effect of modified residence time on CO, conversion and yield of CO and CHy in

CO, hydrogenation (T = 405 and 800 °C, p = 1 atm, m¢y = 1.2 g, d, = 6 mm,

catalyst = Ni/Al1,019, yg2 = 66 vol.-%, yco2 = 11 vol.-%, rest Ny).
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At a high reaction temperature of about 800 °C, the reaction system differs significantly
from the one at 405 °C. The conversion of CO, almost reaches equilibrium at the highest
residence time of 23 kg s m™ (21 ms). Since methane formation is negligible, the yield of
CO equals the conversion of CO,. By comparing low and high temperature data, it is clear
that the formation of CO as a desired product of RWGS reaction is only possible at high

reaction temperatures where methanation is suppressed thermodynamically.

Fig. 5-8 shows the selectivity to methane and CO versus the CO, conversion at 405 °C. The
extrapolation towards zero CO, conversion resulted in 50% CO and 50% CHy selectivity,
which indicates that CH4 is (also) a primary product directly formed from CO, via the

Sabatier reaction (CO, + 4H, — CH4 + 2H,0).
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Fig. 5-8: CO, conversion versus selectivity of CO and CHy in CO, hydrogenation
(T =405 °C, p=1 atm, 1, = 12.6 — 36.5 kg s m'3, dp =6 mm, me, =12 g,
catalyst = Ni/Al12019, yg2 = 66 vol.-%, ycoz = 11 vol.-%, rest Ny).

For the y-Al,O3 as a catalyst, no CH,4 formation was obtained and only the conversion of
CO, to CO formation was observed over the studied range of the residence time (Fig. 5-9).
As the residence time increases, the conversion of CO, to CO rises and nearly reaches the
equilibrium conversion. Note that the residence time needed for a certain conversion of CO,
is higher for pure Al,O; compared to the Ni catalyst. For example, at 700 °C, 20% CO,

conversion is reached for Al,O; at a residence time of 42 kg s m> (Fig. 5-9), whereas for the
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Ni catalyst 40% CO, conversion is reached at about 9 kg s m™ (Fig. 5-5). Hence, the activity
of the Ni catalyst is about 10 times higher.
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Fig. 5-9: Effect of modified residence time on CO, conversion and selectivity of CO and
CH; (T =700 °C, p = 1 atm, m¢y = 10 g, catalyst = Al,O3, dy = 1 — 3 mm,
YH2 = 66 vol.-%, Yco2 = 11 vol.-%, rest N»).

According to the data obtained in this study, methane formation during CO, hydrogenation
may be due to the direct methanation (CO, + 4H, — CHs + 2H,0) or to the consecutive
reaction of CO hydrogenation (CO + 3H, — CH4; + H;0). The consecutive reaction
mechanism in CO, hydrogenation implies the difficulty that the optimum reaction conditions
for each of the reactions are different (high temperature for RWGS and low temperature for

CO hydrogenation).

5.1.5 Effect of catalyst particle size (RWGS and consecutive methanation)

To determine the effect of particle size on the catalyst performance, particles of Ni catalyst
with less than 0.5 mm diameter (crushed catalyst) and 6 mm diameter were used. Fig. 5-10

shows the conversion of CO, and the yield of CO and CHy at different temperatures.

The catalyst particles with diameter of less than 0.5 mm show a higher conversion than the
6 mm particles with the active material only at the shell side which may due to two reasons.

One is the fresh catalyst which is not treated at high temperature for long time has higher
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activity than the used one (see Fig. 5-4). On the hand the influence of diffusion resistances

may be smaller for small particles. This will be analysed in more detail in section 5.1.7.
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Fig. 5-10: CO, conversion and CO and CH, yield at different particle size in CO,
hydrogenation (p = 1 atm, m, = 1.2 g, catalyst = Ni/Al;,0y9, gas flow rate =
138 1/h (NTP), yip = 66 vol.-%, ycoz = 11 vol.-%, rest N»,).

5.1.6 Stability of the Ni catalyst for the RWGS reaction at high temperature

The time on stream stability of Ni/Al;;Oj9 catalyst was tested at 900 °C and atmospheric
pressure with the total gas flow rate of 138 I/h in the fixed bed reactor. The test was carried

out for four days with intermediate cooling cycles. At the beginning of the experiment, the
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catalyst bed temperature was increased from ambient temperature to 900 °C at the rate of 10
°C/min with a small flow rate of N, and then held constant for 30 min to get a stable
temperature. Then the required gas composition (CO,/H,/N;) in the reaction mixture was

adjusted and fed to the reactor system.

Fig. 5-11 shows the conversion of CO, obtained over time on stream of the reaction mixture.
At such a high temperature of 900 °C, the CO; is practically only converted by the reverse
water gas shift reaction and CO is the main product. On the first day of time on stream, the
catalyst showed some deactivation where CO, conversion decreased from 68% to 66% in 8
h. After that the catalyst was cooled to 300 °C and kept constant overnight. No deactivation
was observed on further time on stream, but a small loss in catalyst activity during heating

and cooling cycle was observed which may be due to surface modifications.
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Fig. 5-11: Conversion of CO, versus time on stream at 900 °C in CO, hydrogenation
(p =1 atm, m¢y = 1.2 g, catalyst = Ni/Al;,019, d, = 6 mm, ycor = 11 vol.-%,
y2 = 66 vol.-%, rest Ny, gas flow rate = 138 I/h (NTP)).

5.1.7 Kinetic analysis of the RWGS on the Ni catalyst

Intrinsic Kinetics
For the kinetic analysis, the concentrations of CO, and H, were varied (Fig. 5-12 and Fig. 5-13).
The temperature was kept low (340 °C) to avoid an influence of mass transport on the

effective reaction rate, which then equals the intrinsic rate.
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Fig. 5-12: Effect of CO; concentration on the CO; conversion and the CO and CHy yield in
CO; hydrogenation (T = 340 °C, p = 1 atm, m, = 1.2 g, catalyst = Ni/Al;,09,
dp, = 6 mm, yy = 66 vol.-%, yco» = 11 — 22 vol.-%, N, = remaining proportion,

gas flow rate = 48 1/h (NTP)).
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Fig. 5-13: Effect of H, concentration on the CO, conversion and the CO and CHy yield in
CO; hydrogenation (T = 340 °C, p = 1 atm, m, = 1.2 g, catalyst = Ni/Al;,09,
d, = 6 mm, yg» = 44 — 66 vol.-%, yco» = 11 vol.-%, N, = remaining proportion,

gas flow rate = 48 1/h (NTP)).
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The reaction order with respect to each reactant can be determined by using the following

equation:

1
Xco, = 1= {Kim,co, Tm CIL (n — 1) CZ5 1 + 1177 5.1)

Fig. 5-14 shows the plot of Xco, versus Ccop. The order was calculated by the integral
method i.e. the value of the reaction order was determined by the best fit to the measured

data. For the experimental conditions used, the reaction order of CO,is 0.1.
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Fig. 5-14: Dependence of CO, conversion upon CO, concentration (T = 340 °C, p = 1 atm,
Meyt = 1.2 g, Catalyst = Ni/A112019, dp =6 mm, Yco2 = 11 - 22 VOl.—%,
ym2 = 66 vol.-%, N, = remaining proportion, gas flow rate = 48 I/h (NTP)).

Similarly, the reaction order with respect to hydrogen was determined (Fig. 5-15), which
leads to a value of 0.4. The reaction rate and the reaction rate constant of CO, hydrogenation

was calculated by using Eq. (4.6) and Eq. (4.7), respectively.

The Arrhenius plot is shown in Fig. 5-16. Only the values of ky co, for T < 410 °C are
included, because then the reaction rate is solely determined by the intrinsic kinetics. Above

this temperature, the reaction rate is then also controlled by mass transport limitations.
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Fig. 5-15: Dependence of CO, conversion upon H; concentration (T = 340 °C, p = 1 atm,
me = 1.2 g, catalyst = Ni/Al1;049, dy = 6 mm, ym = 44 — 66 vol.-%,
ycoz= 11 vol.-%, N, = remaining proportion, gas flow rate = 48 I/h (NTP)).
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Fig. 5-16: Arrhenius plot (1/T versus In ky, co2) for CO; conversion (p = 1 atm, mg, = 1.2 g,
catalyst = Ni/Al;,019, d, = 6 mm, yu2 = 66 vol.-%, ycor = 11 vol.-%, rest N,
gas flow rate = 138 I/h (NTP)).

The frequency factor and activation energy (Fig. 5-16) are 5.55 - 10> m'> mol®” kg' s and
65 kJ/mol, respectively. The value of E5 (65 kJ/mol) obtained in this study is within the

range found by other authors for CO, hydrogenation reaction over Ni catalysts (Table 5-1).
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Table 5-1: Activation energies reported for CO, hydrogenation on nickel catalysts.

Catalyst Temperature (°C) Pressure (atm) E, (kJ/mol) References
75.3-84.6% Rany Ni 160 — 270 1 88 -91 [33]

20% Ni/Al,O3 250 - 400 1 87 [76]

3% Ni/SiO, 227 =271 1 81 [87]

59% Ni-88 283 - 397 2-30 58-55 [88]

58% Ni-104 277 - 318 6-18 61 [89]

33.6% Ni (G-65) 200 - 230 1 106 [90]

42% NiO/Al,O3 210-315 1 80-92 [91]

11% Ni (G.90-B) 305 -410 1 65 This work

Influence of internal mass transport (pore diffusion)

The pore diffusion limitations were determined for both the shell and non-shell catalyst
(homogeneous material). The model parameters required in the calculation of the effective

reaction rate are given in Table 5-2.

The effective rate of chemical reaction is given as:

Tm,coseff = N Tmco, (5.2)

The Thiele modulus for an irreversible, isothermal, nth order reaction and for the spherical
particle of 0.5 mm and 6 mm diameter (non-shell catalyst) was calculated by using Eq. (4.12)
while for the shell catalyst Eq. (4.17) was used. The effectiveness factor as a function of the

Thiele modulus was determined by Eq. (4.11).

The Knudsen diffusion coefficient D¢o, kn,, Was calculated by using Eq. (4.16) and the
combined pore diffusion coefficient D¢o, nore Was calculated by using Eq. (4.15). The

diffusion coefficient of CO; in the catalyst pore at 500 °C and 1 bar is shown in Fig. 5-17.
For the average pore diameter of 230 nm, the diffusion of CO; in the pores of the Ni catalyst

is determined by both Knudsen and molecular diffusion (transition area). The Knudsen
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diffusion dominates the transport phenomenon at pore diameter of less than 100 nm while

molecular diffusion dominates above the pore diameter of 10000 nm.

Table 5-2: Model parameters used for the calculation of effective reaction rate of CO;

hydrogenation over Ni catalyst (p = 1 atm).

Parameters Values
Frequency factor (ko) 5.55-10° m'> mol® kg s™!
Activation energy (Ej) 65 kJ/mol
Particle density (p,) 1910 kg/m’
Porosity of particle (g,) 0.33
Tortuosity of particle 7, (assumption) 1.6
Molecular diffusion coefficient (Dcozmor) at 773 K 1.83 - 10" m%s
Knudsen diffusion coefficient (Dcoz ) at 773 K 4.68 - 10° m?/s
Pore diffusion coefficient (Dcozpore) at 773 K 3.72-10° m%/s
Kinematic viscosity of CO, (vcoz) at 773 K 1.63 - 10* m%s
Knudsen diffusion Transitionarea
1602 — — ~
0 :
E oo 500°C, 1 atm . Deozikau
—_— - 1
: >
(] |
£ 1604 / |
2 Dcoz,mol |
2 D
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E dpore = 6 NM dp(_,re =230 nm
a — (Al,O3) — (Ni/Al;0;0)
1E-09 1E-08 1E-07 1E-06 1E-05
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Fig. 5-17: Diffusion coefficient of CO; in the pores of the Ni/Al;,0;9 and Al,O3 catalysts
determined at 500 °C and 1 bar.
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The plot of the effectiveness factor versus temperature is shown in Fig. 5-18. Internal mass
transfer resistance in the catalyst pores is not negligible for T > 400 °C even for the shell

catalyst with 0.5 mm shell thickness of active material (Ni).
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Fig. 5-18: Effectiveness factor for catalyst particle versus temperature (p = 1 atm,
catalyst = Ni/Al12019, ycoz = 11 vol.-%, yu» = 66 vol.-%, rest N,, gas flow rate
=138 1/h (NTP)).

Influence of external mass transport (boundary layer diffusion)

To determine the influence of film diffusion, the effective reaction rate 1y, co, efr a8 @
function of external mass transfer coefficient f and external surface area per mass of the
catalyst A,, .., has been calculated by Eq. (4.21). All the calculations for the external mass
transfer coefficient (f), external surface area of the catalyst (A, .x), Sherwood number (Sh),
Reynolds number (Re), and Schmidt number (S5¢) are given in section 4.4.1.4. The effective
reaction rate due to the combined influence of internal and external mass transport is
calculated as:

-1

1 1
r = +
™I Kmco, Coo, Cy B Amext (Cco, — Ccoyeq)

(5.3)

Fig. 5-19 shows a good agreement of the calculations and the measurements for the used

shell catalyst. It also reveals that for the hypothetic case of a non-shell catalyst (particle
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diameter of 6 mm) the effective reaction rate is lower than for the shell catalyst. For a very
small particle size (d, = 0.5 mm) the effective reaction rate is only influenced by pore
diffusion at temperature above 700 °C while no influence of external mass transport was
observed in the studied range of temperature (not shown here). Considering n =1 in Eq. (5.3)
enables to separate the kinetic limitation from internal mass transfer limitation. In Fig. 5-19,
the effective reaction rate without internal mass transfer limitation differs significantly from
the effective reaction rate with internal mass transport limitation for the shell catalyst as well
as for the non-shell catalyst of 6 mm particle diameter. Fig. 5-19 shows that the shell
catalyst operates in a mixed regime with both internal and external mass transfer. The
catalyst performance is more and more controlled by external mass transfer above a

temperature of about 900 °C.
Note that Eq. (5.3) is only an approximation because of two reasons:

e The reverse reaction (CO + H,O — CO; + Hy) is not considered in the pore diffusion
term.

e For the external mass transfer, the equilibrium concentration is assumed at the external
surface. In reality, this value is higher and only reached, if the chemical reaction is very

fast.

Eq. (5.3) is therefore only exact if only pore diffusion or only external mass transfer plays a
role. For the regime in between these two extremes, Eq. (5.3) is only a hopefully good

approximation.

Furthermore, in Fig. 5-19, intrinsic rate of the chemical reaction (r,,) Eq. (4.6), the reaction
rate for diffusion boundary layer (r,.) Eq. (4.21), and the effective reaction rate due to
internal and external mass transport (7,,.¢) Eq. (5.3) are shown. The effective reaction rates
(Fm,eff (calculated)) WeTe calculated based on the inlet concentrations while the measured values
(Fmyeff (measureq)) Were calculated based on the conversion, inlet concentration, and mass of

catalyst.

Note that for temperatures between about 500 °C and 900 °C, the equilibrium conversion is
not 100% (see Fig. 2-13 for R = 6) and reaches a minimum value of around 75% at 600 °C.

This was not considered for the calculations of 7., .4 and was only included to calculate 7, ¢\

(=8 Am,ext (CCOZ - CCOZ,eq))'
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Fig. 5-19: Influence of internal and external mass transport on the effective reaction rate of
CO, hydrogenation (p = 1 atm, m¢y = 1.2 g, catalyst = Ni/Al;,019, d, = 6 mm,
ycoz = 11 vol.-%, yg» = 66 vol.-%, rest N, gas flow rate = 138 1/h (NTP)).

5.1.8 Kinetic analysis of the RWGS on the Al,O; catalyst

The reaction order with respect to CO, and H, is simplifying assumed to be first and zero
order, respectively. For the determination of the intrinsic kinetics, only the values of ky, coz
for a temperature of less than 600 °C are included in the Arrhenius plot shown in Fig. 5-20.

The activation energy and frequency factor are 72 kJ/mol and 40.9 mol kg™ s, respectively.

The pore diffusion and film diffusion limitations for the Al,O; catalyst (homogeneous
material) were determined by using the same equation as that of Ni catalyst for a first order
irreversible reaction (section 5.1.7). The model parameters required for the calculation of the
effective reaction rate over Al,O3 catalyst are given in Table 5-3. The diffusion coefficient
of CO; in the catalyst pores of the Al,O3 was determined at 500 °C and 1 bar (see Fig. 5-17).
For 6 nm average pore diameter, the diffusion of CO, in the pores of the Al,O; catalyst is

only determined by Knudsen diffusion.
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Fig. 5-20: Arrhenius plot (1/T versus In ky, coz) for CO, conversion by RWGS (p = 1 atm,
mey = 10 g, catalyst = Al,O3, d, =2 mm, yu2 = 66 vol.-%, yco» = 11 vol.-%, rest
N, gas flow rate = 48 I/h (NTP)).

Table 5-3: Model parameters used for the calculation of effective reaction rate of CO,

hydrogenation over Al,O3 catalyst (p =1 atm).

Parameters Values
Frequency factor (ky,0) 409 m’kg' s
Activation energy (Ej) 72 kJ/mol
Particle density (p,) 1450 kg/m’
Porosity of particle (e,) 0.4

Tortuosity of particle (z,) 2.8

Molecular diffusion coefficient (Dcozmor) at 773 K 1.83 - 10" m%s
Knudsen diffusion coefficient (Dcoz i) at 773 K 1.2-10°% m%s
Pore diffusion coefficient (Dcoz pore) at 773 K 1.21-10° m%s
Kinematic viscosity of CO, (vco2) at 773 K 1.63 - 10" m%s
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In the calculation of the effective reaction rate methane formation is not considered. Fig. 5-21
shows a good agreement of the calculation with the measurements of the effective reaction
rate constant of CO, hydrogenation over the Al,O; catalyst. It also reveals that for the used
AL O3 catalyst, the effective reaction rate is only influenced by pore diffusion and no
influence of external mass transport was observed in the studied range of temperature. For a
particle diameter of 2 mm (as used in the experiments), pore diffusion limitations start at a
temperature above 600 °C, while for a 6 mm particle diameter (shown for comparison as this

is the diameter of the Ni catalyst), pore diffusion limitations start above 400 °C.

The comparison of the effective reaction rate of CO, hydrogenation on the 6 mm particle
diameter of the Ni and Al,O; catalyst is shown in Fig. 5-22. It reveals that the effective

reaction rate over Ni (shell catalyst) is about 40 times compared to the Al,O3; (non-shell)

catalyst.
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Fig. 5-21: Influence of internal and external mass transport on the effective reaction rate of
CO, hydrogenation (p = 1 atm, m¢ = 10 g, catalyst = AlLOs3, dy = 2 mm,
ycoz = 11 vol.-%, yy» = 66 vol.-%, rest N, gas flow rate = 48 1/h (NTP)).

76



Results and discussion

T[°C]
1265 900 680 525 415 330 265
| | | | | | |

1E-1 -
3
< 1E-2 4 P ess (A05)
2 homogeneous material
) Fm,eft (NiI/Al1,045)
£ 163 | shell catalyst
k5
E
o

1E-4 -

1E-5

0.00065 0.00085 0.00105 0.00125 0.00145 0.00165 0.00185

11T [1/K]

Fig. 5-22: Comparison of the effective reaction rate of CO, hydrogenation over Ni and

AL O3 catalyst (p = 1 atm, d, = 6 mm, ycop = 11 vol.-%, yur = 66 vol.-%, rest N»).

5.1.9 Comparison of catalysts activity and yield of CO and CH,4 (CO; hydrogenation)

The activity of various commercial catalysts for CO, hydrogenation was studied in the same
tubular down-flow fixed bed quartz reactor. The measurements were carried out at two
different temperatures of 500 and 700 °C and gas flow rates of 48 and 138 I/h (NTP) using 2 g
catalyst. Table 5-4 shows the performance of the catalysts in terms of conversion of CO, and
the yield of products (CO and CH,4). The characteristic data for the Ni catalyst are given in
Table 4-1 and for all other catalysts in Appendix B.3.

Prior to the experimental study, Cr,O3/Al,03 and ZnO/CuO/Al,Os3 catalysts were reduced at
500 °C overnight under the gas flowrate of 10 1/h containing 50% H, in N, while Al,O3 and
NiO/Al;,0;9 were treated at 800 °C overnight. After the reduction, the reaction gas mixture
containing H,/CO,; ratio of 6 with 23% of N, was passed through the reactor and the

products were analyzed using online gas analyzer.
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Table 5-4: Conversion of CO; and yield of CO and CHy4 over various catalysts (p = 1 atm,
Mey =2 g, Yeoz = 11 vol.-%, yup = 66 vol.-%, rest N»).

Catalyst Temp, °C  Gasflow,/h dy,,mm Xcoz2, % Yco, % Ycua, %
Cr,03/AL03 500 138 1-3 3.9 3.9 -
700 138 1-3 13.1 13.1 -
700 48 1-3 25.7 25.7 -
ZnO/CuO/AL O3 500 138 1-3 8.1 8.1 -
700 138 1-3 32.7 32.7 -
700 48 1-3 51.7 51.7 -
v-Al,O3 500 138 1-3 1.2 1.2 -
700 138 1-3 12.1 12.1 -
700 48 1-3 20 20 -
NiO/Al ;2,019 500 138 5-7 44.5 14.5 30
(G.90-B) 700 138 5-7 60.5 55.2 53
700 48 5-7 74.6 68.4 6.2

For all catalysts, the conversion of CO, increases with temperature while it decreases with
increasing total gas flow rate (decreasing residence time). As compared to all other catalysts,
the activity of Ni/Al;,019 1s very high but it produces CH4 along with CO as a product (see
Table 5-4). The yield of CH, decreases and the CO yield increases with temperature. For
example, the yield of methane decreased from 30% to 5.3% and yield of CO increased from
14.6 to 55.2% when the temperature was increased from 500 °C to 700 °C at 138 I/h. All
other catalysts produced only CO and H,O. In comparison, ZnO/CuO/Al,O5 catalyst also
showed good activity but it is less stable at temperatures above 700 °C. The highest
conversion of CO, and thus yield of CO obtained over ZnO/CuO/Al,O; catalyst was 51.7%
at 700 °C and a gas flow rate of 48 I/h. The y-Al,O3 used in the experiment is not inert and
acts as a catalyst at high temperature. The conversion of CO, obtained over y-Al,O3 was

20% at 700 °C and a gas flow rate of 48 1/h.
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5.2 CO hydrogenation (methanation) reaction

The CO methanation (CO + 3H, — CH,; + H;0) as a consecutive reaction in CO-
hydrogenation was carried out in the same fixed bed quartz reactor in a wide temperature
range (300 — 800 °C) at atmospheric pressure. In this section the reaction kinetic as well as

influence of mass transport on the effective reaction rate of CO hydrogenation is described.

5.2.1 Effect of reaction temperature on methanation

The same Ni catalyst applied in CO, hydrogenation was continued for CO hydrogenation.
Fig. 5-23 shows the conversion of CO and the yield of CH4 and CO,. In CO hydrogenation,
main products were CH4 and CO; and no other hydrocarbons were observed. CHy is formed
by direct CO methanation reaction (CO + 3H, — CH4 + H,0) probably via dissociation of
CO to intermediate carbon species [33, 58]. However, CO, can be produced either by CO
disproportionation (2CO — C + CO,) and/or water gas shift reaction in presence of catalyst

(CO + H,O — CO, + Hy) [92, 93].

25 S
\ \
/ \
—_ 20 Equilibrium conversion of CO ‘\ \
X (to CO, and CH,) )
%) \
— [
3 A
5 15 Xco \
>
> S AR
. 10 ~ Equilibrium conversion \
>§ f CO to CH, only \\\\
NN
S N ‘\
5 AR
300 400 500 600 700 800 900

Temperature [°C]

Fig. 5-23: CO conversion and the yield of CO, and CH4 versus temperature in CO
hydrogenation (p = 1 atm, m¢, = 1.2 g, catalyst = Ni/Al,019, d, = 6 mm,
yu2 = 66 vol.-%, yco = 11 vol.-%, rest Ny, gas flow rate = 138 1/h (NTP)).

The CO methanation is an exothermic reaction which is favorable at low temperatures. In

the low temperature range, the conversion of CO and the yield of CH4 and CO; increases
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with temperature until about 450 °C are reached. No catalyst deactivation was observed. In
the low temperature range, the reaction is controlled kinetically and no coke formation took
place. At low temperatures (below 450 °C) a small amount of CO, was produced by the
water gas shift reaction [93]. At a very high temperature of about 800 °C, also no catalyst
deactivation was observed, but the coke formed in the temperature range of 480 to 710 °C
may not completely gasified at 800 °C, and therefore the conversion of CO was low and far
from equilibrium. The decrease in conversion due to the catalyst deactivation over time on

stream is shown below (see section 5.2.2 (Fig. 5-26)).

The coke formation may occur via Boudouard reaction (2CO 2 C + CO;) which is related to
CO dissociation activity in CO hydrogenation [94] and/or direct carbon monoxide
hydrogenation (CO + H, 2 C + H,0O) over the Ni catalyst [95]. Fig. 5-24 shows the
equilibrium conversion of CO over the temperature by both Boudouard reaction and direct

CO hydrogenation. At high temperatures both reactions are limited thermodynamically.
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Fig. 5-24: The equilibrium conversion of CO in the Boudouard reaction (CO = 1 mole) and
direct hydrogenation reaction (H,/CO = 1) as function of temperature and at

atmospheric pressure.

5.2.2 Stability of the Ni catalyst in CO methanation

Fig. 5-25 shows time on stream behaviour of the Ni catalyst for the CO conversion and the

yield of CO, and CH4 (450 °C, atmospheric pressure). The maximum deactivation of the

80



Results and discussion

catalysts occurs generally in the initial stage of the reaction [93, 96]. In this experiment, no
deactivation was observed in 2 h time on stream at 450 °C, and the steady state of reaction
was reached within some minutes. When the temperature increased further (keeping all other
conditions constant), the coke formation starts above 480 °C, where CO conversion
decreases over time on stream in the temperature range of 480 to 710 °C (Fig. 5-26). For
example, at 620 °C, the conversion of CO decreases from 7 to 6.3% in 100 min of reaction
time. At the temperature of 710 and 810 °C, a small increase in conversion over time on
stream was observed which may be due to the gasification of coke formed in the temperature

range of 480 to 710°C.
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Fig. 5-25: CO conversion and the yield of CO, and CH4 versus time on stream in CO
hydrogenation (T = 450 °C, p = 1 atm, m¢y = 1.2 g, d, = 6 mm, yn, = 66 vol.-%,
yco = 11 vol.-%, rest N, catalyst = Ni/Al;,0,9, gas flow rate = 138 I/h (NTP)).

After the completion of the experiment at 810 °C, the reactor temperature was decreased to
300 °C in the presence of small N, stream. Then the reactor temperature was increased again
from 300 to 700 °C at the rate of 10 °C/min by adding 10% O, in N,. The presence of CO
and CO; species in the outlet gas stream during the oxidation of catalyst shows that the coke

formed was not completely gasified at 810 °C.
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Fig. 5-26: Time on stream stability of catalyst in CO hydrogenation at different temperature

(p = 1 atm, mey = 1.2 g, catalyst = Ni/Al;2Oy9, d, = 6 mm, yu» = 66 vol.-%,
yco = 11 vol.-%, rest N, gas flow rate = 138 1/h (NTP)).

5.2.3 Effect of residence time on methanation

The effect of the residence time on the conversion of CO and yield of CO, and CHy4 over
temperature (300 — 800 °C) was studied at two different gas flow rates of 48 1/h and 138 1/h.
In both cases, a similar trend for CO conversion as well as yield of CO, and CHs was
obtained. In the low temperature range of 300 to 450 °C, methane production increases
rapidly with temperature and the reaction is controlled kinetically. Above 450 °C, catalyst

deactivation due to coke formation may also decrease CO conversion and the yield of CHy.

At a temperature of about 800 °C and a low gas flow rate of 48 1/h, the conversion of CO

almost reached equilibrium. The effect of the residence time on the catalyst performance at
constant temperature is given below (section 5.2.4) in detail.
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Fig. 5-27: CO conversion and CO, and CHy yield at different gas flow rate versus
temperature in CO hydrogenation (p = 1 atm, catalyst = Ni/Al;,019, d, = 6 mm,
Mey = 1.2 g, yup = 66 vol.-%, yco = 11 vol.-%, rest N).

The effect of decrease in CO conversion with increasing temperature is not the result of the
equilibrium (at least for T < 700 °C) and also not of a rather slow deactivation by coke
formation (sees Fig. 5-26 and Fig. 5-27). Hence, the increase of the temperature obviously
leads to a reversible deactivation of the catalyst for the methanation reaction. This strong
shift in selectivity with temperature (less methane) was also found in case of CO,

hydrogenation (Fig. 5-4).

It must be noted that the two experiments shown in Fig. 5-27 were done one after the other,

i.e. the experiment with the lower flow rate (48 1/h) was done after the experiment with
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138 1/h. In between these experiments, the catalyst was only oxidised (coke burn-off) and
then reduced with H, (600 °C). In both experiments, the activity profile is similar. Hence, a
high temperature does not lead an irreversible deactivation and only to a strong decrease of
the CHy4 selectivity (for T > 400 °C). Whether and to what extent this selectivity shift is

induced by the temperature and/or by the formation of coke is still an open question.

5.2.4 Effect of residence time at constant temperature

The influence of modified residence time on catalyst performance as well as on the yield of
CO, and CH4 was measured by varying the total gas flow rate at 405 °C and atmospheric
pressure. As shown in Fig. 5-28, the conversion of CO and the yield of CH4 and CO,

increases with an increasing modified residence time.
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Fig. 5-28: Influence of modified residence time on CO conversion and yield of CO, and
CH; in CO hydrogenation (T = 405 °C, p = 1 atm, m¢y = 1.2 g, d, = 6 mm,
catalyst = Ni/Al12019, yg2 = 66 vol.-%, yco = 11 vol.-%, rest N,).

Interestingly there was no influence of the modified residence time (and thus of the CO
conversion) on the selectivity of CO, and CHy (Fig. 5-29). The extrapolation towards zero
CO conversion at zero residence time resulted into no change in selectivity of CH4 and CO,.
Hence most probably, direct conversion of CO to CO, (2CO + 2H, — CO; + H,0) may take
place (parallel to the CO methanation i.e. CO + 3H, — CH4 + H;0). By comparing the
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conversion data obtained for CO hydrogenation (Fig. 5-28) and for CO, hydrogenation (Fig. 5-7)
at 405 °C, it is clear that the catalyst has a similar activity for CO and CO, hydrogenation,
but less CH4 and more CO are obtained in CO, hydrogenation compared to the CH4 and CO,

in the CO hydrogenation.
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Fig. 5-29: CO conversion versus selectivity of CO, and CH4 over Ni catalyst in CO
hydrogenation (T = 405 °C, p =1 atm, 1, = 10 — 49.7 kg s m'3, mey = 1.2 g,
d, = 6 mm, catalyst = Ni/Al;2O19, yu2 = 66 vol.-%, yco = 11 vol.-%, rest N»).

5.2.5 Effect of catalyst particle size on methanation

The performance of the Ni catalyst for a particle diameter of less than 0.5 mm and 6 mm
over the temperature is shown in Fig. 5-30. For both sizes of catalyst particles a similar trend
of CO conversion and yield of CO, and CH4 was obtained. The conversion of CO increases
up to 450 °C and then continuously decreases due to the decrease of the methane selectivity

by coke formation and/or increasing temperature.
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Fig. 5-30: CO conversion and CO, and CHy yield at different particle size of catalyst versus
temperature in CO hydrogenation (p = 1 atm, m, = 1.2 g, catalyst = Ni/Al;,09,
ym2 = 66 vol.-%, yco = 11 vol.-%, rest Ny, gas flow rate = 138 1/h (NTP)).

The previously used catalyst particles of 6 mm diameter in CO, hydrogenation study were
applied in this experiment. As mentioned in section 5.1.2, the long-time treatment of this
catalyst at high temperature reduced its methanation activity. The 0.5 mm size catalyst
particles applied in this experiment were used before only in the particle size effect study in
CO; hydrogenation. Therefore the catalyst particles of 0.5 mm have a higher activity than
the 6 mm particles. Due to this reason, in the low temperature kinetic regime a higher

conversion of CO and a higher yield of CH4 was obtained over 0.5 mm size catalyst. Hence,
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the direct comparison of reaction rate over particle size with different treatment is not

possible.

5.2.6 Kinetic analysis and influence of internal and external mass transfer on

methanation
Intrinsic Kinetics

The influence of CO and H; concentrations on the methanation is shown in Fig. 5-31 and
Fig. 5-32. To determine the reaction order with respect to each reactant, a similar equation

that was already applied in CO; hydrogenation (Eq. (5.1)) was used:

1
Xco = 1= {Kmco Tm Cpf, (p— 1) CE ' + 1}17P (5.4)
The conversion of CO was measured by varying the respective concentration of the reactants
CO and H; at 340 °C and atmospheric pressure. Fitting this data by Eq. (5.4) shows a
negative reaction order for CO (p = -0.3) and a positive order for H, (q = 0.7) (for detail see
Appendix B.1.1). These values are in good agreement with typical values reported in the

literature [97, 98].
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Fig. 5-31: Effect of CO concentration on the CO conversion and the CO, and CHy yield
(T =340 °C, p = 1 atm, m¢y = 1.2 g, dy = 6 mm, catalyst = Ni/Al;,Oy9,
vz = 66 vol.-%, yco = 13.2 — 22 vol.-%, N, = remaining proportion, gas flow rate

= 48 1/h (NTP)).
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Fig. 5-32: Effect of H, concentration on the CO conversion and the CO, and CHy yield
(T =340 °C, p = 1 atm, m¢y = 1.2 g, dy = 6 mm, catalyst = Ni/Al;,09,
ym = 66 vol.-%, yco = 11 vol.-%, ymp = 44 — 66 vol.-%, N, = remaining
proportion, gas flow rate = 48 I/h (NTP)).

The intrinsic rate of CO hydrogenation reaction is therefore given as

i
Tmco = km,co 03 (5.5)
Hy

where k,, co is the reaction rate constant for CO hydrogenation reaction which can be
calculated as:

(1-Xco)'P—1
(P-Dt ' Cp

where {p - _0'3}

q=07 (5:6)

km,co =

The Arrhenius plot is shown in Fig. 5-33. Only the values of ky,co for T < 420 °C are
included where the reaction rate is exclusively determined by the intrinsic kinetic. The
activation energy Ea and frequency factor ko calculated from the Arrhenius equation
(Eq. (4.9)) are 102 kJ/mol and 2.35 - 10° m"?* mol®® kg™ s, respectively. The value of Ex
obtained in this study (102 kJ/mol) for CO hydrogenation (methanation) is within the range
found by other authors using Ni catalysts (see Table 5-5).
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Fig. 5-33: Reaction rate constant (1/T versus In k;, co) of CO hydrogenation (p = 1 atm,
mey = 1.2 g, d, = 6 mm, catalyst = Ni/Al;2O9, yu» = 66 vol.-%, yco = 11 vol.-%,
rest Ny, gas flow rate = 138 I/h (NTP)).

Table 5-5: Activation energies reported in literature for CO hydrogenation on Ni catalysts.

Catalyst Temperature (°C) Pressure (atm) E, (kJ/mol) References
Monolithic Ni 200 - 350 6.8 104 - 89 [98]

3% Ni/SiO, 227 =271 1.38 96 [99]
Ni/MgAl,04 205 -290 1.4 96.7 [100]

10% Ni/SiO, 270 - 320 1 112 [101]
1.04Ni/K-Al,04 339 - 364 1 94+ 3 [102]

11% Ni (G.90-B) 305 — 345 1 102 This work

Influence of mass transfer limitation

The influence of internal mass transport on the effective reaction rate of CO hydrogenation
was determined for the shell catalyst as well as non-shell catalyst (6 mm particle diameter

with homogeneous distribution). For external mass transport, external surface per mass of
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catalyst is important. Therefore, the external mass transport calculations are made based on
the catalyst particle of 6 mm diameter. All calculations were performed by using the
equations from section 4.4.1 where the analysis was presented for CO, hydrogenation. The
effective reaction rate of CO hydrogenation due to the influence of internal and external

mass transport is calculated by

-1

1 1
— +
M Kmco Cco°Chr] B Amext (Cco — Ccoeq)

rm,eff = (5 7)

This equation is only a very rough approximation, i.e. the influence of the thermodynamics
is only considered for the external mass transfer. The model parameters required in the
calculation of the effective reaction rates of CO hydrogenation reaction are given in Table 5-6.

For the details of pore diffusion calculation see Appendix B.2 (Fig. B-7).

Table 5-6: Model parameters used for the calculation of effective reaction rate of CO

hydrogenation over Ni catalyst (p = 1 atm).

Parameters Values

Frequency factor (k) 2.35-10° m'? mol®® kg'1 !
Activation energy (Ej4) 102 kJ/mol

Particle density (p,) 1910 kg/m’

Porosity of particle (g,) 0.33

Tortuosity of particle 7, (assumption) 1.65

Molecular diffusion coefficient of CO (D¢ mor) at 773 K 2.32 .10 m?s

Knudsen diffusion coefficient (Dco, i) at 773 K 5.86 - 10° m?/s
Pore diffusion coefficient (Dco pore) at 773 K 4.68 - 10° m*/s
Kinematic viscosity of CO (v¢o) at 773 K 1.95- 10" m%s

The internal mass transport effect was evaluated from the effectiveness factor n. Fig. 5-34
shows the effectiveness factor versus temperature for shell catalyst of 6 mm diameter with
0.5 mm shell thickness and for the non-shell catalyst of 0.5 mm and 6 mm diameter. The

effectiveness factor decreases strongly above a temperature of 420 °C for both the shell as
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well as non-shell catalyst of 6 mm diameter. It must be noted that n was estimated here only

assuming an irreversible reaction (methanation).

100 T

for particle (d, = 0.5 mm

for particle of 0.5 mm
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for particle (d, = 6 mm)
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influence of pore diffusion
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Fig. 5-34: Effectiveness factor n for the Ni/Al;,O catalyst versus temperature (p = 1 atm,
yco = 11 vol.-%, yu» = 66 vol.-%, rest N,, gas flow rate = 138 1/h (NTP)).

Fig. 5-35 shows that the calculated values for the effective reaction rate due to the combined
influence of pore and external diffusion are much higher than the measured ones in the high
temperature range. The reason is that the chemical reaction rate and the influence of pore
diffusion is influenced by the reverse reaction (thermodynamic limitation), and Eq. (5.7)
does not consider this effect. Also note that the shift of the selectivity (less methane) with

increasing temperature is not considered in Fig. 5-34.
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Fig. 5-35: Influence of internal and external mass transport on the effective reaction rate of
CO hydrogenation (p = 1 atm, m¢, = 1.2 g, dy = 6 mm, catalyst = Ni/Al;,09,
yco = 11 vol.-%, yg» = 66 vol.-%, rest N,, gas flow rate = 138 1/h (NTP)).
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5.3 Water gas shift (WGS) reaction

The water gas shift reaction (CO + H,O — CO; + H>) as the reverse reaction of CO;
hydrogenation (RWGS reaction) was carried out in the fixed bed quartz reactor setup over a
wide temperature range (300 — 900 °C) at atmospheric pressure. The reaction kinetics as

well as the influence of mass transport on the effective reaction rate of WGS reaction is now

described.

5.3.1 Influence of temperature on the WGS reaction

For the WGS reaction, 1.2 g Ni/Al;,09 catalyst of 6 mm particle diameter was reduced in
the reactor for 24 h with a gas flow rate of 10 1/h containing 50 % H; in N, at 800 °C. The
experiments were started by lowering the temperature to 300 °C and at atmospheric
pressure. The H,O/CO ratio was maintained at 4. The experiments were carried out with two
different conditions, i.e. with addition of 10% H, and without addition of H,. Hydrogen was
added into the reaction mixture to avoid the oxidation of Ni to NiO by H,O. Fig. 5-36 shows
the conversion of CO and the yield of CH4 and CO, at different temperature. In both cases,
the conversion of CO and the yield of CO, showed a similar behavior. The conversion of
CO and the yield of CO, rise with increasing temperature up to 450 °C where the catalyst
showed stable activity. In the temperature range of 450 to 700 °C, deactivation of catalyst
due to coke formation was observed where the conversion of CO and simultaneously the
yield of CO, decrease over time on stream (see Fig. 5-40). The coke formation may occur
via CO disproportionation (Boudouard reaction) at the Ni catalyst. Details about the
equilibrium conversion of CO by the Boudouard reaction are given in section 5.2.1 (Fig. 5-24).
The formation of formate-carbonate is the key intermediate in the production of hydrogen
via water gas shift reaction where substantial reduction to Ni metal cluster above 400 °C
favors the transformation of formate into carbonate species, providing the route for catalyst

deactivation by coking [103].

The CH,4 formation was not observed over the entire temperature when no H, was added into
reaction mixture while a small amount of CH4 was observed in the low temperature range
(300 — 600 °C) when the 10 vol.-% H, were added into the reaction mixture which is
possibly due to the CO methanation reaction. The addition of H, cannot prevent the catalyst

from deactivation due to coke formation, but slightly reduces the CO conversion.

93



Results and discussion

100 ====oo
~"‘~-,_ without H,
80 / T~ a o
Equilibrium CO conversion =
(only to CO,)
60

x009 YCO25 YCH4 [c'o/o]

v Y
0 S5 5558 H—+]
100 ==—
e~ with 10% H,
80 = 7\ -
Equilibrium CO conversion T~ -
60 (only to COy,)

XCO! YCOZ; YCH4 [C_O/o]

300 400 500 600 700 800 900 1000

Temperature [°C]

Fig. 5-36: CO conversion and the yield of CO, and CH, versus temperature in WGS
reaction with and without addition of H, in feed gas mixture (p = 1 atm,
me = 1.2 g d, = 6 mm, catalyst = Ni/Al;2019, ymwo = 44 vol.-%,
yco = 11 vol.-%, rest N,, ygp = 0 and 10 vol.-%, gas flow rate = 48 1/h (NTP)).

5.3.2 Influence of residence time at varying and constant temperature on the WGS

reaction

The conversion of CO by the water gas shift reaction over the temperature was measured
using a gas flow rate of 48 1/h and 138 1/h (NTP) and a constant catalyst amount of 1.2 g for
the evaluation of the effect of the residence time. A similar trend for catalyst performance

was observed in both cases. The WGS reaction is an exothermic reaction and favoured at
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low temperatures. But even at high temperatures, the equilibrium conversion of CO is still
high (e.g. 80% at 800 °C). So the reaction was not controlled thermodynamically in the
studied temperature range. As mentioned above, the deactivation of catalyst occurs in the
temperature range of 450 to 700 °C and the activity of catalyst drops down in this region.
Above 700 °C, the catalyst showed again an increase in activity which may be due to the
gasification of coke at high temperatures. By comparing the data obtained for 48 1/h and 138
1/h (NTP), shown in Fig. 5-37, it is observed that the conversion of CO increases with
decreasing the total gas flow rate (increasing residence time) at any temperature, and no CHy

formation was observed.
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Fig. 5-37: Conversion of CO (water gas shift reaction) versus temperature at different
residence times without addition of H, in feed gas (p = 1 atm, mg, = 1.2 g,

catalyst = Ni/Al;,019, dp =6 mm, YH20 = 44 vol.-%, Yco = 11 vol.-%, rest N»).

The influence of the modified residence time on the CO conversion and the yield of CO; and
CH,4 was measured at 405 °C, atmospheric pressure, H,O/CO ratio of 4, and by changing the
total gas flow rate over 1.2 g Ni catalyst. Fig. 5-38 shows the conversion of CO and the yield
methane and CO, obtained at different modified residence time. CH4 formation was not
observed in the whole range of the modified residence time studied except at a high
residence time (36 kg s m™), where a negligible yield of CHy (less than 0.1%) was obtained.

So the consecutive CO methanation does not play a role for the given conditions.
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Fig. 5-38: Influence of modified residence time on CO conversion and the yield of CO, and
CH, in water gas shift reaction (T =405 °C, p = 1 atm, m¢y = 1.2 g, dy = 6 mm,
catalyst = Ni/Al12019, Y20 = 44 vol.-%, yco = 11 vol.-%, rest N»).

5.3.3 Stability of the Ni catalyst in the WGS reaction

5.3.3.1 Low temperature stability

In the water gas shift reaction, the Ni catalyst behaves differently at different temperature.
No deactivation was observed below 450 °C, but the catalyst shows deactivation due to coke
formation in the temperature range of 450 to 700 °C. So, depending upon this behaviour the

time on stream stability of catalyst was studied at both low and high temperatures.

The low temperature catalytic stability of the Ni/Al;,0,9 catalyst in the WGS reaction was
tested for about 100 min at 340 °C and 450 °C, and atmospheric pressure. Fig. 5-39 shows
the conversion of CO over the time on stream. The Ni/Al;;O9 catalyst showed a good

stability at these low temperatures (340 °C and 450 °C).
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Fig. 5-39: CO conversion versus time on stream in WGS reaction at low temperature
(p =1 atm, m¢y = 1.2 g, catalyst = Ni/Al;20y9, d, = 6 mm, yco = 11 vol.-%,
ymo = 44 vol.-%, rest N, gas flow rate = 48 I/h (NTP)).

5.3.3.2 High temperature stability

The time on stream behaviour of the Ni catalyst in the high temperature range of 500 °C to
900 °C and at atmospheric pressure for water gas shift reaction is shown in Fig. 5-40. It was
difficult to determine the amount of coke formed via thermogravimetric analysis because a
very small amount of coke is formed and the mass loss by burning of the coke and the mass

gain by catalyst oxidation takes place simultaneously.
The experimental procedure was as follows:

At first, the water gas shift reaction was performed at a certain temperature, e.g. at 500 °C
(Fig. 5-40). Then the temperature was increased to 900 °C, where not only the WGS
reaction takes place but also the gasification of the coke formed at the low temperature

experiment (Fig. 5-41).

Fig. 5-40 indicates that at 900 °C, no coke is formed, i.e. the coke that may be formed is
gasified with steam at an appropriate rate. Hence, the catalysts used for WGS reaction at
lower temperatures for about 100 min regain their activity by gasification, if the temperature

of 900 °C is adjusted afterwards. This is shown in Fig. 5-41.
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Fig. 5-40: CO conversion versus time on stream in WGS reaction at high temperatures
(p =1 atm, mey = 1.2 g, catalyst = Ni/Al;20y9, d, = 6 mm, yco = 11 vol.-%,
ymo = 44 vol.-%, rest N, gas flow rate =48 I/h (NTP)).
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Fig. 5-41: CO conversion versus time on stream in WGS reaction at 900 °C after the lower
temperature experiments (p = 1 atm, mey = 1.2 g, dy = 6 mm, yco = 11 vol.-%,

V20 = 44 vol.-%, rest Ny, catalyst = Ni/Al;,019, gas flow rate = 48 1/h (NTP)).

In another experiment, the freshly reduced Ni catalyst (800 °C) was applied for 6 h in the
reaction at 650 °C where the catalyst shows deactivation with time on stream (Fig. 5-42).
Then this used catalyst was oxidised in the same reactor using 5.5 vol.-% O, in N, by

increasing the temperature from 300 to 700 °C at a rate of 10 °C/min. The presence of CO
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and CO; species in the outlet gas stream during oxidation of catalyst (coke burning) were
analysed using a micro-gas analyser and the amount of coke formed was quantified from the
CO; produced during the catalyst oxidation. The activity of the catalyst was then recovered
by oxidation/reduction. The regenerated catalyst was again used for 3 h and the same

procedure was repeated to confirm the coke formation.
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Fig. 5-42: Time on stream stability and coke formation over freshly reduced catalyst in
WGS reaction (T = 650 °C, p =1 atm, m¢y = 1.2 g, dy = 6 mm, yco = 11 vol.-%,
y20 = 44 vol.-%, rest N, catalyst = Ni/Al;,019, gas flow rate = 48 1/h (NTP)).

Fig. 5-42 clearly shows that the regeneration by coke burn-off is possible. The amount of
coke is rather small compared to the carbon (as CO) that has passed through the reactor.
During the 6 h experiment, about 17 g of carbon (as CO) have entered the reactor but only
0.45 mg of coke was formed. Nevertheless this small amount of coke is sufficient for a
strong deactivation of the catalyst, although the amount of coke (0.04 mmol C) is still small
compared to the amount of Ni (2 mmol), but at least in the same order of magnitude (and not

all of the Ni material is accessible by reactants).
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5.3.4 Kinetic analysis and influence of internal and external mass transfer on the WGS

reaction
Intrinsic Kinetics

The reaction orders of the water gas shift reaction with respect to reactant and product

components over the Ni/Al;;0,9 catalyst were determined by fitting the experimental data to
Eq. (5.8).

1
The respective experimental results are shown in the Fig. 5-43 to Fig. 5-46. The reaction
orders with respect to reactant CO and H,O are 0.8 and 0.4 while the products H, and CO,
shows a -0.15 and -0.1 order dependencies on the reaction rate of WGS reaction. (see

Appendix B.1.2). Both of these negative order dependencies of products were not

considered in the intrinsic rate calculation.
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Fig. 5-43: Effect of CO concentration on the CO conversion and the CO, and CHy4 yield in
WGS reaction (T =340 °C, p = 1 atm, mey = 1.2 g, dy = 6 mm, yu20 = 44 vol.-%,
yco= 5.5 — 14.3 vol.-%, N, = rest proportion, catalyst = Ni/Al;,0,9, gas flow rate
=48 1/h (NTP)).
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Fig. 5-44: Effect of H,O concentration on the catalyst activity and the CO, and CHy yield in
WGS reaction (T =340 °C, p =1 atm, me, = 1.2 g, dy = 6 mm, yco = 11 vol.-%,
ymo = 34 — 54 vol.-%, N, = rest proportion, catalyst = Ni/Al;,09, gas flow rate
=48 1/h (NTP)).
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Fig. 5-45: Effect of H, addition into the feed gas of WGS reaction (T = 340 °C, p = 1 atm,
mey = 1.2 g, dpy = 6 mm, catalyst = Ni/Al;,019, yco= 11 vol.-%, yur0= 44 vol.-%,
vz = 0 — 18.75 vol.-%, N, = rest proportion, gas flow rate = 48 1/h (NTP)).
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Fig. 5-46: Effect of CO, addition into the feed gas of WGS reaction (T = 340 °C, p = 1 atm,
Mey = 1.2 g, dp = 6 mm, catalyst = Ni/Al;,019, yco= 11 vol.-%, yur0= 44 vol.-%,
ycoz=0—16.67 vol.-%, N, = rest proportion, gas flow rate = 48 1/h (NTP)).

The intrinsic reaction rate of WGS reaction has been calculated as
0.8 0.4 ~Ea 08 04
Tmco = kmco Cco Cryo = kmo € RT Cgp Cho (-9)

where k,, co is the reaction rate constant for WGS reaction which can be calculated as:

(1—Xco) %8 -1

,O = 8— .
" (0.8 = 1) 1, CI37 CR%

(5.10)

The temperature dependency of &, cois shown in Fig. 5-47.

To determine the intrinsic kinetic, only the values of kyco for T < 345 °C are included
where no mass transport or thermodynamic limitations occur. The frequency factor ko and
apparent activation energy of reaction E, are 3.46 - 10° m™® mol®? kg™ s and 96 kJ/mol,
respectively. The activation energy data reported in literature for the water gas shift reaction
over Ni containing catalyst is given in Table 5-7. The value of EA (96 kJ/mol) obtained in

this study is within the range found by other authors.
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Fig. 5-47: Reaction rate constant (1/T versus In ky, co) of the WGS reaction (p = 1 atm,
me = 1.2 g, dp = 6 mm, Catalyst = Ni/Al;;,0y9, YH20 = 44 vol.-%,
yco = 11 vol.-%, rest N, gas flow rate = 48 1/h (NTP)).

Table 5-7: Activation energies reported for water gas shift reaction on nickel catalysts.

Catalyst Temp (°C) Pressure (atm) E, (kJ/mol) Ref.

5% Ni/Al,03 monolith 300-1000 1 85 [104]

5% Ni/5% Ce/Al,03 monolith 300 - 1000 1 85 [104]

5 at.% Ni/Ce(10% La)O, 275-300 1 38 [105]
Black NiO 200-300 1 96 + 4 [106]
Green NiO 200-300 1 89 + 4 [106]

11% Ni (G.90-B) 305-345 1 96 This work

Influence of mass transport

To determine the influence of mass transport on the effective reaction rate of water gas shift

reaction, all the calculations were made by using the equations from section 4.4.1. Similar to
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CO; and CO hydrogenation, the influence of mass transfer in WGS reaction was calculated
for both shell catalyst (thickness of 0.5 mm) and non-shell catalyst (d, = 6 mm). The
effective reaction rate due to the influence of both internal and external mass transport was

calculated as:

-1

1 1
r = +
M N Knco COF Ciio B Amext (Cco — Ccoeq)

.11

The model parameters required in the calculation of effective reaction rates of water gas
shift reaction are given in Table 5-8. The detailed pore diffusion calculation for Ni/Al;,O19

catalyst is given in appendix B.2 (Fig. B-8).

Table 5-8: Model parameters used for the calculation of effective reaction rate of the water

gas shift reaction over Ni catalyst (p = 1 atm).

Parameters Values

Frequency factor (ko) 3.46 - 10° m*® mol** kg 5!
Activation energy (Ey4) 96 kJ/mol

Particle density (p,) 1910 kg/m’

Porosity of particle (e,) 0.33

Tortuosity of particle 7, (assumption) 1.65

Molecular diffusion coefficient of CO (Dcomor) at 773 K 1.07 - 10 m%/s

Knudsen diffusion coefficient (Dco i) at 773 K 5.86 - 107 m?/s
Pore diffusion coefficient (Dcopore) at 773 K 3.78 - 10° m?¥/s
Kinematic viscosity of CO (v¢p) at 773 K 8.17 - 10° m%/s

In the water gas shift reaction, the influence of pore diffusion on the effective reaction rate
was evaluated from effectiveness factor 1. Fig. 5-48 shows the effectiveness factor versus
temperature for the shell as well as for a hypothetic non-shell catalyst. For both catalysts the
effectiveness factor decreases strongly with increasing temperature close to 345 °C. Fig. 5-49
compares the effective reaction rates (considering n = 1 and with actual n). There is a clear

influence of pore diffusion for both the shell and non-shell catalyst.
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Fig. 5-48: Effectiveness factor for catalyst versus temperature (p = 1 atm, mg, = 1.2 g,

catalyst = Ni/Al;2019, yco = 11 vol.-%, ymo = 44 vol.-%, rest N,, gas flow rate

— 48 I/h (NTP)).
T[°C]
975 725 560 440 350 280
1 | 1 1 | |
;m eff(calculated)
-2 orn=1 \ I'm.ext

........

/) N
-5 - Mm.eff(measureq) I'm.eff(calculated) s
for shell thickness of 0.5 mm
-6 -

"m eff(calculated)
for particle (d, = 6 mm)

In (rm; rm,effs rm,ext) [mOI kg-1 5-1]
IS

5 | Ea=96kJ/mol
Kmo=3.46 - 105 m3® mol02kg's

-8 . . . . .

0.0008 0.0010 0.0012 0.0014 0.0016 0.0018

1/T [1/K]

Fig. 5-49: Influence of internal and external mass transport on the effective reaction rate of
WGS reaction (p = 1 atm, mgy = 1.2 g, yco = 11 vol.-%, ymo = 44 vol.-%,
rest Np, catalyst = Ni/Al,019, gas flow rate = 48 1/h (NTP)).

105



Results and discussion

The measured values of the effective reaction rate are decreasing above 450 °C at which
catalyst deactivation due to coke formation started. Below this temperature, no coke
formation takes place due to kinetic limitations while at a very high temperature (e.g. 900 °C),
the coke (if formed) is converted with steam. Therefore, the calculated values of the
effective reaction due to combined influence of internal and external mass transfer are much
higher than the measured one in the temperature range of 450 to 700 °C. Fig. 5-49 also
reveals that at high temperatures of about 900 °C, the measured values of the effective

reaction rate are near to the external mass transfer regime.
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5.4 Simulation of a reactor for a technical RWGS process

Based on the kinetic data of the RWGS reaction, which were determined for both the Ni- and
Al Oj3-catalyst, technical reactors were simulated. The basic equations and assumptions of
the respective reactor model are described in the subsequent section 5.4.1. Two cases were
considered as attractive for a technical RWGS process, isothermal and adiabatic operation
in a fixed-bed tubular reactor. The latter concept would be easier to realize on a technical
scale, because external or internal heating would not be required. But at least for
comparison, the isothermal case was also considered. The respective modelling results are

discussed in section 5.4.2.

5.4.1 Basis equations of the reactor model

For the simulation of a fixed bed RWGS reactor, a one-dimensional heterogeneous reactor
model was applied, i.e. changes of concentrations and temperatures were only considered in
axial but not in radial direction. The differential equations for mass and energy were solved
by using the program Berkeley Madonna. The following assumptions were made for the

adiabatic fixed bed reactor model:

(1) No axial dispersion of mass and heat in the gas as well as in the solid phase.

(2) No heat losses and thus no radial temperature gradient.

(3) The enthalpy of reaction is assumed to be constant, i.e. not a function of the temperature.

(4) The catalyst particle is assumed to be isothermal. In addition, an external heat transfer

resistance is not considered (temperature of particle = temperature of gas phase).

(5) Both pore diffusion and film diffusion concentration gradients were taken into account.

(As shown below, the external resistance is very small, above all at high gas velocities)

For a differential element of the fixed bed (Fig. 5-50) the mass and energy balances are

Ug dz 2 = — Pp rm,eff (512)
dT
Us Pfmol Cp,g E = _ARH Pb Tmeff (5.13)

107



Results and discussion

ug 1is the superficial gas velocity, pj, the catalyst bulk density, 15, .5 the effective reaction
rate (which may be influenced by internal and external mass transfer), ps ., the gas

density, Cp, 4 the heat capacity of the gas, and Az H the enthalpy of reaction.

Ceozo ( \ Ceoz
=) (B P

‘dz !

z

Fig. 5-50: Differential element of the fixed bed reactor and definitions.

The boundary and initial conditions are

T = TO and CCOZ = CCOZ,O When zZ = 0 (514)
dr dcC,
-0 and =2 at all z (5.15)
dz dz

where Ty is the inlet temperature and C¢o,  the inlet gas phase concentration of CO5.

For the simulation of an isothermal reactor (externally heated in an industrial operation) only
the mass balance (Eq. (5.12)) is considered.

The inlet composition of reaction gas mixture only consists of CO, and H,. The reaction
order assumed to be first order for CO; and zero order for H,. The parameters required in the

pore diffusion and external mass transport calculations are given in Table 5-9.

Table 5-9: Model parameters used to calculate the effective rate of CO, hydrogenation.

Parameter Ni/Al15019 AlLLO;
Frequency factor (k,o), m” kg s 1.7-10° 40.9
Activation energy (Ey4), kJ/mol 68.5 72
External mass transfer coefficient (f) at 1000 °C, m/s  2.56 2.56
External mass transfer area (A, cx), m>/kg 0.52 0.69

For the reversible RWGS reaction, the effective reaction rate due to the influence of internal

mass transport only is calculated as
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Ceo Citzo Chy Cﬁzll (5.16)

Tmpore = 1 km,COZ ICCOZ - K
c

The effectiveness factor 7 is a function of the Thiele modulus for a reversible reaction

(Eq. (5.17)) and kyy, ¢, is calculated by the Arrhenius equation (Eq. (4.9)).

d K.+ 11k p
p m,CO D
Preversible = 6 [ : ] : (5.17)
Kc DCOZ,ef f
In case of control by external mass transport, the reaction rate is given by
Tmext = B Am,ext(CCOZ - CCOZ,eq) (5.18)

The values of f and A, ¢+ are calculated by the Egs. (4.22) to (4.27). Other parameters

required for the simulation are given in Table 5-10.

Table 5-10: Reactor and catalyst dimensions, and operating conditions.

Simulation case Notation and unit Values

Reactor and catalyst:

molar specific heat at constant pressure €, ; (J/(mol K)) 30

molar density of fluid (gas) Pf mol (mol/m*)=p/(RT) -

particle density of catalyst Pb (kg/m3 ) 1910 (Ni/Al;1,049)
bulk density of catalyst Pb (kg/m3) 1200 (Ni/Al1,019)
superficial velocity ug (m/s) 0.1-15

particle diameter dp (m) 0.006

enthalpy of reaction AgH{373 ¢ (J/mol) 31800

Operating conditions:
inlet temperature T (°C) 1000 - 1200

pressure p (bar) 1
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The effective rate by the combined influence of internal and external mass transport is

calculated as

1 1 l‘l
(5.19)

Tmeff = l +

rm,pore rm,ext

Note that Eq. (5.19) is only an approximation because in the pore diffusion term the
unknown surface concentration has to be considered (and not the gas phase values) and for
the external mass transport, the equilibrium concentration is only established at the external
surface, if the external mass transfer is the rate depending step. Hence, Eq. (5.19) is only
correct, if only pore diffusion or only the external mass transport play a role. For the regime
between these two extremes, Eq. (5.19) is only an approximation.

The equilibrium concentration of CO; (Cco,eq) Of the RWGS reaction can be calculated

based on the following mass balances for oxygen, hydrogen and carbon:

0: 2Cco,in + Cco,in* Cyo,in = 2Cco,,eq + Cco,eq* Chy0,eq (5.20)
H: CHz,in + CHZO,in = CHz,eq + CHZO,eq (5.21)
C: Ceo,in + Ccoin = Ccoyeq T Ccoeq (5.22)

The equilibrium constant for the RWGS reaction (K, = K_) is defined as

CCO CH (0]
K, = (—2 (5.23)
Cco, Ch, eq

Combination of the Eq. (5.20) to (5.23) leads to

Cco,in + Ccoin — C Cco,in + Cr0in — C
Ccoz,eq — ( CO,,in CO,in COZ,eq)( CO,,in H,0,in COZ,eq) (5‘24)

Kp(CHz,in - CCOZ,in - CCOZ,eq)

Rewriting of Eq. (5.24) in the quadratic formax? + bx + ¢ = 0 yields

[Kp + 1] CCZOZ,eq + [Kp CCOZ,in - Kp CHZ,in - CHZO,in_ 2CCOZ,L'n -

(5.25)
Cco,in] Ccoyeq T [CCOZ,in(CCO,in + CHZO,in) + Cco,in Cry0,in + Cgoz,in] =0

The equilibrium constant K, for the RWGS reaction is given by Twigg [56] as

110



Results and discussion

1
K, = 2
P [exp(—0.29353 Z3 + 0.63508 Z2 + 4.1778 Z + 0.31688) (20
ez - [1000
wnere £ = T(K)

5.4.2 Results of the simulations of technical RWGS reactors

In order to check, whether the external mass transfer has to considered, the reactor

simulation was done at first by using Eq. (5.19) for three different cases:
Case I: kg, >

CaseIl: § = o0

Case III: regular model

The comparison of the conversion of CO, obtained over the reactor length at 1000 °C and
1200 °C for both the adiabatic and the isothermal reactor (Fig. 5-51) at the three different
cases shows that there is almost no influence of the external mass transport on the effective
reaction rate of CO, hydrogenation over the Ni catalyst. The effective reaction rate is only
controlled by the interplay of pore diffusion and of the chemical reaction, which is the

reason that case II and III lead to almost the same result (Fig. 5-51).

The CO, conversion obtained at inlet temperatures of 1000 °C and 1200 °C for both the

adiabatic and isothermal case does not show a very big difference because of two reasons:

(1) The difference of the equilibrium conversion at 1000 °C and 1200 °C is not very
pronounced (82% and 87%, respectively, see Fig. 2-14 for R = 3).

(2) The influence of pore diffusion is pronounced for both temperatures, because the
calculated effectiveness factor is only about 3% and 4% at 1200 °C and 1000 °C,
respectively. So the effective (apparent) activation energy is roughly half of the intrinsic
value of 68.5 kJ/mol (Table 5-9). Hence, an increase of the temperature from 1000°C to
1200 °C only leads to an increase of the effective reaction rate constant by a factor of
1.6. As expected, this is also roughly the difference in reactor length needed to reach a

certain conversion (see Fig. 5-51, regular model for isothermal conditions).
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Fig. 5-51: Axial profiles of CO, conversion for the Ni/Al;;O9 catalyst and three different
cases (Eq. (5.19); ki co, = ©, B — 0, and regular model (Hy/CO; = 3).

The simulated adiabatic temperature profiles at different gas superficial velocities along the
axial reactor coordinate are shown in Fig. 5-52 both for Ni/Al;,09 and Al,O3 as catalyst.

The reaction temperature decreases along the length due to the prevailing endothermic
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RWAGS reaction, i.e. the energy consumption by the reaction leads to a cooling of the gas.
For an inlet gas temperature of 1200 °C and the highest superficial gas velocity of 15 m/s (at
Ty), the adiabatic final temperature of 998 °C is reached at a reactor length of about 0.4 m
for the Ni catalyst and at about 25 m for the Al,O3 catalyst. The respective residence times
(related to the empty tube) are only about 30 ms for the Ni catalyst and about 2 s for the

AlLOs. For lower gas velocities, the required lengths (and residence times) are smaller.
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Fig. 5-52: Axial temperature profiles of an adiabatic reactor for Ni/Al;;0,9 and Al,O3 as
catalysts (H,/CO, = 3).

Similarly, the axial profiles of the CO, conversion are shown in Fig. 5-53 for the simulated

adiabatic and isothermal case both for the Ni and Al,Oj3 catalyst. The conversion of CO, and
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thus the yield of CO increases along the reactor length and reaches the maximum
(equilibrium) value at the reactor outlet. As the gas superficial velocity increases, the reactor
length required to reach the equilibrium also increases. As already stated, an increasing gas
velocity also increases the required length of the reactor to reach (almost) the final
equilibrium value. For the Ni catalyst and an inlet temperature of 1200 °C, an increase from
0.5 m/s to 15 m/s leads to an increase of the reactor length from about 0.013 m to 0.4 m for

the adiabatic reactor and from 0.01 m to 0.3 m for the isothermal reactor.
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Fig. 5-53: Conversion of CO, over Ni/Al;;0;9 and Al,O; catalysts at different gas

superficial velocities versus axial reactor co-ordinate (H,/CO, = 3).

The conversion of CO, to CO obtained at the reactor outlet is about 82% for the adiabatic

reactor and 87% for the isothermal reactor.
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Fig. 5-54 shows the conversion of CO, along the reactor length at different H,/CO, ratios for
the adiabatic and isothermal simulation (again both for the Ni and Al,O3 catalyst). As the
ratio H,/CO; increases, the conversion of CO; raises along the reactor length. For example,
if the inlet ratio of H,/CO, is increased from 1 to 6, the conversion of CO, at the reactor
outlet increases from about 55% to 91% for the adiabatic reactor and from 62% to 93% for
the isothermal reactor. But high inlet H,/CO, ratios also increase the H,/CO ratio of the
produced syngas, which then may not be optimal for a subsequent Fischer Tropsch
synthesis. The H,/CO ratio of the syngas at the reactor outlet (Rgyngss) for different Hy/CO,
ratios of the feed to the RWGS reactor is shown in Fig. 5-55.

100 rR=6 ]
. —x7
R=3
T 60 | Y femmmmmmmmmmmmmmmmmmmmmmmmmeoeoo
F
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Fig. 5-54: Conversion of CO, over Ni/Al;;09 and Al,O; catalysts at different inlet gas

composition versus axial reactor co-ordinate (us = 15 m/s, R = Hy/COy).

115



Results and discussion

----- Isothermal

5 —— Adiabatic

1200 °C

Rsyngas = Ho/CO (reactor outlet)

0 T 1 1 1
1 2 3 4

Rieea = Ho/CO,

(6]
o))

Fig. 5-55: Molar H,/CO ratio of the syngas (Rsyngas) at the reactor outlet for different molar
H,/CO; ratios of the feed (Rfeeq) to the RWGS reactor (p = 1 bar).

Fig. 5-55 indicates that an almost optimal H,/CO ratio of the syngas of slightly above two
(to account for the methanation, which always takes place during Fischer Tropsch) is
reached for a H,/CO, ratio of the feed of about three. This ratio was therefore used for

further simulations.

As mentioned before, the reactor length required to get a particular conversion depends upon
the gas inlet temperature, the gas superficial velocity, and the inlet gas composition. For the
RWGS reaction over the Ni/Al;,0,9 catalyst (inlet temperature of 1200 °C, inlet H,/CO,
ratio of 3), the reactor length required to reach 99% of the equilibrium conversion in the

adiabatic and isothermal case is shown in Fig. 5-56.

Fig. 5-57 shows the similar pattern for Al,O; catalyst. As the effective rate of the RWGS
reaction over Al,O3 is by about a factor of 40 lower compared to the Ni catalyst, the reactor

length required is much higher compared to Ni/Al;,0,9 catalyst to get the same conversion.
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Fig. 5-56: Reactor length required for 99% of equilibrium conversion in adiabatic reactor
(Xco2 = 81%) and isothermal reactor (Xco» = 86%) versus superficial gas

velocity over Ni/Al;,0g catalyst (H,/CO, = 3, p =1 bar).
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Fig. 5-57: Reactor length required for 99% of equilibrium conversion in adiabatic reactor
(Xco2 = 81%) and isothermal reactor (Xcor = 86%) versus superficial gas

velocity over Al,O3 catalyst (Ho/CO, =3, p =1 bar).
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5.4.3 Pressure drop in fixed bed technical RWGS reactors

According to Ergun [107], the pressure loss in a fixed (packed) bed is given by

L pfugl (5.27)

Ap, = —
Pp lf b d, 2
where pr is the density of the fluid (kg/m3), fp the friction factor of a packed bed, which is

given by the following equation based on the particle Reynolds number, Re = u; d,, /v:

_ (1—€p) 300
fb = T [35 + (1 - Eb) E] (5.28)

For non-spherical particles an equivalent particle diameter is used

7o
d, = (5.29)

Am,ext

which is the diameter of a sphere with the same external surface area per unit volume as the

actual particle.

For a packed bed of spheres (equal diameter, porosity €, = 0.4), Eq. (5.28) simplifies to

1700
f, =33+ —Re (5.30)

The particle diameter and the fluid velocity have a strong influence on Ap,. As we can see
by insertion of Eq. (5.30) into Eq. (5.27), 4p,, is proportional to ug /d,z, for low values of

Re and to u¢/d,, for high values.

The production of syngas by CO, hydrogenation would most probably been done at the
typical pressure of the subsequent production of liquid fuels via Fischer Tropsch synthesis.
Hence, a total pressure of 30 bar, a maximum pressure drop of 1 bar, and an inlet
temperature of 1200 °C are assumed for the final simulation of a technical RWGS reactor. In
addition, only adiabatic operation is subsequently considered, as this type of operation is
much easier to realize in a technical reactor compared to isothermal operation. The fluid
density and viscosity are calculated at 1100 °C (average temperature in adiabatic reactor).
Values of the required parameters to calculate Ap,, are given in Table 5-11. Fig. 5-58 shows
that the pressure drop per meter length strongly increases with increasing superficial gas

velocity. In case of the Al,O3 catalyst and an adiabatic fixed bed reactor, the superficial gas
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velocity should be less than 1.7 m/s to limit the pressure drop to the assumed value of 1 bar.
The reactor length is then 2.8 m (to get 99% of the equilibrium conversion) (Fig. 5-57). At
this velocity, Ap, /L is about 0.38 bar/m and so Ap, = 1 bar over the total reactor length. In
case of the Ni/Al;;O;9 catalyst and at same superficial gas velocity of 1.7 m/s, a reactor

length of 0.05 m (Fig. 5-56) would be sufficient and Ap, would only be about 0.02 bar.

The respective gas velocity for the Ni/Al;;,Og catalyst, where the assumed limiting value of

Ap,, of 1 bar is reached, is 6.7 m/s (reactor length of 0.18 m).

Table 5-11: Model parameters used to calculate the pressure drop of a RWGS reactor.

Parameters (30 bar, 1100 °C) Values
Kinematic viscosity (v), m?/s 6-10°
Fluid density (py), kg/m’ 4.65
Particle diameter (d,), m 0.006
Particle Reynolds number (Re) at ug = 1 m/s 1000
Friction factor (f;) at ug =1 m/s 34.7
100 -
1 Ap, = 1 bar (Ni/Al;5,0,4)
10 -
] Ap, = 1 bar (ALLO,)
— Ap,= 0.02 bar (Ni/Al;,0,¢)
E 1;
S E
2, ]
= 0.1 -
o ]
g
- T=1100°C
0.01 p = 30 bar
0.001 - T T T T T T T L T T T T T T T T
0.1 1 10

Superficial gas velocity, u, [m/s]

Fig. 5-58: Pressure drop in fixed bed reactor per meter length for different superficial gas

velocities.
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5.4.4 Estimation of the size of the RWGS reactor with regard to a subsequent Fischer

Tropsch fixed bed reactor

It is interesting to estimate the size of an adiabatic RWGS reactor (both for the investigated
Ni- and the Al,O; catalyst) needed for a subsequent Fischer-Tropsch (FT) reactor. Accor-
ding to the data given by Jess and Kern [48], the parameters of a technical FT reactor are as

follows:

o The FT reactor is a multitubular reactor with 8000 tubes each with a diameter of 5 cm.
o The total volume rate of fresh (dry) syngas is about 160,000 m’/h (NTP).

o The total pressure is around 30 bar.

The reactor length required to get 99% of the equilibrium conversion of CO; is calculated as
Logy, xcoz,eq = Ti Us (i: Ni- or Al,Os-catalyst) (5.31)
And the length to reach a certain Ap,, (in this calculation Ap, = 1 bar) as

_ 2 Apb dp

== (5.32)
fo Pr u?

App

For the estimation of the design of the adiabatic RWGS reactor, the following assumptions

were made:

o For the assumed volume rate of dry syngas of 160,000 m’/h (NTP), the volume rate
through the RWGS reactor is 201,000 m>/h (NTP), because for a CO, conversion of 81%
(reached in adiabatic operation) 20% of the syngas is water, which is separated. At a

mean temperature of 1100 °C and 30 bar, this corresponds to 34,000 m’/h (=94 m3/s).

o For the Ni/Al},0,9 catalyst, the residence time required to get 99% of the equilibrium
conversion of CO; is 0.027 s (see Fig. 5-56); the respective value for the Al,O5 catalyst
is 1.65 s (see Fig. 5-57). (Remark: Pore diffusion is only determined by Knudsen
diffusion. Hence, there is practically no influence of the total pressure on the effective

reaction rate (constant) and thus also not on the required residence time.)
o For the pressure drop in the RWGS reactor a limiting value of 1 bar is assumed.

The dimensions of the fixed bed of the RWGS reactor are then estimated as follows.

(a) Ni/Al;019 catalyst: At a superficial gas velocity of 6.7 m/s, the reactor length required

to get the 99% of the equilibrium conversion of CO; is 0.18 m and the assumed pressure
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drop of 1 bar is also just reached (Fig. 5-59). As this length is rather small, a length of

0.5 m can be assumed to be appropriate (to be on the safe side with regard to bypass

effect etc.), even if the pressure drop then increases to 2.5 bar. The cross-sectional area

of the RWGS reactor is 1.4 m* (ratio of volume rate of 9.4 m’/s and gas velocity of

6.7 m/s), the reactor diameter 1.3 m, and the volume of the catalyst is 0.7 m°.

10 - .
] \
\
\ . )
-E- . Adiabatic reactor
£ NS Apy =1 bar
% N, ALO,
5 < Ap, =1 bar
g .
o« '~ Apy, =1 bar
~ .
. ~ . N|/AI12019
0.1 T T T T T T \l 7
0 2 4 6 8 10

Superficial gas velocity, u, [m/s]

Fig. 5-59: Reactor length versus superficial gas velocity: dashed-dotted line: length, where a

pressure drop of 1 bar is just reached; lines: length required to reach 99% of

equilibrium conversion (Xco2 = 81%).

(b) Al,O5 catalyst: Now a lower superficial gas velocity of 1.7 m/s has to be adjusted to

reach 99% of the equilibrium conversion of CO, and also a pressure drop of 1 bar

(Fig. 5-59). The corresponding length of the fixed bed is about 2.8 m, and the cross-

sectional area 5.5 m” (2.6 m diameter). Increasing the reactor length by 1 m (total length

of 3.8 m) to be on the safe side then corresponds to a volume of the Al,O3 catalyst of

about 21 m’>, which is by a factor of 30 higher compared to the Ni-catalyst.

These estimations clearly show that for both catalysts, the required volume is rather small to

deliver the syngas for a huge technical FT reactor. The question, whether the Ni- or the Al-

catalyst should be used is then a question of the costs of the catalyst and even more

important of the long term stability of the catalyst, which should be determined by further

investigations.
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6. Summary and outline

Motivation and background of work: The consumption of fossil fuels is growing
continuously and with that the release of CO, into the atmosphere by their combustion.
Every year billion tons of anthropogenic CO, are emitted into the atmosphere, which has an
impact on the environment such as global warming. The capture and storage of CO, is
questionable. Therefore the conversion of CO, to useful chemicals and fuels is probably a
more attractive option. Hence, there is a considerable need for research on the utilization of
CO; in the production of liquid fuels. As a concept for sustainable development, it is

possible to produce liquid fuels from CO, by the following steps:

e (Capture and separation of CO, from flue gas (or in future even from air),
e production of H, by high temperature water electrolysis and non-fossil electricity,
e conversion of CO; to CO by the reverse water gas shift reaction, and finally

e conversion of CO (and H>) to liquid fuels via Fischer Tropsch synthesis.

In this work the CO, hydrogenation was investigated mainly at high temperatures over a
Ni/Al;,019 catalyst, i.e. at conditions where the reverse water gas shift reaction is favoured

thermodynamically and CO and H,O are the main products.

Outline of the experimental study: The experimental studies on CO, hydrogenation, CO
hydrogenation, and the water gas shift reaction over the Ni catalyst were carried in a lab

scale fixed bed reactor.

The reactions were carried out in the wide temperature range at atmospheric pressure. The
influence of reaction parameters such as reaction temperature, concentration of reactants,
residence time, and catalyst particle size was studied. The kinetics were determined for all
three reactions (i.e. CO, hydrogenation, CO hydrogenation, and water gas shift reaction), i.e.
the intrinsic and the effective kinetics (influence of internal and external diffusion) were

determined. Beside of the Ni catalyst, other catalysts such as Al,O3 were tested.

Results of the experiments: The results of the experiments can be summarised as follows.

Hydrogenation of CO,: To get a basic idea about the activity of the catalysts for CO,

hydrogenation, various commercial catalysts were tested (see Table 5-4). Among all the
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studied catalysts, Ni/Al;,O;9 exhibits the highest activity. Therefore, the detailed kinetic

study of CO, hydrogenation was performed using this catalyst.

In CO; hydrogenation, the conversion of CO; and the yield of CO increases with increase in
temperature (300 to 950 °C) while the yield of methane increases up to 500 °C and then
continuously decreases due to thermodynamic limitations. At high temperatures, the
equilibrium conversion was nearly achieved. For example, at 950 °C and atmospheric
pressure about 94% of the equilibrium conversion was reached at the residence time of only
18.3 ms (empty tube) with a catalyst particle size of less than 0.5 mm size, where the
external mass transfer controlled regime does not have an influence. The long time on
stream behaviour of the Ni catalyst at 900 °C and atmospheric pressure shows a very good
stability. The intrinsic kinetic parameters (activation energy and frequency factor) calculated
by the Arrhenius equation are 65 kJ/mol and 5.55 - 10* m'” mol™ kg™ s, respectively. The

reaction rate of CO, hydrogenation can be described by the following equation:

Tm,co, = km,COz Cgblz 613'24 (6-1)

The influence of mass transfer resistances on the effective reaction rate of CO,
hydrogenation was calculated for the spherical Ni catalyst. The comparison of the
experimental results with the calculated ones shows a good agreement for the combined
influence of the pore diffusion and external diffusion on the effective reaction rate for the
used shell catalyst. The catalyst performance is more and more controlled by external mass
transfer above a temperature of about 900 °C, at least for the low gas velocities of the

experiments.

Hydrogenation (methanation) of CO: The hydrogenation of CO is an exothermic reaction

and thermodynamically favored at low temperatures. The conversion of CO increases with
increasing temperature up to 450 °C and then decreases. In the temperature range of 480 to

710 °C the catalyst deactivates due to coke formation.

The reaction orders obtained at 340 °C and atmospheric pressure in CO hydrogenation were
-0.3 and 0.7 for CO and H,, respectively. The activation energy and frequency factor are

102 kJ/mol and 2.35 - 10> m'? mol’® kg™ s, respectively.

The mass transfer calculations for the shell catalyst show an influence of pore diffusion

above a temperature of about 420 °C. Due to the catalyst deactivation, the calculated values
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for the effective reaction rate by the combined influence of pore and external diffusion are

much higher than the measured ones in the high temperature range.

Water gas shift reaction (WGS): The water gas shift reaction was also studied as the reverse

reaction of CO; hydrogenation. The reaction is exothermic and therefore thermodynamically

most favoured at low temperatures. H, and CO, are the main products of the WGS reaction.

The conversion of CO and the yield of CO, rise with temperature up to 450 °C, and no CHy
formation as well as catalyst deactivation was observed. In the temperature range of 500 to

700 °C, the Ni catalyst shows deactivation due to coke formation.

Both reactant concentrations (CO, H,0O) show a positive impact on the WGS reaction while
the addition of product components (CO,, H,) to the reaction mixture shows a negative
impact. The reaction orders obtained for CO, H,O, CO,, and H, are 0.8, 0.4, -0.1, and -0.15,

respectively. Almost no CH4 formation was observed.

The activation energy Ea and frequency factor ky, o over the Ni catalyst for the WGS reaction
are 96 kJ/mol and 3.46 - 10> m>® mol®* kg s, respectively. Mass transfer calculations for
the shell catalyst show an influence of pore diffusion above 350 °C. Due to catalyst
deactivation in a temperature range from 500 to 700 °C, the measured values of the effective
reaction rate decreases. For temperatures of more than 900 °C, the effective reaction rate is

also influenced by external mass transfer.

Finally, a one dimensional adiabatic and isothermal fixed bed reactor model was used to
simulate a technical reactor for the production of syngas via CO, hydrogenation over
Ni/Al;,09 catalyst as well as for Al,O3 as catalyst. The axial profiles of temperature and

conversion were calculated.

The effective rate of the RWGS reaction over Ni/Al;,09 catalyst is by about a factor of 40
higher compared to the Al,O3 catalyst, and thus the reactor length required is much lower

compared to the Al,Oscatalyst to get the same conversion.
Outline

The long term stability of the Ni and the Al,Oscatalyst should be tested in more detail and -
if possible - for a period of several weeks. Thereby a temperature of even more than 1000 °C

should be realized by an appropriate reactor and heating system.
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7. Zusammenfassung und Ausblick

Motivation und Hintergrund der Arbeit: Aufgrund der weltweit wachsenden
Industrialisierung und dem damit verbundenen steigenden Wohlstand wird der Verbrauch
fossiler Energietrager (Erdgas, Erdol und Kohle) vermutlich weiterhin wachsen. Dies be-
deutet auch, dass der CO,-Ausstof} in die Atmosphére zunehmen wird, was voraussichtlich

zu einer weiteren Verstarkung des natiirlichen Treibhauseffektes fiihrt.

Um einen weiteren Anstieg der CO,-Konzentration in der Atmosphire zu verhindern bzw.
zu begrenzen, wird eine CO,-Abtrennung aus Kraftwerksrauchgasen und eine anschlielende
Sequestrierung erwogen (CCS-Technologie, Carbon Capture and Storage). Diesem
Konzept steht aber ein Mangel an hierfiir notwendigen Lagerstitten entgegen. Aullerdem ist
noch nicht eine sichere unterirdische Lagerung des CO, iiber einen sehr langen Zeitraum
gewihrleistet. Hinzu kommt eine moglicherweise mangelnde Akzeptanz in der

Bevolkerung.

Eine Alternative zur CCS-Technologie ist die chemische Nutzung von (abgetrenntem) CO,.
CO, kann als Synthesebaustein in der chemischen Industrie genutzt werden oder als
Einsatzmaterial zur Kraftstoffproduktion dienen. Der letztgenannte Ansatz ist im Hinblick
auf die Klimaproblematik sicherlich der sinnvollere, da im Vergleich zu den Produkten der
industriellen organischen Chemie deutlich mehr Kraftstoffe (wie Benzin und Dieselol)
verbraucht werden. Derzeit besteht allerdings noch ein erheblicher Forschungsbedarf, um

CO;, als Synthesebaustein bzw. fiir die technische Herstellung von Kraftstoffen einzusetzen.

Ein Konzept zur nachhaltigen Produktion von Kohlenwasserstoffen auf CO,-Basis besteht

aus folgenden Reaktionsschritten:

o Abtrennung und Reinigung des CO, aus Abgasen (oder zukiinftig aus der Luft),

o Wasserstoffproduktion mittels Hochtemperaturwasserelektrolyse auf der Basis von
Strom aus nicht fossilen Energiequellen (Wind- oder Sonnenenergie),

o Reverse Wasser-Gas-Shift (RWGS) Reaktion zur Umwandlung von CO, mit
Wasserstoff in CO und schlieBlich

o die Fischer-Tropsch Synthese zur Produktion von Kohlenwasserstoffen aus dem vorher

erzeugten Synthesegas (CO/Hy).
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In der vorliegenden Arbeit wurde der dritte Schritt, die RWGS-Reaktion, untersucht. Dabei
wurde vor allem ein aluminiumoxidgetrigerter Nickelkatalysator (Ni/Al;,0;9) verwendet.
Da die RWGS-Reaktion endotherm verlduft, wurde die Reaktion bei hohen Temperaturen

durchgefiihrt, um CO (und H,O) als Hauptprodukte zu erhalten.

Ubersicht zu den experimentellen Untersuchungen: Die experimentellen Untersuchungen
aller Teilschritte (Methanisierung, Wasser-Gas-Shift bzw. RWGS) wurden in einem Fest-
bettreaktor unter Verwendung des oben genannten Nickelkatalysators bei Normaldruck
durchgefiihrt. Neben der Temperatur wurden auch die Konzentrationen der Reaktanten, die
Verweilzeit und die Katalysatorpartikelgrole variiert. Fiir jede Reaktion erfolgte eine
Bestimmung sowohl der intrinsischen als auch der effektiven Reaktionskinetik. Neben dem

Nickelkatalysator wurden auch andere Katalysatoren wie z.B. Al,O; getestet.

Die experimentellen Ergebnisse lassen sich folgendermafen zusammenfassen.

CO,-Hydrierung: Zunichst wurden verschiedene kommerzielle Katalysatoren untersucht

(siehe Tab. 5-4), um ein grundsitzliches Verstindnis fiir die Aktivitidt der Katalysatoren fiir
die CO,-Hydrierung zu erhalten. Hierbei zeigte der Ni/Al;;Ojo-Katalysator die hochste
Aktivitat. Daher wurden die weitergehenden kinetischen Untersuchungen zur CO»-

Hydrierung mit diesem Katalysator durchgefiihrt.

Erwartungsgemil3 erhohen sich der CO,-Umsatz und die CO-Ausbeute mit steigender
Temperatur (300 — 950 °C). Bis zu einer Temperatur von 500 °C steigt zunéchst auch die
Methanausbeute an, um dann aufgrund der thermodynamischen Limitierung wieder abzu-
fallen. Bei hohen Temperaturen wurden Umsitze erzielt, die sehr nahe am Gleichgewicht
liegen. So konnte beispielsweise bei 950 °C ein Umsatz von 94 % des Gleichgewichts-
umsatzes erhalten werden (leerrohrbezogene Verweilzeit: 18 ms). Die Partikelgrole wurde
mit weniger als 0,5 mm so gewihlt, dass der dullere Stofftransport keinen Einfluss hat. Der
Nickelkatalysator zeigte bei 900 °C zudem eine sehr gute Langzeitstabilitit. Die Berechnung
der intrinsischen kinetischen Parameter ergab eine Aktivierungsenergie von 65 kJ/mol und
einen Hiufigkeitsfaktor von 5,55 - 10> m" mol®’ kg'1 s'!. Die Reaktionsrate der CO»-

Hydrierung kann durch folgenden Ansatz beschrieben werden:

_ 01 0,4
Tm,co, = Km,co, Cco, CH, (7-1)
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Die Berechnung des Stofftransporteinflusses auf die effektive Reaktionsrate der CO,-Hy-
drierung zeigt, dass die experimentellen und berechneten Ergebnisse gut iibereinstimmen.
Bei dem verwendeten Schalenkatalysator (Durchmesser 3 mm, Schichtdicke 0,5 mm) beein-
flusst sowohl die Porendiffusion als auch der externe Stofftransport die effektive Reaktions-
rate. Bei den experimentell eingestellten geringen Gasgeschwindigkeiten wird die Kataly-

satorleistung oberhalb von 900 °C zunehmend durch den externen Massentransfer bestimmt.

CO-Hydrierung (Methanisierung): Die Methanisierung ist exotherm und somit bei niedrigen

Temperaturen thermodynamisch begiinstigt. Daher steigt der CO-Umsatz mit wachsender
Temperatur an, um ab ca. 450 °C schlieBlich zu fallen. Zwischen 480 und 710 °C deaktiviert

der Katalysator aufgrund der hier einsetzenden Koksbildung.

Die Reaktionsordnungen wurden bei 340 °C und Atmosphérendruck bestimmt. Fir CO
ergibt sich ein Wert von -0,3 und fiir Wasserstoff von 0,7. Die Aktivierungsenergie betrigt

102 kJ/mol und der Hiufigkeitsfaktor hat einen Wert von 2,35 - 10° m"? mo1®® kg'1 st

Die Berechnungen zum Stofftransport lassen fiir den Schalenkatalysator einen Einfluss der
Porendiffusion oberhalb von 420 °C erwarten. Die berechneten Werte der effektiven
Reaktionsrate weichen allerdings bei hohen Temperaturen von den experimentellen Werten

ab. Dies ist auf die dann auftretende Deaktivierung des Katalysators zuriickzufiihren.

Wasser-Gas-Shift Reaktion (WGS): Die WGS-Reaktion wurde ebenfalls untersucht, da es
sich hier um die Riickreaktion der CO,-Hydrierung (RWGS) handelt. Die Hauptprodukte
der WGS-Reaktion sind daher Wasserstoff und Kohlendioxid. Diese Reaktion ist exotherm

und wird folglich bei niedrigen Temperaturen thermodynamisch begiinstigt.

Bis zu einer Temperatur von 450 °C erhdhen sich sowohl der CO-Umsatz als auch die CO;-
Ausbeute. Gleichzeitig konnte in dem untersuchten Temperaturfenster weder eine
Methanbildung noch eine Deaktivierung des Katalysators beobachtet werden. Im
Temperaturbereich von 500 bis 700 °C zeigt der Nickelkatalysator eine Deaktivierung, die

durch eine Verkokung des Katalysators hervorgerufen wird.

Die Zugabe beider Reaktanten (CO, H,O) iibt einen positiven Einfluss auf die WGS-
Reaktion aus, wihrend (wie zu erwarten) die Beimischung der Produkte (CO,, H,) einen
negativen Einfluss auf die Reaktionsrate aufweist. Die Bestimmung der Reaktionsordnung
fiir die einzelnen Komponenten ergab: 0,8 (CO), 0,4 (H,0), -0,1 (CO,) und -0,15 (H,). Die

Bildung von Methan fand im untersuchten Parameterbereich nur untergeordnet statt.
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Die Aktivierungsenergie der WGS-Reaktion (Ni-Katalysator) betriagt 96 kJ/mol. Der Wert
des Haufigkeitsfaktors liegt bei 3,46 - 10° m*° mol®* kg'1 s, Stofftransportberechnungen
fiir den Schalenkatalysator zeigen oberhalb von 350 °C einen Einfluss der Porendiffusion.
Bedingt durch eine Katalysatordeaktivierung nimmt die effektive Reaktionsrate im
Temperaturbereich zwischen 500 und 700 °C ab. Oberhalb von 900 °C wird die effektive

Reaktionsgeschwindigkeit mehr und mehr durch den externen Massentransfer bestimmt.

Zur Modellierung eines technischen Reaktors zur Herstellung von Synthesegas durch die

CO,-Hydrierung wurde fiir beide Katalysatoren (Ni/Al;;019; Al,O3) das Modell eines ein-
dimensionalen Festbettreaktors verwendet, d.h. die axialen Temperatur- und Umsatz-Profile

wurden berechnet. Dabei wurde der adiabate und auch der isotherme Fall beriicksichtigt.

Die effektive Reaktionsrate der RWGS-Reaktion am Ni/Al,0,9-Katalysator ist im Ver-
gleich zum Al,Os-Katalysator um den Faktor 40 hoher. Fiir einen gegebenen Umsatz kann

die Reaktorlinge fiir den Ni-Katalysator entsprechend wesentlich kiirzer gewéhlt werden.

Ausblick

Ausgehend von den in dieser Arbeit erhaltenen Ergebnissen sollten in weiterfithrenden
Untersuchungen sowohl fiir den Ni-Katalysator als auch fiir den Al,Os-Katalysator ihre
Langzeitstabilitaten untersucht werden. Hierzu sind Versuchszeiten von einigen Wochen
anzustreben, um aussagekriftige Daten zu generieren. Weiterhin sollten Temperaturen von
mehr als 1000 °C eingestellt werden, da dann der erreichbare CO,-Umsatz bei der RWGS
allein schon aus thermodynamischen Griinden noch hoher ist (> 90%). Hierzu muss die
bestehende Versuchsanlage mit einem Reaktor, der diesen Temperaturen standhilt, sowie

einem entsprechenden Heizsystem ausgestattet werden.
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A.1 Utilization of CQO; in catalytic conversion processes

The detailed description for the synthesis of value added products using CO; is given in this

section.

A.1.1 Salicylic acid formation

The direct synthesis of salicylic acid via the coupling of CO, with phenol is a “green
process”, useful for the chemical fixation of CO,. Salicylic acid is widely used in the
industry as a raw material and intermediate for the production of pharmaceutical and fine

chemicals.
CcHsOH + C0O, = Cx,H,(OH)COOH (A-1)

Salicylic acid can be obtained by carboxylation of phenol with a carbon dioxide in presence
of Lewis acid catalysts. AlBrs3 as a catalyst showed the best activity and selectivity towards
salicylic acid among the various Lewis acids examined [108]. At 80 °C and 8 MPa, the yield
of salicylic acid reached to 60% with the selectivity of 100% in 1 h. Several types of base
metal oxides such as alumina, zirconia, ceria, and alkali metal and alkaline earth metal salts
have been used for the synthesis of salicylic acid [109, 110]. Potassium carbonate as a
catalyst under optimum condition yields 68% of salicylic acid with 99% selectivity. The
systematic investigation for the direct reaction of supercritical CO, and phenol over the

catalysts like ZrO,, TiO,, and KF/NaY+Mn2+, 71O, was investigated [1].

A.1.2 Synthesis of urea and urea derivatives

The process of urea synthesis from carbon dioxide and ammonia was developed in 1922,
and is called the Bosch-Meiser urea process. This non-catalytic process still exists and

operates at relatively high pressure and high temperature.
2NH; + CO, = H,NCOONH, (A-2)

H,NCOONH, = NH,CONH, + H,0 (A-3)

131



Appendix A

The production of urea involves formation of ammonium carbamate (NH,COONH,) using
ammonia and CO,. Ammonium carbamate subsequently gets dehydrated into urea and water
by the application of heat. The first reaction is fast, exothermic, and basically goes to
completion, while the second one is relatively slow, endothermic, and does not go to
completion [111]. Both of these reactions are reversible and therefore ammonia and carbon
dioxide exit the reactor along with ammonium carbamate and urea. Thus, the conversion
based on CO; is usually in the order 50 to 80% [111]. The components of this mixture in the
product stream are then separated by stripping off gaseous ammonia followed by carbon

dioxide.

The worldwide urea production in 2008 was 146 million metric tons which corresponds to
107 million metric tons of CO, consumption per annum [112]. Hence in the chemical
industry, only this process has a certain potential of CO, reduction. Urea is mainly used for
fertilizers but urea derivatives are used in the various other areas such as agrochemicals,
pharmaceuticals, antioxidants in gasoline, and corrosion inhibitors [113]. Commercially urea
derivatives are synthesised by using toxic phosgene as well as carbon monoxide. In a new
approach, urea derivatives are produced by using amines and CO, as a carbonyl agent via
catalytic and non-catalytic processes. The carbonylation of amines using CO; is simple, safe,
and a clean process which avoids the use of poisonous compounds like phosgene and CO
[114, 115]. The reaction of CO, with primary aliphatic amines also leads to urea derivative
[114]. The process using the ionic liquid [Bmim]CI with CsOH as catalyst yields about 98%

of an urea derivative [115].

A.1.3 Styrene synthesis

Commercially styrene is produced by ethylbenzene dehydrogenation using potassium
promoted iron oxide as a catalyst with a large excess of superheated steam at 600 to 650 °C.
The steam plays an important role in ethylbenzene dehydrogenation as it shifts the
equilibrium towards higher conversions, decreases the amount of coke formation and supply

the heat for the reaction. A new route uses carbon dioxide for the dehydrogenation:
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Conventional route:

e Q)
Z (A-4)

Ethylbenzene Styrene

New CO»-based route:

CO, @\/ + CO + H,0
(A-5)

Ethylbenzene Styrene

The catalytic conversion of ethylbenzene using CO, have been discussed recently by Park et
al. [116]. The direct utilization of CO, as an oxidant in the dehydrogenation of ethylbenzene
to styrene offers several advantages. The main advantages shown in different studies [117-119]
are the acceleration of the reaction rate, the drop in temperature, the enhancement of the
conversion of ethylbenzene and of the selectivity. Moreover, the energy consumption for the
ethylbenzene dehydrogenation using carbon dioxide is much lower than the currently

operating process using steam [116].

The dehydrogenation of ethylbenzene to styrene in the presence of CO, was also studied
over MnO,-ZrO, [117], SnO,-ZrO, mixed oxide nano-composite [118], cromia based
catalyst [119], Co, Mo and CoMo catalysts supported on natural and aluminium-pillared
clays [120], and a CeO,—ZrO, mixed oxide supported SBA-15 catalyst [121]. In these
catalytic systems, acidic and basic sites cooperatively activate CO, as well as ethylbenzene,
which lead to a higher conversion of ethylbenzene. An attempt to use CO, as a diluent and
oxidant over an activated carbon-supported iron catalyst have made by Sugino et al. [122].
The addition of 20 to 30 mol% lithium nitrates to the iron catalyst resulted in a significant

increase in the catalytic activity.

A.1.4 Dimethyl carbonate (DMC) synthesis

The conventional DMC synthesis use toxic phosgene. The use of carbon dioxide in the
synthesis of DMC presents an environmentally friendly and attractive approach since it

replaces phosgene and chlorine [123, 124].
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Conventional route:
COCl, + 2CH3;0H — CH30COO0CH; + 2HCI (A-6)
New CO»-based route:
CO, + 2CH;0H - CH3;0CO0CH; + H,0 (A-7)

DMC has been synthesized using CO, and methanol over solid oxide catalysts like ZrO,
[125, 126]. The dissociative adsorption of CO; occurs faster than the adsorption of methanol
on ZrO; and species formed from methanol are bound more strongly. DMC also has been
synthesized using base catalysts like K,CO3; Na,CO3 Cs,CO3 and CH3l as a promoter [127].
The use of an ionic liquid along with CH3l as a promoter over KOH catalyst shows an
increase in the yield of DMC [128]. The utilization of CO, for synthesis of DMC is very
beneficial because DMC itself is a unique molecule and can be used in new environmentally
friendly reactions to replace some of the environmentally harmful processes like trans-

esterification of DMC with phenol that produces methyl phenyl carbonate [129].

A.1.5 Methanol synthesis

Methanol is used as an important chemical feedstock for the synthesis of many compounds
such as acetic acid, formaldehyde, methyl tert-butyl ether (MTBE), methyl methacrylate
(MMA) and chloromethane. The first industrial plant for methanol production using
synthesis gas was constructed by the BASF in 1923. This process was operating under high

pressure of about 20 MPa and at 300 °C using a zinc oxide/chromium oxide catalyst [5].

Due to the environmental impact, methanol synthesis through the carbon dioxide
hydrogenation has attracted worldwide research interest. The potential use of CO, to replace
CO in the methanol synthesis is also an effective way of CO, utilization [130]. The
methanol synthesis from CO; has two possible mechanisms. One is the direct conversion of
carbon dioxide to methanol (Eq. (A-8)) and the second one is the conversion of CO, to CO
and H,O via the RWGS reaction with subsequent conversion of CO and H; to methanol
(Eq. (A-9)). Commercially methanol has been produced from coal and natural gas

containing small amount of CO, along with CO and H; as a feedstock [131].

€O, + 3H, » CH;0H + H,0, AH°ogx = —49.58 kJ/mol (A-8)
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CO + 2H2 d CH30H, AHOZQSK = _90.77 k]/mol (A'g)

The methanol formation is an exothermic reaction, so thermodynamically favored at low
temperatures and high pressures. During the reaction hydrogen can be consumed by CO; in
reverse water gas shift reaction and reduce the methanol formation. A recent study show that
a mixture of a proper proportion of CO, and CO for methanol synthesis is not only increases
the methanol yield but also decrease the apparent activation energy of the reaction [132].
The presence of CO, could maintain the active copper sites in the oxidation state or prevent
an over-reduction of the ZnO component of Cu/Zn catalysts during methanol synthesis
[132]. Table A-1 shows the data reported for conversion of CO, and the selectivity to

methanol using CO, over Cu/Zn/ZrO, containing catalyst.

Table A-1: Methanol synthesis by CO, hydrogenation using Cu/Zn/ZrO, containing

catalyst.

Catalyst Preparation method T,°C Xcoz, % Smeon, %  Ref.

Cu/Zn/ZrO, coprecipitation 250 194 29.3 [133]
Cu/Zn/ZrO, coprecipitation 220 21 68 [134]
Cu/Zn/ZrO, coprecipitation 200 5.9 47.5 [135]
Cu/Zn/ZrO, urea nitrate combustion 240 17 56.2 [136]
Cu/Zn/ZrO, glycine nitrate combustion 220 12 71.1 [137]
Cu/Zn/Al/ZrO, coprecipitation 240 18.7 47.2 [138]
Cu/Zn/Ga/ZrO, coprecipitation 250 - 75 [139]

The presence of ZrO, enhances Cu dispersion which leads to an improved catalytic activity
and stability towards methanol formation [133, 136]. The addition of an optimum amount of
metal oxides like Ga,0s3, Al,O3, ZrO,, and Cr,O3 as a modifiers increases the methanol

synthesis activity and the stability of Cu/ZnO-based ternary catalysts [135, 138-140].

A novel approach was employed using low temperature of about 170 °C and 5 MPa pressure

in a semi-bath autoclave reactor with 2-butanol as a solvent [141]. CO, conversion and
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selectivity towards methanol obtained over a Cu catalyst was about 26% and 73%,

respectively.

Although much attention has been given to the methanol synthesis from CO/H,, CO,/H; and
CO/CO,/H; using fixed bed technology, some important subjects of investigation are still
under discussion: (1) whether the active site is Cu’ or Cu™, (2) whether the carbon source
for methanol synthesis is CO, or CO, (3) whether there is special interaction between the Cu
metal and oxide support, and (4) whether the water formed during methanol synthesis has

any influence on the catalytic activity.

A.1.6 Formic acid synthesis

The synthesis of formic acid is another alternative to convert carbon dioxide into valuable
products. Formic acid is widely used as a pickling agent, as a reducing agent, as an
antibacterial agent, a mordant in the dyeing industry, disinfectant and preservative agent in
sanitary stations, and as a neutralizer in the tanning industry [142]. It has been also used as a
raw material in the chemical industry for the production of formate ester, which is important
feedstock for the synthesis of various organic derivatives like aldehydes, ketones, amides,
and carboxylic acids [142]. Formic acid has been produced directly by the hydration of
carbon monoxide, and by the hydrolysis of methyl formate. The synthesis of formic acid by
direct CO; hydrogenation was first reported by Farlow and Adkins in 1935 using Raney
nickel as a catalyst under 20 to 40 MPa and 80 to 150 °C in presence of amines [143]. At a
temperature of 250 °C, the sheet brass used in fabricating liners for steel reaction vessel acts

as an active catalyst for the hydrogenation reaction:
CO, + H, = HCOOH (A-10)

Most of the catalytic studies of formic acid synthesis are based the metal complexes of the
second and third row transition metals, where the metal like ruthenium, palladium, and
rhodium has been used with the combination of halides or hydrides as anionic ligands and

phosphines as neutral ligands [142].

The catalytic hydrogenation of CO, to formic acid over transition metal catalyzed
complexes RuH,(PPhs); and Pd(Ph,PCH,CH,PPh;),, has been reported [144]. Similarly,

formic acid has been produced by carbonylation of CO and H,O using a metal complex, i.e.
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[Ru"(EDTA-H)CO] in the WGS reaction [145]. The highly active metal complex
RuCl(O,CMe)(PMes), as a catalyst with acidic alcohols was used to enhance the rate of the
hydrogenation reaction. The organic bases with intermediate basicity were added to the
reaction mixture to extract the formic acid [146]. Although much attention has been paid to
synthesize formic acid using a homogeneous catalyst, the problem of separation of formic

acid from the catalyst and the base still remains.

The hydrogenation of CO; to formic acid over alumina supported ruthenium hydroxide as a
heterogeneous catalyst was carried out using triethylamine and ethanol as a solvent at 80 °C
and 13.5 MPa [142]. Also the Ruthenium(II) complex catalyzed hydrogenation of CO, to
formic acid was theoretically investigated using cis-RuH(PH3)s as a model catalyst
[147, 148]. The hydrogenation over this catalyst took place through the insertion of CO; into
the Ru-H bond followed by the H-OCOH reductive elimination, where CO, insertion was

the rate determining step.

A.1.7 CO; reforming of methane

The reforming of CO, with methane has also attracted a continuous research interest. This
process was carried out not only for the utilization of two undesirable greenhouse gases
(CO,, CHy) but also for the production of fuels by Fischer Tropsch and methanol synthesis.
The dry reforming of methane with CO; is not yet feasible, and gives incomplete conversion

of CO; due to thermodynamic constraints [149].
Dry reforming:

CO, + CHy, —» 2C0 + 2H,, AH°,ogx = 247 kJ/mol (A-11)
Steam reforming:

CH, + H,0 - CO + 3H,, AH°,q5x = 206 kJ/mol (A-12)

The dry reforming of CO, with methane was first studied by Fischer and Tropsch in 1928.
After that many researchers investigated this reaction using various catalysts for the
production of syngas. Syngas can be produced with CO/H; ratio of about a unity depending
upon the reaction conditions. This is an endothermic reaction, generally carried out in the
temperature range of 300 to 830 °C and at atmospheric pressure [150]. The group VIII

metals (e.g. Ni, Co, Pt, Pd, Ir, Ru, Rh etc.) are more or less catalytically active for the carbon
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dioxide methane reforming reaction. Commercially Ni catalysts have also been used for the
CO,-CH4 reforming because of its inherent availability and lower cost as compare to a noble
metal catalyst. The main drawback of this reaction is the coke formation via methane
decomposition (Eq. (A-13)) and/or CO disproportionation (Boudouard reaction, Eq. (A-14)),
which leads to the catalyst deactivation and plugging of the reformer tubes [151].

CH, » C + 2H, (A-13)
2C0 - C + CO, (A-14)

Thermodynamic equilibrium for the carbon formation in the dry reforming of CO,; is shown
in Fig. A-1. The coke deposition can be avoided or minimized by using noble metal based
catalysts such as Rh, Ru, Pd, Pt, and Ir [152, 153]. But this is limited by the high costs.
Therefore, many efforts have been concentrated on the development of Ni based catalysts
which are resistive to carbon formation. A recent study on Ni/y-Al,O5 catalyst with the
addition of potassium, MnO, and CeO; as a promoters shows a high catalytic activity and
stability for the dry reforming of methane with CO, [151]. The partial coverage of the nickel
surface with promoters increase the CO, adsorption, and results in the formation of surface

carbonate species responsible for the removal of carbon from the catalyst surface.
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Fig. A-1: Thermodynamic calculation of carbon formation under the reforming conditions

(CO,/CH4 =1, p = 1 bar) with and without RWGS reaction.
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Promoters like CeO,, ZrO, improve the catalytic activity and stability of Ni/MgAl,O4
catalysts within certain composition ranges [154]. The influence of the catalyst preparation
and Ni loading on different supports such as MCM-41 [95], alumina [155], and alkaline
earth metals [156] showed good catalytic activity and stability. The dry reforming over a
solid solution of NiO/MgO catalyst using a CO,/CHy4 ratio of unity provided about 98% and
91% conversion of CO, and CHy, respectively, at 790 °C and atmospheric pressure [156].
The rate of coke formation (Ni > Pd >> Rh, Ir, Ru, Re, Pt, WC, Mo,C = 0) and the activity
over different catalyst in dry reforming was recognized as Ru > Rh = Mo,C > Ir > WC > Pd
> Pt [157]. Thus, it seems to be possible to use active, carbon resistive, and cheap transition
metal catalysts in the dry reforming of methane with CO; to the produce syngas. In our lab
scale experiment, the reforming of CO, with CH,4 using small amount of inlet hydrogen over
commercial Ni/Al;,0;9 catalyst avoids initial deactivation of catalyst and gives very good

activity and stability at 900 °C (Fig. A-2).

100
with 3.1 % H,

80 _K
9
Q, 60 - without H,
)
2
=
o 40 A
(&)
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0 50 100 150 200 250 300

Time on stream [min]

Fig. A-2: The yield of CO versus time on stream in dry reforming of CO, and CHy4
(T =900 °C, p =1 atm, d, = 6 mm, me, = 1.2 g, catalyst = Ni/Al;,O19,
vz = 3.1 vol.-%, ycoz = 18.55 vol.-%, ycua = 19.9 vol.-%, rest N,, gas flow rate
=501/h (NTP)).
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Appendix B

B.1 Calculation of reaction order (CO hydrogenation, water gas

shift reaction)

The reaction order with respect to individual reactants in CO hydrogenation and water gas
shift reaction were calculated by the integral method i.e. the value of the reaction order was

determined by the best fit to the measured data (conversion versus concentration).

B.1.1 Order of CO hydrogenation (methanation) reaction

0.05
p=-0.6
0.04 -
o
> 0.03 - p=0
Fixed point

0.02 -

0.01 I 1 I 1 I

2 25 3 35 4 4.5 5

Cco [mol/m3]

Fig. B-1: Determination of the reaction order with respect to CO in CO hydrogenation by
means of the integral method (T = 340 °C, p = 1 atm, m¢y = 1.2 g, d, = 6 mm,
catalyst = Ni/Al;5019, ym = 66 vol.-%, yco = 13.2 — 22 vol.-%, N, = rest
proportion, gas flow rate = 48 1/h (NTP)).
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Fig. B-2: Determination of the reaction order with respect to H, in CO hydrogenation by

means of the integral method (T = 340 °C, p = 1 atm, m¢y = 1.2 g, d, = 6 mm,

catalyst = Ni/Al;,019, yco= 11 vol.-%, yy» = 44 — 66 vol.-%, N, = rest proportion,

gas flow rate = 48 1/h (NTP)).

B.1.2 Order of water gas shift reaction

0.25
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Fig. B-3: Determination of the reaction order with respect to CO in WGS reaction by means

of the integral method (T = 340 °C, p = 1 atm, m, = 1.2 g, catalyst = Ni/Al;,09,

dp, = 6 mm, ymo = 44 vol.-%, yco = 5.5 — 14.28 vol.-%, N, = rest proportion,

gas flow rate = 48 1/h (NTP)).

141



Appendix B

0.3
0.26 - sH,O = 0.4 =07
0.22 -
8
0.18 - Fixed point
0.14 -
O.l 1 1 T T 1
6 7 8 9 10 11 12

Chzo [mol/m3]

Fig. B-4: Determination of the reaction order with respect to H,O in WGS reaction by
means of the integral method (T = 340 °C, p = 1 atm, mcy = 1.2 g, d, = 6 mm,
catalyst = Ni/Al;2019, yco = 11 vol.-%, ymo = 34 — 54 vol.-%, N, = rest
proportion, gas flow rate = 48 I/h (NTP)).
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Fig. B-5: Determination of the reaction order with respect to H, in WGS reaction by means
of the integral method (T = 340 °C, p = 1 atm, m, = 1.2 g, catalyst = Ni/Al;,09,
dp = 6 mm, yu0 =44 vol.-%, yco= 11 vol.-%, ym» = 6.25 — 18.75 vol.-%, N, = rest
proportion, gas flowrate = 48 1/h (NTP)).
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Fig. B-6: Determination of the reaction order with respect to CO, in WGS reaction by

means of the integral method (T = 340 °C, p = 1 atm, mey = 1.2 g, d, = 6 mm,

catalyst = Ni/Al;,019, ymo = 44 vol.-%, yco = 11 vol.-%, ycor = 6.25 — 16.7
vol.-%, rest Ny, gas flow rate = 48 1/h (NTP)).

B.2 Diffusion coefficients of CO in the pores of the Ni catalyst
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Fig. B-7: Diffusion coefficient of CO in the pores of the Ni catalyst determined at 500 °C

and 1 bar (CO hydrogenation).
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Fig. B-8: Diffusion coefficient of CO in the pores of the Ni catalyst determined at 500 °C

and 1 bar (WGS reaction).

B.3 Characteristics data of catalysts

Table B-1: Characteristic data of y-Al,O3 catalyst [158].

Catalyst name

Al O3 (commercial catalyst)

Manufacturer Siid-Chemie Catalysts
Composition AlO3: >99%
Geometry (cylinder) 4.5 x4.5 mm
Catalyst density 1450 kg/m’

Catalyst bulk density 800 kg/m’
BET-surface area (Aggr) 190 m?/g

Pore volume 0.3 cm3/g

Porosity of particle (g,) 0.4

Average pore diameter 6 nm

Tortuosity (measured by NMR) 2.8
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Table B-2: Characteristic data of Cr,03/Al,0O3 catalyst [159].

Catalyst name Cr-HP-96-19 (commercial catalyst)
Manufacturer BASF

Composition Al,O3:> 50 — 80 wt.-%, Cr,03: 15 — 30 wt.-%
Geometry (cylinder) 4.5 x4.5 mm

Catalyst density 1900 kg/m’

Catalyst bulk density 950 kg/m®

BET-surface area (Aggr) 75 m?/g

Porosity of particle (g,) 0.6

Pore volume 0.26 cm3/g

Average pore diameter 9 nm

Table B-3: Characteristic data of ZnO/CuO/Al,Os3 catalyst.

Catalyst name STUM 19175 (commercial catalyst)
Manufacturer Bayer

Composition CuO: 62 wt.-%, ZnO: 34 wt.-%, rest: Al,O3, Na,O
Geometry (cylinder) 4.5 x 4.5 mm

Catalyst density 2300 kg/m3

Catalyst bulk density 1300 kg/m’

BET-surface area (Aggr) 44 m?/g

Porosity of particle (gp) 0.43

Pore volume 0.19 cm?/g

Average pore diameter 16 nm
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